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Research and development work i n  t h e  conve r s ion  o f  c o a l ,  o f  t h e  
kerogen i n  o i l  s h a l e ,  and of t h e  t a r  from bi tuminous sands  t o  petroleum 
supplements has  been a p e r i o d i c  phenomenon i n  t h e  United S t a t e s .  
During each p e r i o d  o f  i n t e n s e  e f f o r t  major t e c h n i c a l  improvements 
have been made. Cur ren t  r e s e a r c h  e f f o r t s  have succeeded i n  b r i n g i n g  
t h e  c o s t  o f  g a s o l i n e  from t h e s e  supplemental  hydrocarbons much c l o s e r  
to  t h e  cost of g a s o l i n e  from petroleum. One of t h e  impor t an t  f a c t o r s  
which b r i n g s  t h e  c o s t  c l o s e r  i s  t h e  i n c r e a s e d  c o s t  of d i s c o v e r i n g  
and producing new petroleum r e s e r v e s .  Large scale commercial u t i l -  
i z a t i o n  o f  petroleum supplements w i l l  o c c u r  when t h e  c o s t  c u r v e s  meet. 

chemists  and e n g i n e e r s  employed i n  t h e  c o a l  i n d u s t r y ,  i n  government 
r e s e a r c h  l a b o r a t o r i e s  o r  i n  r e s e a r c h  i n s t i t u t e s .  Only w i t h i n  t h e  

1 l as t  few yea r s  has  t h e  petroleum i n d u s t r y  s e r i o u s l y  committed i t s e l f  
to  s tudy ing  p roduc t ion  of l i q u i d s  from c o a l ,  o i l  s h a l e  and bituminous 
sand. Earlier work i n  t h e  petroleum r e s e a r c h  and development l abora -  
t o r i e s  had Deen c o n c e n t r a t e d  on petroleum feed  stocks whose c h a r a c t e r  
is q u i t e  d i f f e r e n t  from t h e  l i q u i d s  o b t a i n e d  from p y r o l y s i s  o f  o t h e r  
hydrocarbons.  

D i f f e rences  between t h e  more f a m i l i a r  petroleum and t h e  l i q u i d s  

/ 

I* 

H i s t o r i c a l l y ,  c o a l  conve r s ion  r e s e a r c h  has  been done l a r g e l y  by 

i 

I {’ produced from c o a l ,  o i l  s h a l e  and bi tuminous sands l i e  i n  t h e  a r e a s  
o f ;  (1) o i l  composi t ion,  ( 2 )  t h e  a n a l y t i c a l  t echn iques  used i n  
c h a r a c t e r i z i n g  each m a t e r i a l ,  ( 3 )  a s s o c i a t e d  m i n e r a l s ,  and ( 4 )  v a r i a -  
t i o n s  due t o  p rocess ing .  

’ OIL COMPOSITION 

Between t h e  t i m e  o f  i n i t i a l  fo rma t ion  of petroleum and i t s  ’ migra t ing  t o  and be ing  t r a p p e d  i n  t h e  s t r u c t u r e  from which it is 
produced, any thermodynamically u n s t a b l e  molecules  have undergone 
r e a c t i o n  o r  have been adsorbed o r  f i l t e r e d  from t h e  b u l k  o f  t h e  
s t a b l e  hydrocarbon c o n s t i t u t i n g  t h e  f i n a l ,  p r e s e n t l y  produced p e t r o -  
leum. The l i q u i d s  o b t a i n e d  from p y r o l y s i s  of c o a l ,  o i l  s h a l e ,  and 
t o  a lesser d e g r e e ,  t a r  s a n d s ,  on t h e  o t h e r  hand c o n t a i n  many very 
r e a c t i v e  hydrocarbons and h e t e r o c y c l i c  compounds. The p r o p e r t i e s  of 
t h e  l i q u i d s  produced d u r i n g  p y r o l y s i s  change a p p r e c i a b l y  o v e r  very 
s h o r t  t i m e  p e r i o d s  due probably t o  condensa t ion  and p o l y m e r i z a t i o n  
r e a c t i o n s .  Th i s  has  been observed by many r e s e a r c h  groups who have 
no ted  t h a t  an i n i t i a l l y  l i g h t  c o l o r e d ,  ve ry  f l u i d ,  low pour  p o i n t  
p roduc t  from p y r o l y s i s  o f  o i l  s h a l e  o r  o f  c o a l  da rkens  d u r i n g  t h e  
f i r s t  few hours a f t e r  d i s t i l l a t i o n .  

‘ 

1‘ 
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Both t h e  pour p o i n t  o f  t h e  l i q u i d  and t h e  v i s c o s i t y  i n c r e a s e  n o t i c e a b l y  
a f t e r  i t s  p r o d u c t i o n .  P r e l i m i n a r y  work i n  o u r  l a b o r a t o r y  i n d i c a t e s  
t ha t  the changes t h a t  o c c u r  are  v e r y  s e n s i t i v e  t o  t h e  p r e s e n c e  o f  
oxygen. They are  a p p a r e n t l y  n o t  p h o t o s e n s i t i v e  as had been  e a r l i e r  

r a p i d  subsequent  p r o c e s s i n g  of t h e  l i q u i d  o r  a s t a b i l i z a t i o n  s t e p  

\ 
assumed. Nonethe less  t h e  changes are marked and w i l l  r e q u i r e  e i t h e r  1 

t o  p r e v e n t  t h e  decrease i n  q u a l i t y  of t h e  pe t ro leum supplement.  
\ I  

\ ANALYTICAL TECHNIQUES 

Another d i f f e r e n c e  t h a t  pe t ro leum r e f i n e r y  s c i e n t i s t s  and e n g i n e e r s  
must become aware of lies i n  t h e  d i f f e r e n t  t y p e s  of a n a l y s e s  t h a t  
have been developed for e a c h  o f  t h e  p o t e n t i a l  p e t r o l e m ,  s u b s t i t u t e s .  

C o i i l  t r a d i t i o n a l l y  i s  c h a r h c t e r i z e d  by "proxin;ate a n a l y s i s "  and a 
by " u l t i m a t e  a n a l y s i s " .  The proximate  a n a l y s i s  comprises  determifia- 
t i o n s  of m o i s t u r e ,  vo la t i l e  matter,  a s h ,  and f i x e d  carbon ( t h e  l a s t  
by d i f f e r e n c e ) .  With it is u s u a l l y  i n c l u d e d  a d e t e r m i n a t i o n  o f  s u l f u r  
and s o m e t i m e s  phosphorus.  While t h e  proximate  a n a l y s i s  is  the m o s t  
wide ly  used method f o r  a n a l y z i n g  coals it i s  o f  l i t t l e  v a l u e  i n  p r e d i c t i n g ,  
c o n v e r t i b i l i t y  of t h e  coal to a p e t r o l e u n  supplement.  U l t i m a t e  ana lyses  
are e l e m e n t a l  a n a l y s e s  and t a k e  much l o n g e r  t o  perform t h a n  t h e  prox- 
imate a n a l y s i s .  C o n s i d e r a b l e  t e c h n i c a l  s k i l l  i s  r e q u i r e d  and t h i s  
a n a l y s i s  has  n o t  u s u a l l y  been done i n  coal p l a n t  o p e r a t i o n s .  

I Table 1. CHEMICAL COMPOSITION OF SOME COALS AND PETROLEUM 

Medium High High i 
4 

'q 

vo l a t i l e  v o l a t i l e  v o l a t i l e  Petroleum 
A n t h r a c i t e  b i t .  A b i t .  B b i t .  L i g n i t e  Crude 

c 93.7 88.4 84.5 80.3 72.7 83-87 

H 2 . 4  5.0 5 .6  5.5 4 . 2  1 1 - 1 4  

' \  0 2 . 4  4 . 1  7.0 11.1 21.3 

N 0.9 1 . 7  1 . 6  1 . 9  1 . 2  0.2 

S 0.6 0 .8  1 . 3  1 . 2  0.6 1 . 0  

H/C 0 .31  0.67 0.79 0.82 0.69 1.76 
atom 
r a t i o  
Coal a n a l y s i s  on m o i s t u r e  and a s h - f r e e  basis .  
Ash c o n t e n t  o f  coal 3 t o  15% 

G. A l e x  M i l l s ,  I n d u s t r i a l  and Engineer ing  Chemistry,  vol.  61, No. 7, s, 

, 

\ 

\ 

J u l y  1969. 
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,/ Table 1 g i v e s  t h e  u l t i m a t e  a n a l y s e s  and hydrogen t o  carbon atom 
r a t i o  of S o m e  c o a l s  and of petroleum. From t h e  table w e  n o t e  t h a t  
t h e  hydrogen c o n t e n t  o f  t h o s e  c o a l s  most s u i t a b l e  f o r  conve r s ion  i n t o  

' petroleum supplement by hydrogenat ion d i s t i l l a t i o n ,  namely high v o l a t i l e  
bituminous c o a l s  i s  i n  t h e  r a n a e  5 . 5  p e r c e n t .  Petroleum on t h e  o t h e r  

1 hand w i l l  c o n t a i n  from 1 1 - 1 4  p e r c e n t  hydrogen. D i s t i l l a t e s  from c o a l  
c o n t a i n  up t o  9 p e r c e n t  hydrogen. Cur ren t  t e c h n o l o g i c a l  methods 
for producing l i q u i d s  from c o a l  a r e  based on t h e  concept  t h a t  t h e  

, hydrogen r i c h  components should be d i s t i l l e d  from t h e  c o a l  and used 
a s  a petroleum supplement.  The cha r  o r  coke r e s i d u e  might b e t t e r  
be used as  a f u e l  r a t h e r  t han  a t t empt ing  t h e  d i f f i c u l t  t a s k  of cor,vert- 
i n g  t h e  whole c o a l  t o  hydrocarbons.  

J 

Table 2 .  HYDROGEN TO CARBON ATOM RATIO OF 
PETROLEUM AND SUPPLEMENTS 

Mat e r i a1 X/C Atoin Ratio 

I Texas Crude 1 . 5 5  

Pennsylvania  Crude 1 . 9 5  

Bituminous Tar 1 .75 
' I  

I Sha le  O i l  
I 

Coal T a r  I 
1 . 4 8  

1.32 

Benzene 1 . 0 0  

1 . 1 4  

t 
I Toluene 

Iso-octane 2.25 
, 

I n  Table 2 a r e  l i s t e d  t h e  hydrogen t o  carbon r a t i o s  of t y p i c a l  
petroleum supplements ,  o f  some pure hydrocarbons oE v a l u e  i n  g a s o l i n e ,  

hydrogen t o  carbon r a t i o  of 2.25; a t y p i c a l  Pennsylvania  c rude  o i l  h igh  
i n  p a r a f f i n  c o n t e n t  has  a r a t i o  o f  hydrogen t o  carbon o f  1 .95;  a crude 

bituminous tar  has  a r a t i o  of 1 . 7 5 ,  s h a l e  o i l  1 . 4 8  and a s t r a i g h t  
c o a l  t a r  d i s t i l l a t e  1.32. The hydrogen t o  carbon atom r a t i o  i n  a 

' h i g h  v o l a t i l e  bi tuminous c o a l  i s  0.82. Inc luded  i n  t h e  t ab le  a r c  
benzene and t o l u e n e ,  major  components o f  c o a l  o i l s ,  which have a 
hydrogen t o  carbon atomic r a t i o  of 1 . 0 0  and 1 . 1 4 .  

There are two t h i n g s '  of importance t o  n o t e  from these t a b l e s ;  
f i r s t ,  t h e  s i g n i f i c a n t l y  h i g h e r  hydrogen c o n t e n t  o f  o i l  from coal 
compared t o  t h e  o r i g i n a l  c o a l ,  and second,  t h e  hydrogen d e f i c i e n c i e s  
compared t o  p a r a f f i n i c  c rudes .  

, and of some Texas and Pennsylvania  crude o i l s .  I so -oc tane  has  a 

' o i l  from Texas has  a hydrogen t o  carbon r a t i o  o f  1 . 5 5 ,  a t y p i c a l  

/ 

One compensating f a c t o r  t o  be kep t  i n  mind i s  t h a t  r e l a t i v e l y  
high pe rcen tages  of t h e  hydrocarbons i n  t h e  c o a l  l i q u i d  a r e  aromatic .  
The f i n a l  hydrogen t o  carbon ra t io  o f  a g a s o l i n e  from c o a l  could 
probably be i n  t h e  range 1.4 t o  1 .5 .  
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-- Tab le  3. ULTIMATE ANALYSES 

Bituminous T a r  S h a l e  O i l  Coal Tar  

W X  A t o m %  

H 1 0 . 4  10 .4  

C 83.3 6.94 

W t . %  A t o h %  -- Wt.8 A t o m %  
\ -- 

10.43 10.43 9 .1  9 .1  

84.12 7.01 82.0 6.83 v 
N 0.96 0 .07  1 .83  0.13 0.8 0.057 \ 

0 1 . 2  0.075 2.63 0.16 7.2 .0 .45  

S 4 . 7  0.147 1.02 0.032 0 . 9  0.03 

Table 3 gives t h e  u l t i m a t e  a n a l y s i s  of a b i tuminous  t a r ,  a 
s h a l e  o i l ,  and a coal tar  produced i n  U n i v e r s i t y  o f  Utah l a b o r a t o r i e s .  
I n  p r o c e s s i n g  each  l i q u i d  hydrogen w i l l  be r e q u i r e d  t o  remove t h e  
n i t r o g e n ,  oxygen and s u l f u r  from the l i q u i d s  i n  a d d i t i o n  t o  t h a t  
r e q u i r e d  t o  i n c r e a s e  t h e  hydrogen c o n t e n t  o f  t h e  hydrocarbon components. 

\ 

Tab le  4 .  HYDROGENATION-DISTILLATION LIQUID 
FROM HIGH VOLATILE B BITUMINOUS COAL 

S p e c i f i c  g r a v i t y ,  20Oc  

S u l f u r  

N i t rogen  

Ta r  a c i d s  

D i s t i l l a t i o n  d a t a  

I .B'. P. 

up t o  200oc 

Up t o  35OoC 

Hydrocarbon t y p e s  i n  n e u t r a l  o i l  

Up t o  350°C 

S a t u r a t e s  

O l e f i n s  

0.9946O 

0.3214 wt.8 

0.5820 w t . %  

20.0 vol% 

7 5% 

20.0 vol% 

72.0 vol% 

46.0 vol% 

6.0  v o l %  

\ 

\ 

A r o m a t i c s  48.0 v o l %  

Table  4 gives a t y p i c a l  a n a l y s i s  of a l i q u i d  p r o d u c t  from a 
p a r t i a l l y  h y d r o t r e a t e d  c o a l  d i s t i l l a t e  i n c l u d i n g  t h e  hydrocarbon t y p e  
a n a l y s i s  i n  t h e  l i q u i d  d i s t i l l i n g  below 350° c e n t i g r a d e .  I t  i s  noted 
i n  t h i s  t a b l e  t ha t  t h e  b u l k  of t h e  oxygen i s  p r e s e n t  i n  t a r  acids which 
c o n s t i t u t e  2 0 %  of t h e  l i q u i d  d i s t i l l a t e .  For ty -e igh t  percent of t h e  
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hydrocarbons i n  t h e  n e u t r a l  o i l  a r e  aromatic. 

The y i e l d  o f  l i q u i d  from c o a l  o r  s h a l e  o r  t a r  s ands  depends 
ve ry  much upon t h e  p r o c e s s  used. Th i s  is  a l s o  t r u e  o f  t h e  q u a l i t y  
of the d i s t i l l a t e .  Because o f  t h e  d i f f e r e n t  approaches t o  coal 
Conversion , (1) s t r a i g h t  c a r b o n i z a t i o n  p y r o l y s i s  , ( 2 )  hydrogenat ion-  
d i s t i l l a t i o n  and ( 3 )  s o l v e n t  e x t r a c t i o n s ,  no s i n g l e  p r e d i c t i v e  method 
based  on ASTM procedures  i s  p o s s i b l e  f o r  de t e rmin ing  t h e  l i q u i d  
p roduc t  y i e l d .  For o i l  s h a l e  t h e r e  has  been developed t h e  F i s c h e r  
a s s a y  which g i v e s  t h e  Tffrage y i e l d  o f  o i l  under a p r e s c r i b e d  pro-  
cedure  o f  d i s t i l l a t i o n  . I n  t h e  F i s c h e r  a s s a y ,  t h e  o i l  y i e l d  i s  
t h a t  amount o f  d i s t i l l a t e  which r e s u l t s  from t h e  p y r o l y s i s  o f  t h e  
h i g h e r  molecular  we igh t  o r g a n i c  i n s o l u b l e  kerogen. Some hydrocarbons 
and o t h e r  o r g a n i c  t y p e  compounds remain i n  t h e  s h a l e  a f t e r  t h e  dis-  
t i l l a t i o n .  Methods which d i f f e r  from t h e  F i s c h e r  a s s a y  t e c h n i q u e  
produce o i l s  of ve ry  d i f f e r e n t  u a l i t y  and somewhat d i f f e r e n t  q u a n t i t y  
t h a n  t h e  u s u a l  s h a l e  o i l  (1,2,37. 

Due t o  t h e  afore-mentioned i n s t a b i l i t y  of s h a l e  o i l  and o i l  
from coal t h e  second d i s t i l l a t i o n  i n  a p r o c e s s i n g  scheme g e n e r a l l y  
l e a v e s  a much g r e a t e r  carbon r e s i d u e  t h a n  i s  t r u e  w i t h  d i s t i l l a t i o n  
o f  petroleum f e e d  s t o c k .  U l t ima te  p roduc t  y i e l d  t h e r e f o r e  cannot  
be determined e x c e p t  by d i r e c t  expe r imen ta l  measurement. 

A s  t h e  p rocessed  o i l s  are up-graded, t h e  d a t a  are r e p o r t e d  
acco rd ing  t o  t h e  methods used i n  t h e  petroleum i n d u s t r y .  For  example, 
pour p o i n t ,  v i s c o s i t y  and API g r a v i t y  are r e g u l a r l y  determined.  I t  
is impor t an t  t o  bear i n  mind t h a t  t h e  numer i ca l  v a l u e  of t h e s e  t h r e e  
p r o p e r t i e s  w i l l  depend upon how q u i c k l y  t h e y  a r e  de t e rmined  a f t e r  
t h e  p r e p a r a t i o n  o f  t h e  i n i t i a l  l i q u i d  d i s t i l l a t e .  

ASSOCIATED MINERALS 

The i n i t i a l  i n s t a b i l i t y  and t h e  p re sence  o f  n i t r o g e n ,  oxygen, 
and s u l f u r  compounds i n  l a r g e r  amounts t h a n  i n  pe t ro l eum r e n d e r s  
t h e  hydrogenat ion t r e a t m e n t  o f  t h e  l i q u i d  more d i f f i c u l t  t h a n  t h e  
comparable t r e a t m e n t  o f  a petroleum o i l  f r a c t i o n .  Some work i s  now 
b e i n g  c a r r i e d  o u t  and much more must be  done o f  t h e  development o f  
c a t a l y s t s  which w i l l  be  as e f f e c t i v e  f o r  s h a l e  o i l  and c o a l  o i l  
upgrading a s  are t h e  c a t a l y s t s  c u r r e n t l y  be ing  used i n  t h e  petroleum 
i n d u s t r y .  I n  p a r t i c u l a r  i s  t h i s  t r u e  i n  t e r m s  o f  s e n s i t i v i t y  t o  
po i sons  p r e s e n t  i n  t h e  a s h  from c o a l  or s h a l e  oil conver s ion .  T h i s  
becomes e v i d e n t  i f  w e  compare t h e  a sh  c o n t e n t  o f  t h e  raw m a t e r i a l  
f e e d  s t o c k s .  

A pe t ro l eum c rude  c o n t a i n s  n e g l i g i b l e  ash.  The ash c o n t e n t  o f  
c o a l  w i l l  range from 3 t o  1 5  p e r c e n t .  The ash c o n t e n t  o f  o i l  s h a l e  
r anges  from 85-92 p e r c e n t ,  t h e  ash c o n t e n t  of i n  s i t u  bi tuminous 
sand  w i l l  range upward from 50 p e r c e n t .  U n f o r t u n a t e l y  many c u r r e n t  
methods of producing l i q u i d  petroleum supplement from coal, o i l  s h a l e  
o r  t a r  s ands  c a r r y  o v e r  i n t o  t h e  "hydrocarbon" stream a s  much as a 
few p e r c e n t  of t h e  m i n e r a l  matter a s s o c i a t e d  w i t h  t h e  r a w  m a t e r i a l .  
The primary l i q u i d  t h e r e f o r e  c o n t a i n s  many t i m e s  as much m a t e r i a l  
which w i l l  i n t e r f e r e  w i t h  t h e  o p e r a t i o n  o f  a c a t a l y t i c  conve r s ion  
p r o c e s s  a s  does a pe t ro l eum f r a c t i o n .  I t  i s  t h e r e f o r e  impor t an t  f o r  
t h e  p o t e n t i a l  r e f i n e r  t o  know o f  t h i s  m i n e r a l  m a t t e r  c o n t e n t  and i t s  
c o n s t i t u t i o n .  D i f f e r e n t  combinat ions of m i n e r a l s  are found i n  t h e  
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f i n e s  c a r r i e d  ove rhead  i n  t h e  o i l  s h a l e  p y r o l y s i s  and i n  c o a l  p y r o l y s i s .  
I n  a d d i t i o n  t o  vanadium compounds t h e r e  w i l l  f r e q u e n t l y  be  s i g n i f i c a n t  
q u a n t i t i e s  of n i c k e l ,  i r o n ,  and o t h e r  t r a n s i t i o n  m e t a l  compounds. The \ 
pronlems p r e s e n t e d  by t h e  d i f f e r e n t  k i n d s  o f  contaminants  are i n  no 
way insurmountable  b u t  must be  t a k e n  i n t o  accoun t  by p o t e n t i a l  p r o c e s s o r s \  
of t h e  supplemental  f e e d  stoclcs.  

\ 
A p o s s i b l e  p l u s  i n  t h e  a r e a  of mine ra l  c o n s t i t u e n t s  i s  t h e  c a t -  

a l y t i c  a c t i v i t y  p o s s e s s e d  by some components. T h i s  h a s  been no ted  
p a r t i c u l a r y  i n  t h e  U n i v e r s i t y  o f  Utah l a b o r a t o r y  i n  t h e  h i g h  l i q u i d  
y i e l d s  from A s s a m  I n d i a  C o a l  s u b j e c t e d  t o  h y d r o g e n a t i o n - d i s t i l l a t i o n  
w i t h  on ly  t h e  n a t u r a l l y  o c c u r r i n g  m i n e r a l s  p r e s e n t  a s  c a t a l y s t s .  

The vanadium,nickle  and i r o n  c o n t e n t s  o f  pe t ro l eum supplements 
f r o m  d i f f e r e n t  c o a l s  d i f f e r s  markedly and shou ld  be  s t u d i e d  more 
i n t e n s i v e l y  t o  d e t e r m i n e  enhanced c a t a l y t i c  a c t i v i t y  as w e l l  a s  c a t a l y s t  
po i son ing  e f f e c t s .  

. 

k 

VARIATIONS DUE TO PROCESSING 

The b a s i c  q u a l i t y  o f  t h e  l i q u i d s  produced from f o s s i l  f u e l s  
o t h e r  t h a n  petroleum varies tremendously depending upon t h e  p r o c e s s  
fol lowed.  The Bureau of Mines has  g i v e n  v a l u a b l e  i n p u t  d a t a  on 
s e v e r a l  approaches and h a s  c a r r i e d  o u t  demons t r a t ion  p r o j e c t s .  
The O f f i c e  of Coal Research has  suppor t ed  s e v e r a l  c o a l  conve r s ion  
projects through t h e  p i lo t  p l a n t  s t a g e .  C a r b o n i z a t i o n  p r o c e s s e s  
l i k e  t h e  COED p r o c e s s  of FMC Corpora t ion  r e c o v e r s  t h e  s m a l l e s t  volume 
of hydrocarbon t y p e  l i q u i d s  o f  t h e  t h r e e  t y p e s  o f  p r o c e s s e s  c u r r e n t l y  
under  i n v e s t i g a t i o n .  

So lven t  e x t r a c t i o n  processes l i k e  t h o s e  of C o n s o l i d a t i o n  C o a l  
and some petroleum companies g i v e  much h i g h e r  l i q u i d  y i e l d s  by e x t r a c t i o n  

a r e  p r e s s u r i z e d  d i s t i l l a t i o n  processes i n  an hydrogen atomsphere.  
The H R I  p r o c e s s  and t h e  method developed a t  t h e  U n i v e r s i t y  of Utah 
use  t h i s  approach. The q u a l i t y  of t h e  l i q u i d  v a r i e s  markedly depending \ 

on t h e  p rocess  used.  

i s  an i n c r e a s e  i n  t h e  q u a n t i t y  of h i g h  molecu la r  we igh t  a r o m a t i c  
r i n g  c l u s t e r s  i n  t h e  l i q u i d  product .  
t o  c o n v e r t  t h i s  p o r t i o n  o f  t h e  l i q u i d  t o  g a s o l i n e  r ange  hydrocarbons 
i n  good y i e l d .  
r e s i d u e .  

e n t  review pape r  on t h e  conve r s ion  o f  c o a l  t o  g a s o l i n e t 4 )  t o  which 
t h o s e  i n t e r e s t e d  i n  c o a l  conve r s ion  p r o c e s s e s  and c a t a l y s t s  shou ld  
refer. 

w i t h  hydrogen donor  s o l v e n t s .  I n t e r m e d i a t e  i n  l i q u i d  p r o d u c t  y i e l d  '1 

Accompanying t h e  h i g h e r  y i e l d  o f  t h e  s o l v e n t  e x t r a c t i o n  p rocesses  ,, 
New c a t a l y s t s  m u s t  b e  developed 

O t h e r w i s e ,  t h e  bu lk  of t h i s  p o r t i o n  ends  up a s  carbon 

\ 

D r .  G.  Alex M i l l s  o f  t h e  Bureau o f  Mines h a s  w r i t  e n  an e x c e l l -  

Bituminous sand  p r o c e s s i n g  i s  ve ry  analogous i n  many r e g a r d s  
t o  secondary r e c o v e r y  of heavy petroleum c rudes .  Various t echn iques  
are used t o  s e p a r a t e  t h e  bi tuminous m a t e r i a l  from t h e  s a n d ,  c l a y  and 
s i l t  w i t h  which it i s  a s s o c i a t e d .  
d i f f i c u l t i e s  encoun te red  i n  p r o c e s s i n g  s h a l e  o i l  and o i l  from coal 
w i l l  b e  a n t i c i p a t e d  u n l e s s  a p r e l i m i n a r y  c l e a n i n g  p r o c e s s  is  u t i l i z e d .  

The same p o s s i b l e  p r o c e s s i n g  
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That s o l i d  hydrocarbons can be  converted i n t o  g a s o l i n e  , die:jc A 

f u e l  and o t h e r  s a l a b l e  p roduc t s  economical ly  h a s  been demonstrated f d u r i n g  t h e  p a s t  decade a t  t h e  American G i l s o n i t e  Company o i l  r e f i n e r y  
a t  F r u i t a ,  Colorado. The f eed  s t o c k  t o  t h i s  r e f i n e r y  has  been t 2 e  

/ s o l i d  hydrocarbon, g i l s o n i t e ,  which i s  p i p e l i n e d  i n  a w a t e r  s l u r r y  
from Bonanza, Utah t o  F r u i t a ,  Colorado. A f t e r  s e p a r a t i o n  from the , w a t e r  t h e  g i l s o n i t e  is  d i s t i l l e d  i n  a primary coker .  The l i q u i d  
d i s t i l l a t e  i s  t h e n  h y d r o t r e a t e d  and conve r t ed  i n t o  t h e  g a s o l i n e  and 
diesel f u e l  used th roughou t  t h e  Grand J u n c t i o n ,  Colorado m a r k e t  area. 
Problems o f  ash c o n t e n t  i n  t h e  f eed  s t o c k  and of t h e  d i f f e r e n t  m t a l  

' compounds i n  t h e  d i s t i l l a t e  have a l l  been s o l v e d  i n  t h e  p r o d u c t i o n  
o f  t h e  g a s o l i n e  which has  been marketed a t  e q u a l  o r  lower c o s t  t han  
g a s o l i n e  from conven t iona l  c rude  o i l s .  There is no q u e s t i o n  abou t  
t h e  a b i l i t y  of petroleum r e s e a r c h ,  development,  and p roduc t ion  teams 

- # t o  u t i l i z e  t h e  supplemental  f e e d  s t o c k s  from o t h e r  hydrocarbon sources  
as t h e y  become economic t o  use.  

1. 1. 

I 
I 

2 .  

3. 

f 
4. 
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I. In t roduct ion  

Commercial p roduct ion  of s y n t h e t i c  l i q u i d  f u e l s  from t a r  sands ,  o i l  sha l e  and 
coa l  has  been accomplished us ing  each of t hese  resources .  Asphalt  d e p o s i t s  occur- 
r i n g  a t  t h e  su r face ,  which a r e  a spec ia l i zed  type of t a r  sand, were used a s  e a r l y  
a s  b i b l i c a l  times i n  t h e  Middle Eas t  coun t r i e s .  Based on tar  sands ,  a p l an t  wi th  a 
capac i ty  of 45,000 b a r r e l s  of o i l  pe r  day was dedica ted  i n  September of 1967 by 
Great Canadian O i l  Sands Ltd .  nea r  For t  McMurray, A lbe r t a ,  Canada, and i s  now i n  
ope ra t ion .  The e a r l i e s t  r epor t ed  commercial p roduct ion  of l i q u i d  f u e l s  from o i l  
sha l e  was i n  France i n  1839 but t h e r e  were r e l a t i v e l y  l a r g e  i n d u s t r i e s  i n  Germany 
and Scotland dur ing  t h e  1800's. Commercial production i s  s t i l l  r epor t ed  i n  the  
U.S.S.R., Spain, Sweden, and China (mainland). Liquid products  from coa l  f i r s t  
were produced a s  a by-product of coa l  carboniza t ion  and represented  only 5% of the  
o r i g i n a l  coa l  subs tance .  Production of l i q u i d  products  such a s  "coal o i l ' '  f o r  use  
a s  a f u e l  f o r  lamps was commercially p rac t i ced  a s  e a r l y  a s  t h e  l a t t e r  p a r t  of t he  
19 th  century .  Large s c a l e  production of l i q u i d  f u e l s  by d i r e c t  hydrogenation of 
c o a l  s t a r t e d  i n  1926 i n  Germany. This  was fallowed i n  1933 by commercial production 
of l i q u i d  products from t h e  c a t a l y t i c  r e a c t i o n  of carbon monoxide and hydrogen 
produced by gas manufactured from c o a l  ( t he  F i sche r  Tropsch p rocess ) .  Production i n  
Germany continued on a l a r g e  s c a l e  u n t i l  t he  end of World War I1 when the  p l a n t s  
were e i t h e r  destroyed o r  g radua l ly  converted t o  o the r  u ses .  Re la t ive ly  small  s ca l e  
p l a n t s  f o r  conver t ing  c o a l  t o  l i q u i d  products  were opera ted  i n  a number of o the r  
c o u n t r i e s  dur ing  t h e  pe r iod  1935 t o  1960 but t h e  only commercial s y n t h e t i c  l i q u i d  
f u e l  from coa l  p l a n t  now i n  opera t ion  i s  a F i sche r  Tropsch p l a n t  i n  South Af r i ca .  

11. U . S .  I n t e r e s t  i n  Syn the t i c  Liquid Fuels  

I n t e r e s t  i n  s y n t h e t i c  l i q u i d  f u e l s  i n  t h e  U.S. has  v a r i e d  g r e a t l y  s ince  the  
t u r n  of t h e  century.  During and following World Wars I and I1 i n t e r e s t  i n  a l t e r n a -  
t i v e s  t o  l i q u i d  f u e l  from petroleum was a t  i t s  h ighes t  peak because of shor tages  
t h a t  had occurred du r ing  t h e  wars. The German commercial production from c o a l  
du r ing  World War 11 which a s s i s t e d  t h a t  count ry  t o  wage w a r  was poin ted  t o  a s  ev i -  
dence f o r  t h e  need t o  e s t a b l i s h  a commercial i ndus t ry  i n  t h e  U.S. 

Throughout n e a r l y  a l l  of t h i s  cen tury ,  except f o r  t he  per iod  fo l lowing  the  
Eas t  and West Texas d i s c o v e r i e s  i n  t h e  e a r l y  1920's and i n  1930, t h e r e  have been 
repea ted  p red ic t ions  t h a t  t h e  U . S .  would s h o r t l y  "run out of o i l " .  These pre-  
d i c t i o n s  have l a r g e l y  been based on t h e  samll inventory  (approximately 11 t o  20 
y e a r s '  supply) which the  indus t ry  has t r a d i t i o n a l l y  maintained. A l a r g e  inventory ,  
however, would be d i f f i c u l t  t o  j u s t i f y  economically and u n t i l  t h e  l a s t  s e v e r a l  
y e a r s  t h e  r e se rve  t o  product ion  r a t i o  has  remained r e l a t i v e l y  cons t an t .  
a f t e r  many years  of remaining n e a r l y  cons t an t ,  t he  r e se rve  t o  consumption r a t i o  of 
l i q u i d  hydrocarbons has dec l ined  sharp ly  from 9.5 i n  1965 t o  7.5 i n  1969. This has 
been i n  p a r t  an i n d i r e c t  e f f e c t  of t h e  increased  imports of crude petroleum and 
r e s i d u a l  f u e l  o i l .  Imports t o  t h e  U . S .  s t a r t e d  s h o r t l y  a f t e r  World War I1 and i n  

However, 

- 11 Mineral Resources Research Advisor,  A s s i s t a n t  Secre ta ry  of Mineral  Resources 
Of f i ce  
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s p i t e  of t h e  o i l  import c o n t r o l s  maintained on crude petroleum s i n c e  1959, f o r  most 
of t h e  U.S. t h e  amount of imported l i q u i d  f u e l s  now r e p r e s e n t s  23% of domestic 
l i q u i d  f u e l  consumption. 

companies and o rgan iza t ions  concerned with energy supply and demand. 
e r a l  agreement t h a t  by t h e  year 2000 our energy requirement w i l l  about double.  
There i s  less  uni formi ty  i n  t h e  p r o j e c t i o n s  about how much each of t h e  energy 
sources ( coa l ,  o i l ,  gas ,  uranium) w i l l  supply of t h i s  t o t a l .  These p r o j e c t i o n s ,  
moreover, were made before  t h e  f u l l  impact of t h e  new pub l i c  p o l i c y  of maintaining 
t h e  q u a l i t y  of t h e  environment could be f ac to red  i n t o  t h e  p r o j e c t i o n s .  LOW s u l f u r  
r e s i d u a l  f u e l  o i l  has  a l r eady  made s i g n i f i c a n t  in roads  i n t o  c o a l ' s  e l e c t r i c  u t i l i t y  
markets on t h e  e a s t  coas t  and i t  appears t h a t  r e s i d u a l  w i l l  be used t o  r ep lace  
h igher  s u l f u r  c o a l s  i n  o t h e r  marketing a reas  a l so .  Even without t h i s  new cons ider -  
a t i o n ,  l i q u i d  f u e l  demands w e r e  expected t o  inc rease  by over 90% of 1969 consumption. 
The demand between 1970 and 1985 i s  expected t o  be g r e a t e r  than  a l l  t h e  o i l  p r e -  
v ious ly  produced i n  t h e  U.S. 

a very l a r g e  demand i n  t h e  f u t u r e ,  i ndus t ry  has  shown g r e a t  i n t e r e s t  i n  t h e  past  3 
yea r s  i n  s y n t h e t i c s  produced from any source.  The d iscovery  of what appears t o  be 
a very  l a r g e  o i l  f i e l d  i n  Alaska has  appa ren t ly  slowed r e sea rch  i n  s y n t h e t i c s  as 
t h e  o i l  companies reexamine t h e  supply s i t u a t i o n  and their  o t h e r  investment needs. 
There remain major u n c e r t a i n t i e s  wi th  r e s p e c t  t o  t h e  s i z e  of t h e  Alaskan f i n d  as  
w e l l  a s  how and a t  what c o s t  i t  can be brought t o  U . S .  markets.  However, un less  
t h e  Alaskan d iscovery  i s  much l a r g e r  than  even t h e  most o p t i m i s t i c  e s t i m a t e s  t h a t  
have been made, t he  onse t  of a s y n t h e t i c  i ndus t ry  would only be de layed  a few years.  

111. The Need f o r  Syn the t i c s  

P ro jec t ions  of energy demand t o  the  year  2000 have been made by a number of 
There i s  gen- 

Because of t h e  d e c l i n i n g  r e se rve  t o  consumption r a t i o  and t h e  p r o j e c t i o n s  f o r  

The h ighly  compet i t ive  n a t u r e  o f  t h e  energy i n d u s t r i e s ,  because of t h e  s u b s t i -  
t u t a b i l i t y  of  energy sources  a t  t h e  poin t  of use ( f o r  most purposes) and t h e i r  
c o n v e r t a b i l i t y  from one form t o  ano the r ,  r e q u i r e s  t h a t  t h e  e n t i r e  energy spectrum 
be examined i f  we are t o  eva lua te  t h e  p o t e n t i a l  r o l e  of s y n t h e t i c s  i n  t h e  energy 
economy. However, because l i q u i d  f u e l s  are necessary  under today ' s  technologic  
cond i t ions  f o r  c e r t a i n  energy uses ,  it is  most important t o  examine t h e  a l t e r n a t i v e  
sources f o r  c rude  o i l .  

The ques t ion ,  "Is t h e r e  a need f o r  syn the t i c s?"  can be answered i n  many ways. 
If a shor tage  of l i q u i d  f u e l s  develops,  t h e r e  a r e  a v a r i e t y  of p o s s i b l e  so lu t ions .  
Among t h e  more obvious are: d i r e c t  s u b s t i t u t i o n  of o t h e r ,  more abundant energy 
sources f o r  l i q u i d  f u e l s ;  increased  imports;  pe rmi t t i ng  t h e  p r i c e  o f  o i l  t o  r i s e ;  
development of improved technology f o r  f ind ing ,  producing and u t i l i z i n g  e x i s t i n g  
and p o t e n t i a l  o i l  f i e l d s ;  increased  exp lo ra t ion  a c t i v i t y ;  and t h e  product ion  of  
s y n t h e t i c s  from o i l  s h a l e ,  tar  sands o r  coa l .  

study and a n a l y s i s .  It i s  easy ,  however, t o  s e t  t h e  major c r i t e r i a  which would 
have t o  be met from a n a t i o n a l  viewpoint.  These would inc lude  a secu re ,  d i v e r s i f i e d  
supply of l i q u i d  f u e l s  a t  t h e  lowest c o s t  c o n s i s t e n t  w i th  o t h e r  n a t i o n a l  goa l s .  

f u e l s  a r e  ind ispensable .  Even f o r  t r a n s p o r t a t i o n ,  it i s  p o s s i b l e  t o  fo re see  changes 
t h a t  would permit a h igh  degree  of s u b s t i t u t i o n  f o r  l i q u i d  products .  
au tos  o r  p l anes  us ing  n a t u r a l  gas o r  a c a r  u s ing  e l e c t r i c i t y  could be used i f  t he re  
w a s  s u f f i c i e n t  i ncen t ive .  Widespread use of e l e c t r i c  c a r s  o r  e l e c t r i c  t r a i n s  would 
permit t h e  primary energy source t o  be any f o s s i l  o r  nuc lea r  f u e l .  

I V .  Non-Technologic Fac to r s  

Se lec t ing  one o r  a combination of these a l t e r n a t i v e s  r e q u i r e s  cons iderable  

With today ' s  technology, t r a n s p o r t a t i o n  i s  t h e  only end use  for .which  l i q u i d  

For example, 

The technology f o r  conver t ing  o i l  s h a l e ,  t a r  sands and coa l  i n t o  an accept- 
ab le  s u b s t i t u t e  f o r  crude o i l  and i t s  products  has  been demonstrated on a commercial 
scale and i s  c u r r e n t l y  being used in  c o u n t r i e s  o the r  than  t h e  U.S. A proven 
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4 technology a t  p r i c e s  compet i t ive  wi th  crude petroleum i s  a necessary  but not s u f -  
f i c i e n t  p r e r e q u i s i t e  f o r  t h e  es tab l i shment  of a s y n t h e t i c  l i q u i d  f u e l  i ndus t ry .  
f a c t o r s  t h a t  i n f luence  both  t h e  p r i c e  of crude petroleum and of s y n t h e t i c s  w i l l  
a f f e c t  t h e  timing and t h e  r a t e  a t  which an indus t ry  w i l l  develop. 

Manyl 
‘t! 

’1 1. Fac tors  t h a t  a f f e c t  competit ion from o i l  

Since s y n t h e t i c s  would compete d i r e c t l y  wi th  crude o i l ,  changes i n  any of the 
laws, r egu la t ions ,  o r  s t a t e  and Federa l  p r a c t i c e s  t h a t  a f f e c t  t h e  domestic p r i c e  of 
crude o i l  could have t h e  g r e a t e s t  d i r e c t  impact on a p o t e n t i a l  s y n t h e t i c s  indus t ry .  

t h e  o i l  Imports Program, the  Federa l  dep le t ion  allowance, s t a t e  p r o r a t i o n i n g  prac- 
t i c e s ,  and Outer Con t inen ta l  Shelf and on-shore Federa l  l e a s i n g  programs. 

/ 

The most important of t h e  i n s t i t u t i o n a l  f a c t o r s  i n f luenc ing  crude o i l  p r i c e s  a r e  \ 

a .  O i l  Import Program 

The O i l  Import Program was c rea t ed  t o  promote a hea l thy  domestic petroleum 

\ 

i n d u s t r y  by l i m i t i n g  impor ts  of low-cost fo re ign  o i l .  The Program was designed t o  
a s s u r e  t h e  Nation a secu re  petroleum supply and i t  has  served t o  advance t h i s  pur- 
pose.  However, t h e  c o s t  has been high: Domestic oil s e l l s  f o r  between 75c and 
$1.25 p e r  ba r r e l  above world p r i c e s  or from 30 percent  t o  60 percent  h igher  than 
would otherwise p r e v a i l .  The m a j o r i t y  of the  Cabinet Task Force on O i l  Import 
Cont ro l  recommended t o  t h e  P res iden t  i n  February 1970 t h a t  i n  p l ace  of t h e  o i l  
import  quotas which had been i n  use ,  a t a r i f f  system be s u b s t i t u t e d  wi th  a th ree7  
yea r  phase out of t h e  quo ta  system. The b a s i s  f o r  t h e  recommendations was t h a t  
t h i s  would p e r m i t  some l i b e r a l i z a t i o n  of t h e  Program but s t i l l  be designed so t ha t  
i nd ica t ed  reserves  of North America would be s u f f i c i e n t  t o  meet 1980 production 
e s t i m a t e s .  Adjustments i n  t h e  t a r i f f  l e v e l s  would be made t o  in su re  t h a t  t h i s  
goa l  was met. There w a s  some support  a t  t h e  Cabinet l e v e l  f o r  a con t inua t ion  of 
quo ta s  i n  some form r a t h e r  than  the  t a r i f f  approach. The f i n a l  d e c i s i o n  with 
r e s p e c t  t o  o i l  import c o n t r o l s  i s  s t i l l  t o  be made. 

Any changes i n  t h e  O i l  Import Program would have a major impact on t h e  devel-  
opment of syn the t i c s .  Inc reas ing  s i g n i f i c a n t l y  t h e  amount of imports would tend t o  
dec rease  crude o i l  p r i c e s ,  which i n  t u r n  would r e q u i r e  a competit ive drop i n  t h e  
p r i c e  of s y n t h e t i c s ,  and t h i s  would reduce t h e  r e t u r n  on p l an t  investment.  Since 
s y n t h e t i c s  p l a n t s  a r e  c a p i t a l - i n t e n s i v e ,  even minor changes i n  t h e  compet i t ive  
p r i c e  of crude could have a major impact on t h e i r  economics. Any reduct ion  of 
domestic crude p r i c e s  would de lay  t h e  development of a s y n t h e t i c s  i ndus t ry  wi th  the  
p re sen t  s t a t e  of convers ion  technology and t h e  p o t e n t i a l  f o r  r educ t ion  i n  c o s t s  by 
methods t h a t  have been proposed t o  improve t h a t  technology. 

i n d u s t r y  would r a i s e  a ques t ion  as  t o  haw the  o i l  when i t  i s  r e f i n e d  would be 
t r e a t e d  i n  determining t h e  o v e r a l l  s i z e  of t h e  o i l  import quota. I f  t h e  o i l  were 
t r e a t e d  the  same a s  domestic product ion  of crude o i l ,  a r e f i n e r y  would genera te  a 
quota  f o r  t he  s y n t h e t i c s  processed ,  and f o r  a small r e f i n e r ,  t h i s  could be worth 

i 
1 1 

I 
‘i 

1 

I f  a quota system were cont inued ,  development of a commercial s y n t h e t i c s  

1 

a s  much a s  llc p e r  b a r r e l . l /  \ 

b. The d e p l e t i o n  allowance 

The d e p l e t i o n  allowance f o r  crude o i l  and gas i s  now 2 2  percen t .  
\ 

Because 
of t h e  high percentage of d r y  h o l e s  d r i l l e d  i n  t h e  search  f o r  o i l ,  t h e  allowance 
has  been j u s t i f i e d  by i n d u s t r y  on t h e  b a s i s  t h a t  t h e  r e s u l t i n g  t a x  sav ings  a r e  
needed t o  pay f o r  e x p l o r a t i o n  f o r  new o i l  f i e l d s .  

- 
- 1/ T.he d i f f e r e n c e  between t h e  p r i c e  of imported and d m e s t i c  o i l  i s  about $1.25 i n  

t h e  East and each b a r r e l  of domestic o i l  used i n  a r e f i n e r y  genera tes  .090 
b a r r e l s  of o i l  i m p o r t  quota .  Thus $1.25 X .09 = l l c / b b l .  
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The o i l  indus t ry  has urged repea ted ly  t h a t  o i l  from s h a l e  r e c e i v e  t h e  same t a x  

’ t reatment  a s  crude o i l ,  presumably because sha le  o i l  would be i n  d i r e c t  compet i t ion 
with crude o i l .  U n t i l  t h i s  p a s t  year ,  the d e p l e t i o n  allowance was 15 percent  on che 

I value  of t h e  mined rock.  A t  t h i s  r a t e ,  t h e  allowance is  equiva len t  t o  about 18 cents  
p e r  b a r r e l  of semiref ined sha le  o i l  (before  t a x e s ) .  The 1969 Tax A c t  changed t h e  
d e p l e t i o n  allowance t o  15 percent  on the  s h a l e  o i l  and t h i s  would be equiva len t  t o  
about 35 cents  p e r  b a r r e l  of sha le  o i l  a t  t h e  r e t o r t .  Deplet ion al lowance on coa l  
i s  10 percent  on t h e  mined coa l  and t h i s  i s  es t imated  t o  be worth about 15 c e n t s  
p e r  b a r r e l .  Table 1 shows t h e  e f f e c t  on c o s t s  of v a r i o u s  l e v e l s  of d e p l e t i o n  allow- 
ance when taken on t h e  mined raw m a t e r i a l  and on t h e  l i q u i d ,  r e f i n e d  t o  two leve ls  
of q u a l i t y .  

/ 

’ 

c .  S t a t e  p r o r a t i o n i n g  

S ta te  p r o r a t i o n i n g  p r a c t i c e s  were developed t o  conserve o i l ,  i . e . ,  t o  pre- / 
vent  producing o i l  above t h e  maximum e f f i c i e n t  r a t e  e i t h e r  f o r  t h e  purpose of  recover- 
i n g  an investment qu ick ly  o r  prevent ing dra inage  of o i l  from a d e p o s i t  by adjacent  
producers  i n  t h e  same f i e l d .  Actua l ly ,  however, p r o r a t i o n i n g  p r a c t i c e s  have had t h e  
e f f e c t  of maintaining a s t a b l e  p r i c e  f o r  crude o i l .  Crude oil p r i c e s  remained 
r e l a t i v e l y  cons tan t  f o r  a 10-year per iod ,  bu t  s t a r t e d  t o  climb i n  1968 w i t h  a 3 cents  

~ per  b a r r e l  p r i c e  r i s e  followed by a 12 c e n t s  p e r  b a r r e l  r i se  i n  1969. 
I f  p rora t ion ing  were s topped,  a t  l e a s t  i n  t h e  i n i t i a l  s t a g e  of development of 

s y n t h e t i c s ,  the  s y n t h e t i c  i n d u s t r y  might be adverse ly  a f f e c t e d  because crude p r i c e s  
would be expected t o  drop.  This ,  i n  t u r n ,  would e l i m i n a t e  t h e  high c o s t  marginal  
w e l l s ,  and as a r e s u l t  a t  some l a t e r  time p r i c e s  might tend t o  r i s e .  

those s t a t e s  p r a c t i c i n g  p r o r a t i o n i n g  would be smal l ,  but a s  t h e  product ive  capac i ty  
became s i g n i f i c a n t  some method would have t o  be developed t o  accommodate s y n t h e t i c s  
t o  the  crude o i l .  

I As long as t h e  s y n t h e t i c  i n d u s t r y  remained r e l a t i v e l y  small, t h e  impact on 

d.  Federal  l e a s i n g  p o l i c i e s  

I f  s y n t h e t i c s  become competi t ive a t  present  domestic p r i c e s  of c rude  o i l ,  
i n t e r e s t  i n  l e a s i n g  of Federa l  o i l  and gas lands  could be expected t o  d e c l i n e .  Since 
Outer Cont inenta l  Shelf l e a s i n g  i s  g e n e r a l l y  be l ieved  t o  o f f e r  more f a v o r a b l e  oppor-  
t u n i t i e s  f o r  d i scovery ,  i t  would be a f f e c t e d  l e s s  than on-shore l e a s e s .  Nevertheless ,  
t h e  l a r g e  amounts of c a p i t a l  requi red  f o r  s y n t h e t i c s  p l a n t s  might reduce i n t e r e s t  i n  
t h e  Outer Cont inental  Shelf and reduce the  amounts of t h e  bonus b i d s .  If on t h e  
o t h e r  hand, before  the  f i r s t  s y n t h e t i c s  p l a n t  was cons t ruc ted  a l a r g e  number of 
favorable  t r a c t s  on t h e  Outer Cont inenta l  Shelf  were o f f e r e d  a t  f requent  i n t e r v a l s ,  
and i f  t h e  d r i l l i n g  proved s u c c e s s f u l ,  the  development of s y n t h e t i c s  could be f u r -  
t h e r  delayed.  There i s  a l ready  some evidence t h a t  t h e  d iscovery  of l a r g e  petroleum 
resources  i n  Northern Alaska has  changed t o  some e x t e n t  t h e  planned t i m e t a b l e  f o r  
s y n t h e t i c  f u e l s  development by some o i l  companies. 

2 .  Fac tors  t h a t  a f f e c t  conversion of o i l  s h a l e  t o  sha le  o i l  

a. T i t l e  c learance  

Approximately 28 percent  of t h e  t o t a l  o i l  s h a l e  acreage  i s  i n  p r i v a t e  
ownership, bu t  t h i s  conta ins  only a l i t t l e  over  20 percent  of  t h e  s h a l e  o i l .  Nearly 
80 percent  of t h e  Federal  l ands  have clouded t i t l e ,  c o n s i s t i n g  of 36,000 o i l  sha le  
claims made before  1920 and 16,000 a d d i t i o n a l  c la ims f o r  v a r i o u s  o t h e r  m a t e r i a l s  
f i l e d  s i n c e  t h a t  d a t e .  

A c t ,  were made under condi t ions  t h a t  permit ted l o c a t i o n  and p a t e n t i n g  of o i l  sha le  
d e p o s i t s .  In 1964 s e v e r a l  tes t  cases were i n i t i a t e d  t o  e s t a b l i s h  a set of l e g a l  
p r i n c i p l e s  f o r  judging t h e  v a l i d i t y  of t h e  pre-1920 claims.  

The pre-1920 claims,  i . e . ,  those made before  passage of t h e  Mineral Leasing 

Hearings on t h e s e  
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t i s s u e s  be fo re  a hea r ing  examiner of t h e  Bureau of Land Management have been concluded. 
If a d e c i s i o n  adverse t o  t h e  claimant i s  i s s u e d ,  an appeal probably w i l l  be taken t o  
t h e  Sec re t a ry  and then  t o  the  c o u r t s .  A t  b e s t ,  t h e  i s s u e s  cannot f i n a l l y  be resolved 
f o r  s eve ra l  yea r s .  

The o i l  sha l e  l ands  were withdrawn i n  1930 and except f o r  t he  t h r e e  t e s t  l ea ses  
r e c e n t l y  o f f e red ,  remain withdrawn. However, t he  passage of t h e  Mul t ip l e  Mineral 
Development Act of 1954 pe rmi t t ed  t h e  l o c a t i o n  of d e p o s i t s  of m e t a l l i f e r o u s  minera ls  
on o i l  sha l e  lands.  There were 5,200 claims f i l e d  on t h e  o i l  s h a l e  lands  i n  1966, 
apparent ly  i n  an a t tempt  t o  ob ta in  t i t l e  by l o c a t i n g  dawsonite on t h e  o i l  sha le  
lands .  In January- 1967, t h e r e f o r e ,  t he  lands  were withdrawn from a l l  mining 
l o c a t i o n .  

nea r ly  3,000 of the  1966 c la ims  a r e  being con te s t ed  by the  U.S. Department of 
I n t e r i o r .  

It i s  not p o s s i b l e  t o  a s s e s s  t h e  v a l i d i t y  of t hese  more r e c e n t  claims and 

b. The Minera l  Leasing Act 

Several  p r o v i s i o n s  of t he  p re sen t  Mineral  Leasing Act ,  under which o i l  
sha l e  lands  are l e a s e d ,  r e q u i r e  modi f ica t ion  i f  t h e  lands  a r e  t o  b e  developed under 
optimum condi t ions .  The l i m i t a t i o n  of one l e a s e  pe r  person, a s s o c i a t i o n ,  o r  corpor- 
a t i o n ,  i s  u n r e a l i s t i c  i f  an o i l  s h a l e  indus t ry  of any s i z e  i s  t o  come i n t o  ex i s t ence .  
Moreover, t h e  p rov i s ion  i s  a s e r i o u s  obs t ac l e  t o  bu i ld ing  t h e  f i r s t  p l a n t .  This  is 
because a p ioneer ing  p l a n t  might develop t h e  technology a t  a loss and then  be fore-  
c losed  from holding a second l e a s e  on which i t  could capture  t h e  b e n e f i t s  of t h a t  
technology. These o b j e c t i o n s  a l s o  can be r a i s e d  wi th  r e spec t  t o  t h e  l i m i t a t i o n  of 
5,120 ac res  per l e a s e  which i s  another  p rov i s ion  of t h e  present  law. An acreage 
l i m i t a t i o n  has  no r e a l  meaning s ince  t h e  r a t i o  of t h e  amount of sha le  o i l  represented 
pe r  a c r e  can range from a s  much a s  100 t o  1 depending on the  th i ckness  and q u a l i t y  
of t h e  r e se rve .  

c .  Bidding procedures  

Under the  terms of t h e  Mineral  Leasing Act any number of bidding methods 
is  p o s s i b l e .  
be o r a l  auc t ion  o r  s e a l e d ,  p r o f i t  shar ing ,  bonus b idding ,  r o y a l t y  b idding  o r  a com- 
b i n a t i o n  of t hese  methods. 
t i v e  sea l ed  b ids  wi th  a combination bonus and r o y a l t y  arrangement were used. Other 
methods might be t r i e d  i n  t h e  f u t u r e  t o  a t t r a c t  s t ronge r  b ids .  
procedures se l ec t ed  w i l l  have a marked e f f e c t  on o i l  sha l e  development s ince  
p o t e n t i a l  b idders  may p r e f e r  one method over another  and t h i s  could s e r i o u s l y  a f f e c t  
t h e  number and s i z e  of b i d s  rece ived .  

The l e a s i n g  can be competit ive o r  non-competit ive,  and t h e  bidding can 

In t h e  tes t  l e a s e s  o f f e red  i n  December of 1968, competi- 

The bidding 

d .  Leasing procedures ,  terms and p rov i s ions  

While v a r i o u s  e x i s t i n g  s t a t u t e s  r e q u i r e  c e r t a i n  requirements t o  be s t i p -  
u l a t e d  i n  a l l  l eases- -such  a s  t h e  non-d iscr imina t ion  c lause- - there  i s  ample leeway 
f o r  t h e  l e s s o r  t o  inc lude  o the r  p rov i s ions  which can be designed e i t h e r  t o  encourage 
o r  d i scourage  b idding ,  o r ,  more impor tan t ,  t o  f o r c e  the  b idder  t o  d iscount  h i s  bid 
so heav i ly  t h a t  i t  w i l l  be r e j e c t e d .  

Such f a c t o r s  as t h e  number of l e a s e s  o f f e red  p e r  s a l e ,  frequency of s a l e s ,  
s i z e  of t r a c t  o f fe red  and t h e  q u a l i t y  of t h e  r e source  could a l s o  be of c r i t i c a l  
importance t o  the  r a t e  and t iming of o i l  sha l e  development. The i n i t i a l  number of 
b idde r s  w i l l  probably be sma l l ,  so  t h a t  the  frequency of s a l e s ,  a t  l e a s t  i n  t h e  
beginning ,  should be low. The t r a c t  m u s t  con ta in  s u f f i c i e n t  sha le  o i l  so  t h a t  a 
p l a n t  l a r g e  enough t o  be economic can be  supported and paid out wi th  an adequate 
r e t u r n  i n  20 years .  
Act .  

A t  t h a t  t ime,  r e n e g o t i a t i o n  i s  requi red  by the Mineral Leasing 
In  a d d i t i o n ,  t h e r e  a r e  g r e a t  advantages when a resource  i s  j u s t  reaching  the  



- 13 - I! 
r’ 

I The r i c h  o i l  sha l e  d e p o s i t s  a r e  concent ra ted  i n  a reas  of Colorado, Utah, 
and Wyoming t h a t  a r e  l a r g e l y  r u r a l  i n  na tu re .  The establishment of any l a r g e  new 
indus t ry  would r equ i r e  the  development of a h ighly  complex i n f r a s t r u c t u r e  t h a t  d o e s  
no t  now e x i s t  and would mean e i t h e r  recru i tment  or  t r a i n i n g  of var ious  s k i l l e d  labor  

l i b r a r i e s ,  t r a n s p o r t a t i o n  and communication systems, water  and power s e r v i c e s  and 
,f and p ro fes s iona l s  which a r e  not  now found i n  the  a r e a .  Adequate housing, s choo l s ,  
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ground water  and s t reams can be avoided. 
p rov i s ion  must be made t o  s t a b i l i z e  the  spent  sha le  t o  prevent a i r  p o l l u t i o n  by 
blowing f i n e s  when t h e  p i l e  i s  dry .  

Where f i n e  sha lz  i s  used f o r  r e t o r t i n g ,  

7 
3. Fac tors  t h a t  w i l l  a f f e c t  conversion from coa l  t o  o i l  

Production of l i q u i d  f u e l s  from coa l  w i l l  no t  be a f f e c t e d  a s  much by Federa l  
\ 

a c t i o n  o r  i nac t ion  a s  l i q u i d  f u e l s  from o i l  sha l e .  Unlike t h e  high grade o i l  sha l e  
d e p o s i t s ,  coa l  i s  found wide ly  d i spe r sed  geographica l ly  wi th  commercial type depos i t s  

of t h e s e  depos i t s  may be on pub l i c  lands- -near ly  a l l  of t h i s  West of t h e  Miss i s s ipp i - -  
t h i s  s t i l l  leaves  one t r i l l i o n  tons  of recoverable  r e se rves  i n  p r i v a t e  ownership. 
In  a d d i t i o n ,  coa l s  of a l l  rank and suscep t ib l e  t o  a l l  types  of mining systems a r e  
owned i n  abundance by i n d i v i d u a l s  and l a r g e  c o a l ,  o i l  and s t e e l  companies. T h e r e f o r e , \  

r epor t ed  i n  34 s t a t e s .  This  i s  shown i n  F igu re  1. Although a s  much a s  40 percent  '1 

t h e  ques t ions  t h a t  a;e c r u c i a l  i n  o i l  s h a i e  development, such a s  t i t l e  c l ea rance ,  
l e a s e  terms and p r o v i s i o n s ,  should not be an important f a c t o r  i n  t h e  e a r l y  s t a g e s  
of development of a commercial c o a l - t o - o i l  i ndus t ry .  

a .  A v a i l a b i l i t y  of water  

The widespread geographic d i s t r i b u t i o n  of t h e  coa l  d e p o s i t s  means t h a t  many 
of t h e  d e p o s i t s  can be found i n  a reas  where the  a v a i l a b i l i t y  of water  should c rea t e  
no g r e a t  problems. A l l  of t h e  coa l  d e p o s i t s  Eas t  of t h e  Miss i s s ipp i  a r e  found i n  
water  abundant l o c a t i o n s .  Many of t h e  l a r g e  d e p o s i t s  of Wyoming, Montana, and North 
Dakota a r e  i n  a r e a s  where enough water  w i l l  be a v a i l a b l e  f o r  an indus t ry .  Moreover, 
compet i t ion  i n  these  a r e a s  f o r  t h e  water would be much smal le r  and t h e r e  should be 
much fewer water r i g h t s  problems than f o r  t he  Colorado River and i t s  t r i b u t a r i e s .  
Some c o a l  d e p o s i t s  a r e ,  however, found i n  water  d e f i c i e n t  a r e a s ,  and f o r  t hese  loca- 
t i o n s  t h e r e  would be a choice  of moving water  t o  t h e  coa l  o r  coa l  t o  t h e  water .  The 
s e l e c t i o n  of which would be done would depend upon o the r  f a c t o r s  such a s  marketing 
cond i t ions ,  t he  r e l a t i v e  c o s t s  of t r a n s p o r t a t i o n  of c o a l ,  water  o r  t h e  f i n i s h e d  o i l ,  
and o t h e r  economic c o n s i d e r a t i o n s .  

b. Location of  t h e  d e p o s i t s  

i 

\i 

I A s  i nd ica t ed  under t h e  d i scuss ion  on o i l  sha l e ,  t he  l o c a t i o n  of t h e  resource 
i s  important because of (1) t h e  need f o r  a well-developed i n f r a s t r u c t u r e  t o  serve t h e  
l a r g e  s c a l e  p l a n t s  t h a t  a r e  r e q u i r e d  t o  achieve  economies of s c a l e ,  and (2)  t he  
importance of t r a n s p o r t a t i o n  c o s t s  in  b r ing ing  t h e  f i n i s h e d  products  t o  market. The 
very  l a r g e  wide-spread geographic d i s t r i b u t i o n  of c o a l ,  much of i t  near  t he  cen te r s  
of  g r e a t  popula t ion  d e n s i t y  and i n  we l l  e s t a b l i s h e d  communities where the  i n f r a -  
s t r u c t u r e  i s  w e l l  developed, and where s k i l l e d  labor  i s  a v a i l a b l e ,  should g ive  coa l  
a compet i t ive  advantage over o i l  sha l e  o r  t a r  sands.  Moreover, t hese  same popu- 
l a t i o n  c e n t e r s  would provide  markets f o r  t h e  product a t  much reduced t r a n s p o r t a t i o n  ' 

c o s t s .  

', 

1 

\ 
c.  Environmental p r o t e c t i o n  

A s  i n  t h e  c a s e  of o i l  sha l e ,  methods a l r eady  e x i s t  f o r  prevent ing  adverse 
e f f e c t s  on the  land from mining--e i ther  s t r i p  o r  underground. Technology a l s o  e x i s t s  
f o r  prevent ing  a i r  o r  water  p o l l u t i o n  a r i s i n g  a t  t h e  coa l  conversion process ing  
p l a n t s .  Unlike o i l  s h a l e ,  however, s o l i d  waste d i s p o s a l  should p re sen t  no s i g n i f i -  
can t  problem nor w i l l  i t  involve  t h e  c o s t s  of d i s p o s a l  t h a t  a r e  inhe ren t  when o i l  
sha l e  i s  r e t o r t e d .  Each ton  of c o a l  produces about 2.5 b a r r e l s  of o i l  and only  200 
pounds of ash  s o  t h a t  on ly  about 1 /25 th  a s  much s o l i d  waste i s  generated p e r  b a r r e l  
of o i l  produced a s  when us ing  o i l  sha l e .  Disposal of t h e  s o l i d  waste i n  t h e  empty 
space l e f t  a f t e r  t h e  c o a l  w a s  mined would be one s o l u t i o n  t o  t h e  problem. Uses 
s i m i l a r  t o  those  a l r eady  developed f o r  f l y  ash--a m a t e r i a l  which the  waste from 
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conversion p l a n t s  would resemble--might be found f o r  t h e  s o l i d  r e s idue  and thus  turn  
a waste ma te r i a l  i n t o  a u s e f u l  product ,  al though supply of spent sha le  could  be 
expected t o  exceed demand f o r  many years .  

d .  Other f a c t o r s  

Although conversion of coa l  appears t o  have f a r  fewer non-technologic 
problems a s soc ia t ed  wi th  i t s  development than  o i l  sha l e ,  p rocesses  f o r  c o a l  conver- 
s ion  may s t i l l  n o t  be developed before  those  f o r  o i l  sha l e .  A t  t h i s  t ime,  t h e r e  i s  
cons iderably  more p i l o t  p l an t  experience us ing  va r ious  o i l  sha l e  processes  than  there  
is experience wi th  the  more advanced coal-conversion processes  t h a t  w i l l  be requi red  
f o r  coal-conversion t o  be compet i t ive  wi th  c rude  petroleum o r  sha le  o i l .  
coa l  i s  much more d e f i c i e n t  i n  hydrogen than  t h e  crude s h a l e  o i l ,  and t h e  c o s t  of 
producing t h e  r equ i r ed  hydrogen from coa l  i s  r e l a t i v e l y  h igh .  
hydrogen production c o s t s  would cause an important change i n  the  r e l a t i v e  a t t r a c t i v e -  
ness  of c o a l  and o i l  sha l e  development. 

Moreover, 

Any breakthrough i n  

4 .  Fac to r s  t h a t  a f f e c t  t a r  sands development 

Although information on t a r  sand r e s e r v e s  i n  t h e  U . S .  i s  l i m i t e d ,  it appears 
t h a t  t he  t o t a l  r e se rves  of t h e  h igh  q u a l i t y  d e p o s i t s  of s u f f i c i e n t  s i z e  f o r  a l a r g e  
p l an t  t h a t  would be needed f o r  t h e  i n i t i a l  development of an indus t ry  a r e  l imi ted .  
There may be ind iv idua l  d e p o s i t s  which a r e  a t t r a c t i v e ,  bu t  t h e  amount o f  product ion  
from t h e s e  d e p o s i t s  can be expected t o  be smal l .  
carbon sources  t o  meet demand i n  t h e  next  cen tu ry  t h e  lower grade d e p o s i t s ,  of which 
the re  may be many, could be a use fu l  source of hydrocarbon supply.  

geographica l ly .  
c o s t s .  P re sen t ly ,  t h e r e  i s  a 45,000 barre l -per -day  commercial p l a n t  in  opera t ion  
wi th  p l a n s  f o r  a l a r g e r  80,000 bar re l -per -day  p l a n t  a l ready  drawn. 
Canadian t a r  sands w i l l  be a f f e c t e d  g r e a t l y  by non-technologic factors--Canadian 
po l i cy  wi th  r e spec t  t o  t h e i r  development i n  competit ion wi th  t h e i r  own crude  o i l ,  
wi th  o i l  expor t  p o l i c i e s  of t h e  Canadian government and wi th  the  j o i n t  U.S.-Canadian 
f u e l  p o l i c y  t h a t  i s  now being developed. 

A s  t he  need a r i s e s  f o r  o t h e r  hydro- 

The Canadian t a r  sand r e s e r v e s  of good q u a l i t y  a r e  l a r g e  and concent ra ted  
The t o t a l  i s  es t imated  a t  85 b i l l i o n  b a r r e l s  recoverable  a t  today ' s  

Development of 

5. Other f a c t o r s  common t o  a l l  s y n t h e t i c s  

a .  S t a t e  and l o c a l  condi t ions  

The a c t i o n s  t h a t  state and l o c a l  governments take  wi th  r e s p e c t  t o  both 
proper ty  and personal  t a x e s ,  zoning r e g u l a t i o n s ,  l o c a l  conserva t ion  and environmental 
r e g u l a t i o n s ,  s t a t e  w a t e r  laws, and o the r  r e l a t e d  f a c t o r s  could have an important 
i n f luence  on s y n t h e t i c  development. Where d e p o s i t s  a r e  loca t ed  i n  remote a r e a s ,  t h e  
a c t i o n s  of s t a t e  and l o c a l  government t o  provide  t h e  schools ,  t r a n s p o r t a t i o n  f a c i l i -  
t i e s ,  roads ,  l i b r a r i e s ,  and r e c r e a t i o n a l  f a c i l i t i e s  could have a s i g n i f i c a n t  impact 
on the  r a t e  a t  which an indus t ry  develops,  s i n c e  t h e  a b i l i t y  t o  a t t r a c t  and keep 
t h e  necessary  l abor  fo rce  would be g r e a t l y  inf luenced  by t h e s e  f a c t o r s .  

b. C a p i t a l  requi rements  

With e x i s t i n g  technology, c a p i t a l  requirements are very  h igh ,  reaching  as 
much as $3,000-$4,000 per  d a i l y  b a r r e l  t o  produce a s y n t h e t i c  crude o i l .  
combined wi th  t h e  need f o r  t h e  ve ry  l a r g e  p l a n t s  requi red  t o  a t t a i n  t h e  economies 
of s c a l e ,  d i c t a t e s  investments i n  the  range of $300 t o  $400 m i l l i o n  p e r  p l a n t .  Few 
f i rms  would be a b l e  t o  make investments of t h i s  s i z e  i n  s i n g l e  p l a n t s .  Some of t he  
m a j o r  companies, e i t h e r  a lone  o r  i n  j o i n t  v e n t u r e s ,  should be a b l e  t o  r a i s e  t h e  
necessary  c a p i t a l ,  al though even f o r  these  ve ry  l a r g e  companies t h e  c a p i t a l  requi re -  
ments p re sen t  some obs t ac l e .  The high i n t e r e s t  r a t e s  t h a t  a r e  now common a l s o  

This  f a c t ,  
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c r e a t e  a detriment t o  s y n t h e t i c  f u e l s  i n d u s t r i e s  because of the  c a p i t a l - i n t e n s i v e  
n a t u r e  of s y n t h e t i c s  p l a n t s .  

c. I n s t i t u t i o n a l  p r a c t i c e s  of t h e  o i l  i ndus t ry  

There i s  always a high degree of r e s i s t a n c e  by an indus t ry  t o  any r a d i c a l  
change i n  raw m a t e r i a l  sources .  
problems which one has  learned  t o  manage, and t o  a t t a c k  a completely new s e t  of un- 
known ones.  Coal,  o i l  s h a l e ,  and t a r  sands a s  r e sources  d i f f e r  from crude petroleum 
i n  t h a t  t h e  approximate s i z e  and q u a l i t y  of t h e  d e p o s i t s  can be a s c e r t a i n e d  with 
r e l a t i v e  ease .  However, they  r equ i r e  new methods of process ing ,  and a knowledge of 
mining technology--a technology gene ra l ly  unknown o r  un fami l i a r  t o  many o i l  com- 
pan ie s .  t he  o t h e r  hand, t h e  v e r t i c a l  i n t e g r a t i o n  c h a r a c t e r i s t i c  of much of t he  
o i l  i ndus t ry  would appear  t o  be u s e f u l ,  and p o s s i b l y  necessary ,  t o  a f i rm  e n t e r i n g  
i n t o  a commercial s y n t h e t i c  i ndus t ry .  This  sugges ts  t h a t  t h e r e  may be obs t ac l e s  t o  
t h e  e n t r y  i n t o  s y n t h e t i c s  by o the r  than  petroleum companies. 

V .  Summary 

There i s  a r e luc t ance  t o  g ive  up a s e t  of known 

It i s  obvious t h a t  t h e  many publ ic  po l i cy  i s s u e s  t h a t  a r e  a s soc ia t ed  wi th  t h e  
complex, h ighly  compet i t ive  and i n t e r r e l a t e d  f u e l  resources  w i l l  have an important 
impact on t h e  development of a s y n t h e t i c  f u e l s  i ndus t ry .  The demand f o r  l i q u i d  fue ls  
i s  expected t o  cont inue  t o  r i s e  i n  t h e  f u t u r e ,  but should a sho r t age  develop, pro- 
duc t ion  of s y n t h e t i c s  i s  only  one of s eve ra l  ways t h a t  t h i s  energy requirement could 
be met. Whether s y n t h e t i c  production would be t h e  p re fe r r ed  method would depend 
upon i t s  a t t r a c t i v e n e s s  compared t o  t h a t  of t h e  a l t e r n a t i v e s .  Th i s ,  i n  t u r n ,  would 
depend on both the  s t a t e  of technology, and t h e  e f f e c t  of non-technologic f a c t o r s .  
The major non-technologic f a c t o r s  that a r e  common t o  t h e  development of any of t he  
s y n t h e t i c s  a r e  r e l a t e d  t o  those  t h a t  a f f e c t  t h e  p r i c e  of crude o i l  w i t h  which the  
s y n t h e t i c s  would have t o  compete. These a r e  (1) t h e  r u l e s  governing the  imports of 
crude o i l  o r  i t s  p r o d u c t s ,  ( 2 )  t h e  dep le t ion  allowance, ( 3 )  s t a t e  p ro ra t ion ing  prac- 
t i c e  and ( 4 )  Federa l  l e a s i n g  p o l i c i e s .  Other non-technologic f a c t o r s  t h a t  would 
a f f e c t  a l l  of t h e  s y n t h e t i c s  a r e  (1) s t a t e  and l o c a l  r e g u l a t i o n s ,  (2)  very l a rge  
c a p i t a l  requi rements ,  and (3)  i n s t i t u t i o n a l  p r a c t i c e s  of t h e  o i l  i ndus t ry .  

The non- technologic  f a c t o r s  p e c u l i a r  t o  o i l  s h a l e  a r e  (1) t i t l e  c learance  
problems wi th  t h e  l and ,  (2)  p rov i s ions  o f  t h e  Mineral  Leasing Act ,  (3)  u n c e r t a i n t i e s  
wi th  r e s p e c t  t o  b idd ing  procedures ,  ( 4 )  l e a s i n g  procedures ,  terms and condi t ions ,  
(5) i n  Some a reas  t h e  a v a i l a b i l i t y  of water ,  ( 6 )  remote l o c a t i o n  of t h e  d e p o s i t s ,  
and ( 7 )  e x t r a  problems a s soc ia t ed  wi th  environmental  p r o t e c t i o n .  

they  a r e  f o r  o i l  s h a l e .  The favorable  and ex tens ive  l o c a t i o n  of coa l  d e p o s i t s  and 
t h e  l a r g e  p r i v a t e  ho ld ings  t h a t  permit an indus t ry  t o  develop wi th  l e s s  government 
involvement sharp ly  reduce  t h e  impact of non-technologic f a c t o r s .  Environmental f ac -  
t o r s  should a l s o  be more favorable  f o r  coa l  b u t ,  i n  r ecen t  y e a r s ,  l a r g e r  s c a l e  t e s t s  
of o i l  sha l e  processes  have been made than  have been made f o r  coa l .  The major prob- 
lem f o r  coa l  is  a t echno log ic  one--the h igh  c o s t  of producing hydrogen from coal  w i th  
which t o  upgrade t h e  c o a l  t o  a l i q u i d  product .  

l i q u i d  f u e l  supp l i e s .  
however, could be of no importance i n  the  o v e r a l l  energy supply of North America. 
Thei r  commercial p roduct ion  w i l l  be g r e a t l y  inf luenced  by non-technologic f ac to r s - -  
namely Canadian p o l i c i e s  wi th  r e spec t  t o  how they  w i l l  be developed i n  competit ion 
wi th  Canada ' s  crude o i l  d e p o s i t s ,  Canadian expor t  p o l i c i e s  and t h e  terms and condi- 
t i o n s  of  t he  j o i n t  U.S.-Canadian f u e l  po l i cy  which i s  now under a c t i v e  cons idera t ion .  

These seven non- technologic  f a c t o r s  a r e  of  much l e s s  importance f o r  coa l  than 

Known U . S .  d e p o s i t s  of t a r  sands a r e  too  smal l  t o  have any g rea t  impact on t o t a l  
Development of t he  l a r g e  r e se rves  of Canadian t a r  sands,  
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Figure I 
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Hydrogenation of Asphaltene From Coal Using Hal ide C a t a l y s t s  

Walter Kawa, H .  F. Feldmann, and R. W .  Hi teshue 

U.S. Bureau of  Mines, 4800 Forbes Avenue 
P i t t s b u r g h ,  Pennsylvania 15213 

INTRODUCTION 

The Bureau of  Mines has been i n v e s t i g a t i n g  t h e  use of high c a t a l y s t  concentra- 
t i o n s  i n  the  hydrogenation of c o a l  to  o i l  as  a p o s s i b l e  means of lowering hydrogena- 
t i o n  c o s t s .  The o b j e c t i v e  has  been t o  f i n d  o r  develop c a t a l y s t s  t h a t  would p e r m i t  
the  use o f  milder  condi t ions  than were used i n  t h e  convent ional  (Bergius-I.G. Farben) 
process ,  or c a t a l y s t s  t h a t  would cause an increase  i n  o i l  y i e l d ,  a decrease  in  hydrogen 
consumption, o r  o t h e r  b e n e f i t .  

Conditions used i n  commercial-scale opera t ions  of convent ional  p l a n t s  depended on 
t h e  r e a c t i v i t y  of  the  c o a l  being hydrogenated and on t h e  c a t a l y s t  used. Temperatures 
ranged from 450' t o  490' C and pressu,res were 3,500 t o  10,000 p s i .  
used i n  suspended form i n  concent ra t ions  of  from less than one-tenth p e r c e n t  t o  about 
t h r e e  percent .  These h igh  temperatures  and p r e s s u r e s  w e r e  no t  needed f o r  t h e  i n i t i a l  
c o a l  l i q u e f a c t i o n  r e a c t i o n s  b u t  were needed t o  hydrocrack asphal tenes  a t  reasonable  
rates. Asphaltene i s  a high-molecular weight n o n d i s t i l l a b l e  substance t h a t  is formed 
as a p r i n c i p a l  in te rmedia te  i n  the  c o a l - t o - o i l  r e a c t i o n  sequence. I n  a k i n e t i c s  s tudy  
made with bituminous c o a l  a t  about 6,000 p s i  with a convent ional  c a t a l y s t  (SnS p l u s  
& C l ) ,  Weller obtained s p e c i f i c  r e a c t i o n  rate cons tan ts  f o r  c o a l  hydrogenation t o  a s -  
pha l tene  and o t h e r  l i q u i d  and gaseous products  t h a t  w e r e  25 times g r e a t e r  a t  400' C 
and 10 t i m e s  g r e a t e r  a t  440° C than t h e  s p e c i f i c  r e a c t i o n  r a t e  c o n s t a n t s  f o r  asphal- 
tene hydr0genation.L' The r e a c t i o n s  w e r e  f i r s t  o rder  w i t h  r e s p e c t  t o  c o a l  or  asphal- 
t ene  concent ra t ion .  It thus became evident  t h a t  the hydrogenation of  coal t o  o i l  a t  
p r a c t i c a l  r a t e s  a t  mild c o n d i t i o n s ,  e.g., 400' C and 1,500 p s i ,  would r e q u i r e  the use 
of  c a t a l y s t s  t h a t  a r e  h ighly  e f f e c t i v e  f o r  hydrogenating asphal tene .  

The Bureau r e c e n t l y  made a coa l  hydrogenation c a t a l y s t  s tudy i n  which a wide 

C a t a l y s t s  were 

' v a r i e t y  o f  m a t e r i a l s  were screened as p o t e n t i a l  c a t a l y s t s .  
m a t e r i a l s  and c o a l  were used a t  one set of  condi t ions .  
o f  sc reening  experiments made w i t h  t e n  h a l i d e  c a t a l y s t s  t h a t  were e f f e c t i v e  f o r  pro- 
ducing high y i e l d s  of  o i l  wi th  low asphal tene  conten ts .  
f o r  experiments i n  which the  s a m e  c a t a l y s t s  w e r e  used i n  the  hydrogenation of asphal- 
t ene  produced by mild hydrogenation o f  t h e  c o a l .  

Equal weights  of  these 
This  paper p r e s e n t s  r e s u l t s  

Resul t s  are a l s o  presented , 

EWERDENTAL 

EquiDment and M a t e r i a l s  

The r e a c t o r  used was a 1 . 2 - l i t e r  batch au toc lave  t h a t  w a s  p laced i n  a hor izonta l  
p o s i t i o n  and r o t a t e d  during an experimen . 
accessory equipment has  been pub1ished .d  Charges were contained i n  a g l a s s  l i n e r  
t h a t  f i t t e d  c l o s e l y  t o  the  au toc lave  w a l l .  Pressure  was measured w i t h  a bourdon-tube 
type gage t h a t  was connected to  and r o t a t e d  with t h e  autoclave.  
measured wi th  a thermocouple pos i t ioned  a x i a l l y  i n  the  au toc lave  i n  a therrnowell. 

A complete d e s c r i p t i o n  of  t h e  v e s s e l  and 

Temperature was 

Pittsburgh-seam h i g h - v o l a t i l e  A bituminous c o a l  from t h e  Bureau's experimental 
mine a t  Bruceton, Pennsylvania and asphal tene  produced by uncatalyzed hydrogenation 
of  t h e  same c o a l  were used as feeds .  The c o a l  was pulver ized  t o  minus 60 mesh (U. S. 
Sieve)  and d r i e d  i n  a i r  a t  JOo C f o r  about  20 hours .  
genat ing 200-gram charges of c o a l  i n  the ba tch  au toc lave  a t  4,000 p s i  and 425' C f o r  
2 hours. Asphaltene produced i n  35 runs was combined and used as a feed n a t e r i a l .  

Asphaltene was produced by hydro- 

, 
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It i s  t h e  f r a c t i o n  o f  product  t h a t  i s  s o l u b l e  i n  benzene and inso luble  i n  n-pentane. 
The y i e l d  was about 35 percent  by weight of moisture- arid ash- f ree  (maf) c o a l  used. 
By labora tory  a n a l y s i s ,  i t  was found t o  c o n t a i n  8.5 percent  benzene i n s o l u b l e s ,  83.6 
percent  asphal tene ,  and 7.9 percent  n-pentane-soluble  o i l .  Ultimate ana lyses  of the  
feeds a r e  shown i n  t a b l e  1. 

Table  1.- Analyses of c o a l  and asphal tene  feeds 

Analys is ,  w t  p c t  
Mois- Elemental composition. maf b a s i s  

Mater ia l  t u r e  Ash C H N S 0 ( d i f f . )  

Coal, hvalk!.. 0.4' 7.5 83.7 5.4 1.6 1.2 8.1 
Asphaltene ... 0.9 0.0 88.7 6.4 1.9 0.4 2 . 6  

- 1 / 

? 

High-vola t i le  A bituminous c o a l ,  P i t t s b u r g h  seam. 

Hal ide  c a t a l y s t s  were e i t h e r  t e c h n i c a l  o r  reagent  grade chemicals and were used 

Hydrogen was obta ined  from commercial cy l inders .  
i n  powdered form. C a t a l y s t s  and c o a l  o r  asphal tene  w e r e  premixed i n  t h e  g l a s s  liners 
before  charging i n t o  a n  au toc lave .  

Operat ing and A n a l y t i c a l  Procedures  

A l l  experiments were made w i t h  50-gram charges o f  c o a l  o r  asphal tene .  Af te r  
purging a i r  out of  a charged and assembled au toc lave ,  hydrogen was added t o  an i n i -  
t i a l  p r e s s u r e  s e l e c t e d  s o  t h a t  t h e  d e s i r e d  pressure would be reached on hea t ing  t o  
r e a c t i o n  temperature. Rota t ion  was s t a r t e d ,  t h e  au toc lave  was heated a t  about 7"  C 
per  minute t o  r e a c t i o n  temperature ,  temperature  was maintained f o r  a s p e c i f i e d  time, 
then the. autoclave was cooled t o  room temperature. Rota t ion  was cont inued u n t i l  the  
temperature was 250" C o r  less. The cool ing  r a t e  t o  250" C was about  4' C per  minute. 

Gases were depresaur ized  through a c o l d  t r a p  where l i g h t  o i l  and water  vapors 
were condensed and then  through scrubbers  t h a t  removed a c i d  gases  (COe, HzS, and any 
hydrogen h a l i d e  formed by c a t a l y s t  r e a c t i o n s ) .  
l e c t e d  i n  a holder ,  sampled, and analyzed by mass spectrometry.  L ight  o i l  and water 
were then removed by vacuum d i s t i l l a t i o n  t o  about llOo C and 2 t o  3 m of Hg. These 
condi t ions  are e q u i v a l e n t  t o  an atmospheric d i s t i l l a t i o n  t o  about  290" C .  
remaining i n  t h e  a u t o c l a v e  was washed o u t  wi th  benzene and' then cont inuously ex t rac ted  
with benzene i n  a Soxhle t  appara tus .  
water  washed t o  remove the  h a l i d e  c a t a l y s t s .  An a s h  de te rmina t ion  was made on the 
product i n s o l u b l e  i n  benzene and water .  A f t e r  water  washing, the  benzene so lubles  
were separa ted  i n t o  n-pentane i n s o l u b l e  (asphal tene)  and n-pentane s o l u b l e  (heavy o i l )  
f r a c t i o n s .  

The remaining gases  were metered, co l -  

Mater ia l  

The i n s o l u b l e  and so luble  f r a c t i o n s  were both 

. 

The autoclave was weighed on a b u l l i o n  balance b e f o r e  charging with hydrogen, 
a f t e r  d e p r e s s u r i z i n g ,  and a f t e r  vacuum d i s t i l l a t i o n .  
was es t imated  from previous  au toc lave  c a l i b r a t i o n s  o f  hydrogen weight versus  pressure.  
Bul l ion  balance weighings p e r m i t t e l  a c c u r a t e  determinat ions t o  be made of  t h e  weights 
of  groups of products  as fol lows:  (1) Gases and vapors  depressur ized ,  (2) vacuum d i s -  
t i l l a t e ,  and (3)  heavy l i q u i d s  and s o l i d s .  
respond t o  v a l u e s  determined by b u l l i o n  balance weighings by assuming t h a t  losses  (Or 
ga ins)  i n  each group o f  products  were d i s t r i b u t e d  among the components o f  t h a t  group 
in t h e  s a m e  propor t ions  a s  a c t u a l  recover ies .  

The weight  of  hydrogen charged 

Actual  r e c o v e r i e s  were adjus ted  to, cor -  

Yie lds  a r e  expressed a s  weight-percent  of maf charge.  Organic benzene inso lubles  
a r e  def ined as benzene and water  i n s o l u b l e s  minus ash ;  coa l  conversion on a percentage 



I 

7 ZnCl2 1.0 12 2 16 45 14 4 11 
8 SnC12.2H20 1.0 18 7 40 29 6 4 1 

I 9 CdI2 1.0 17 3 24 37 13 1 12 
10 FeI2.4H20 1.0 20 9 13 4 1  10 2 5 
11 SnI2 1 .o 8 14 42 20 6 5 5 
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I 

b a s i s  i s  100 minus the  percent  of organic  benzene i n s o l u b l e s .  
recovered by vacuum d i s t i l l a t i o n ,  o i l  condensed from gases  during depressur iza t ion ,  
and small  amounts of  pentanes i n  t h e  scrubbed gases .  
Cl t o  C, hydrocarbons. 

L ight  o i l  includes o i l  

Hydrocarbon gases  c o n s i s t  of 

RESULTS AND DISCUSSION 

Coal Hydrogenation Yie lds  

Table  2 shows y i e l d s  obtained i n  c a t a l y s t  screening experiments made w i t h  equal  

Table  2,- D i s t r i b u t i o n  of products  from t h e  
hydrogenation o f  Pi t tsburph-seam coal  

(50 grams of c o a l ,  4,000 p s i ,  425O C ,  1 hour) 

- 1 /  
- a /  

Does not  include water  of  hydra t ion .  
T h i r t y  minutes a t  480° C .  

' weights of h a l i d e  c a t a l y s t s  and c o a l  a t  4,000 p s i  and 425O C f o r  1 hour. 
conversions of 88 t o  92 percent  were obtained wi th  4 of t h e  c a t a l y s t s .  
were 77 t o  83 percent  with the  remaining c a t a l y s t s  a s  compared t o  63 p e r c e n t  without  
a c a t a l y s t .  However, assuming t h a t  asphal tene  was a p r i n c i p a l  in te rmedia te  product, 
a l l  o f  t h e  ha l ides  were very e f f e c t i v e  f o r  a s p h a l t  hydrogenation. 
of the  benzene-soluble o i l s  (sum of asphal tene ,  heavy o i l ,  and l i g h t  o i l )  ranged from 
1.6 percent  with ZnI2 t o  18 percent  wi th  Sn12. 

H i g h  coal  
Conversions 

Asphaltene contents 

The l a s t  t h r e e  experiments l i s t e d  i n  t a b l e  2 w e r e  made w i t h  a convent ional  ca ta -  
l y s t  concent ra t ion  of 1.0 percent .  
Coal conversion was only 4 percent  h igher  than without  a c a t a l y s t ,  and asphal tene was 
t h e  p r i n c i p a l  l i q u e f a c t i o n  product. 
c a t a l y s t s .  With 1.0 percent  SnC12 a t  425O C ,  a high conversion of  88 percent  was ob- 
t a i n e d ,  b u t  the product  o i l  was high i n  asphal tenes .  The l a s t  experiment ,  which was 
made w i t h  SnCl2 a t  480' C ,  demonstrates  t h a t  a high c o a l  conversion and l o w  asphal tene 
y i e l d  a r e  obtained a t  convent ional  c o n d i t i o n s .  I t  a l s o  i l l u s t r a t e s  t h e  advantage of 

ZnClg a t  1.0 percent  w a s  a very poor c a t a l y s t .  

SnCl2 is one of  t h e  b e s t  of t h e  convent ional  
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lower temperature hydrogenat ion from t h e  s tandpoin t  of  hydrocarbon gas  production 
and consequent hydrogen consumption. 
c e n t  a s  compared t o  14 t o  17 p e r c e n t  a t  425O C w i t h  the most e f f e c t i v e  of t h e  h a l i d e  
c a t a l y s t s .  

Asphaltene Hydropenation Yie lds  

\ 

The hydrocarbon gas  y i e l d  a t  480' C w a s  26 p e r - \  

Experiments wi th  c o a l  and high concent ra t ions  o f  h a l i d e  c a t a l y s t s  showed these  
c a t a l y s t s  t o  be e f f e c t i v e  f o r  producing o i l s  low i n  asphal tene  when s t a r t i n g  with c o a l .  
Experiments with a primary asphal tene  and t h e  same c a t a l y s t s  were made t o  determine 
whether the  h a l i d e  c a t a l y s t s  were e q u a l l y  e f f e c t i v e  when t h e  s t a r t i n g  m a t e r i a l  was 
asphal tene .  Condi t ions used were 4,000 p s i ,  425' C ,  and 1 hour a t  temperature with 
a ca ta lys t - to-asphal tene  r a t io  of 1.0 by weight .  R e s u l t s  a r e  shown i n  t a b l e  3 along 

\ 

Table 3.- D i s t r i b u t i o n  of products  from t h e  .hydrogenation o f  a s p h a l t e n d '  
(50 grams a s p h a l t e n e ,  50 grams c a t a l y s t ,  5'4,000 p s i ,  425O C, 1 hour) 

Exp . 
No. C a t a l y s t  
15 None 
16 NiIg.6H20 
17 N i B r z  
18 ZnI2 
19 12 
20 Z n B r 2  

Y i e l d s ,  w t  p c t  of  mois ture- f ree  asphal tene  charged 
Acid 

Organic  Hydro- gases  
benzene Asphal- Heavy L i g h t  carbon and N e t  
i n s o l s .  t e n e  o i l  o i l  gases  CO water  

5 67 20 2 5 1 1 
7 1 37 43 10 1 3 
3 5 48 31 11 2 3 
6 2 22 50 14 3 4 
4 5 25 58 13 2 2 
8 2 20 57 10 1 3 

Percent  
r educ t ion  
of  i n s o l s .  

plus  
asphal tene 

22 
91 
91 
91 
90 
89 

21 ZnCla 4 7 31 37 14 1 4 88 
22 SnC12.2H20 6 10 50 21 8 1 0 83 
23 CdI2 4 14 63 18 7 <1 3 80 
24 FeI2.4H20 2 1  5 9 49 17 1 5 72 
25 SnIg 5 23 48 19 6 1 3 70 

- I /  

\ 

The asphal tene  feed composition was 0.9 p e r c e n t  mois ture ,  7.6 percent  organic  
benzene i n s o l u b l e s ,  83.6 p e r c e n t  a s p h a l t e n e ,  and 7.9 p e r c e n t  o i l  on a weight 
b a s i s .  
Does not  i n c l u d e  water of hydrat ion.  - a /  

with  r e s u l t s  obtained wi thout  a c a t a l y s t .  A l l  of  t h e  c a t a l y s t s  were very  e f f e c t i v e  \ 

f o r  asphal tene  r e d u c t i o n .  
ness is the e x t e n t  of  r e d u c t i o n  of both the  organic  benzene i n s o l u b l e s  and the asphal-  
tene.  
c e n t  without  a c a t a l y s t  and 7 0  t o  91 p e r c e n t  w i t h  c a t a l y s t s .  
obtained with SnI2 and FeI2. I n  the  experiment with Fe12, the y i e l d  of  asphal tene  
was low a t  5 p e r c e n t ,  b u t  t h e  y i e l d  of hydrocarbon gases  w a s  h i g h e s t  and a n  appre- 
c i a b l e  amount of i n s o l u b l e s  was produced, presumably by condensat ion r e a c t i o n s .  
formation of  u n d e s i r a b l e  s o l i d s  and gases  i s  i n d i c a t i v e  of an imbalance i n  cracking 
and hydrogenation a c t i v i t i e s  w i t h  FeI2. S i g n i f i c a n t  amounts o f  i n s o l u b l e s  were not  
formed i n  any of the o t h e r  experiments inc luding  t h e  experiment without  a c a t a l y s t .  

However, a more s i g n i f i c a n t  measure of  c a t a l y s t  e f f e c t i v e -  

A s  shown i n  t a b l e  3, reduct ion  o f  t h e s e  t w o  components o f  t h e  feed was 22 per-  
Lowest reduct ions  were 

The 

The e f f e c t s  o f  r e a c t i o n  v a r i a b l e s  on a s p h a l t e n e  hydrogenat ion y i e l d s  were invest11 
ga ted  b r i e f l y .  Using r e s u l t s  obtained w i t h  e q u a l  weights  o f  ZnC12 and asphal tene  a t  



1. 

c' 
.4,0 

1 15 0.0 4,000 425 60 5 67 20 2 5 22  
33 0.01 4,000 425 60 2 4 1  44 7 6 53 

35 2 .0  4,000 425 60 7 2 14 48 28 90 
34 0.5 4,000 425 60 4 7 52 26 11 88 

1 

of experiments which were made a t  2,000, 4,000, and 8,000 p s i ,  t h e  p r e s s u r e  dependence 

0 p s i  and 4 
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' C f o r  1 hour a s  a b a s i s  f o r  comparison, experiments were m,:de a t  

higher- and lower pressures ,  temperatures ,  and c a t a l y s t  concent ra t ions  and w i t h  longer 
,, and s h o r t e r  times a t  temperature. Resul t s  a r e  shown i n  t a b l e  4 .  I n  t h e  f i r s t  group 

Table 4 . -  Asphaltene hydrogenation y i e l d s  using ZnClp c a t a l y s t .  
E f f e c t s  of p r e s s u r e ,  temperature ,  t ime,  and ZnCl? concent ra t ion .  I' 

(50 grams of asphal tene)  

1' 
Yields ,  w t  p c t  of mois ture- f ree  Percent  

ZnClg- to-  asphal tene  charged reduc t . 
asphal .  Organic A s -  Hydro- of i n s o l s .  

~ E x p .  weight P r e s s . ,  Temp., Time, benzene pha l -  Heavy Light  carbon p l u s  
No. r a t i o  p s i  ' C min. i n s o l s .  t ene  o i l  o i l  gases  asph. 
26 1.0 2,000 425 60 5 9 2 9  39 13 83 
2 1  1.0 4,000 425 60 4 7 31 37 14 88 
27 1.0  8,000 425 60 2 3 45 34 15 95 



, 
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a c t i v i t y .  
concent ra t ion  of  s t r u c t u r a l  types more r e s i s t a n t  to hydrogenation progress ive ly  i n -  
c r e a s e d  i n  the s o l i d s  and heavy l i q u i d s  remaining. 

To some e x t e n t ,  i t  i s  a l s o  l i k e l y  t h a t  a s  hydrogenation progressed the  

\ 

The l a s t  group of experiments i n  t a b l e  4 shows t h e  e f f e c t  of increas ing  t h e  ca ta -  
l y s t - t o - a s p h a l t e n e  r a t i o  from 0.01 to  2 . 0 .  With a r a t i o  of. 0.01, reduct ion  of inso luble  
p l u s  asphal tene  was apprec iab le  a t  53 percent .  The reduct ion  reached a value of 88 \ 

p e r c e n t  w i t h  a . r a t i o  of 0 .5  and remained e s s e n t i a l l y  cons tan t  with f u r t h e r  increases  
t o  1.0 and 2.0 .  However, the  e x t e n t  of heavy o i l  conversion t o  l i g h t  o i l  continued 
t o  i n c r e a s e  with i n c r e a s i n g  c a t a l y s t  concent ra t ion .  The d a t a  from t h i s  group of ex- 
per iments  show t h a t  a l though the  depth of hydrogenation increased  over  t h e  e n t i r e  
range of  c a t a l y s t  c o n c e n t r a t i o n s  used, very h igh  concent ra t ions  may not  be necessary 
t o  o b t a i n  high conversions of asphal tene  t o  heavy o i l  i n  r e l a t i v e l y  s h o r t  reac t ion  
t imes.  

Composition of Hydrogenation Products  

\ 

Ultimate  ana lyses  of asphal tenes  and heavy o i l s  i n  t h e  products  of  s e v e r a l  as- 
The p r i n c i p a l  d i f f e r e n c e s  p h a l t e n e  hydrogenation. experiments a r e  shown i n  t a b l e  5 .  

Table 5.- 1 
asphal tene  hydrogenation 

(50 grams of a s p h a l t e n e ,  50 grams of c a t a l y s t ,  4,000 p s i ,  425' C ,  1 hour) 

Exp . Elemental composition, weight-percent 
No. C a t a l y s t  C H N S 0 ( d i f f . )  

Asphaltene 

20 ZnBr2  89.0 5.8 1.0 - - 
21 ZnCl2 91.2 6.0 0.6 0.2 2 .o 
22 SnC12.2H20 89.9 6.7 0 . 9  0.1 2.4 

Heavy O i l  \ 

16 Ni12.6H20 8 9 . 1  10.9 0.0 0.05 0.0 
20 ZnBra 89.7 9.7 0.3 0.05 0.25 
2 1  ZnCl2 90.3 8.5 0 .3  0.1 0.8  
22 SnC12.2H20 88.1 8 .8  0.05 . 0.1 2.95 

between t h e  compositions of the r e s i d u a l  asphal tenes  and the  asphal tene  feed was the  
lower n i t rogen  and s u l f u r  conten ts  of the  unconverted asphal tenes .  
t a i n e d  apprec iab ly  more hydrogen than the  feed  and much l e s s  n i t r o g e n  and s u l f u r .  
Percentages  of oxygen v a r i e d  cons iderably .  
ence ,  t h e i r  va lues  a r e  n o t  h i g h l y  meaningful. 

Heavy o i l s  con- 

As oxygen determinat ions were by d i f f e r -  

Ult imate  and f l u o r e s c e n t  i n d i c a t o r  adsorp t ion  (FIA)  analyses  of l i g h t  o i l s  pro- 
duced i n  s e v e r a l  experiments  w i t h  both c o a l  and asphal tene  are presented i n  tab le  6. 
A l l  o f  t h e  o i l s  conta ined  less than 0 .1  p e r c e n t  each of n i t rogen  and s u l f u r .  Con- 
s i d e r i n g  the  high a r o m a t i c i t y  o f  t h e  c o a l  from which the  o i l s  were produced, t h e i r  
a romat ics  conten ts  of about 17 t o  36 percent  by volume were s u r p r i s i n g l y  low. The 
aromatics  and s a t u r a t e s  f r a c t i o n s  of  the  l i g h t  o i l s  produced i n  c o a l  experiments with 
ZnBrz and ZnClz were analyzed completely by gas- l iqu id  chromatography. More than 
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Table 6.- Analyses of l i g h t  o i l s  from coal  and asphal tene  hydrogenation 

I (50 grams coa l  o r  asphal tene ,  50 grams c a t a l y s t ,  4,000 p s i ,  425O C ,  1 hour) 

N 

Exp . 
No. C a t a l y s t  - 2 Ni12.6H20 
16 NiI2.6H20 

6 ZnBr2 
20 .ZnBr2 

7 ZnC12 
2 1  ZnC12 

FIA a n a l y s i s ,  vo l  p c t  

Aro-  
mat ics  

Elemental composi,tion, w t  p c t  and oxy- S a t u r -  
Feed C H N S 0 ( d i f f . )  genates  a t e s  

Coal 86.7 13.2 0.0 cO.1 0.0 20.9 78.6 
Asph. 86.5 13.3 0.0 <0.1 0.2 17.4 82.5 
Coal 87.2 12.7 <0.1 CO.1 0.0 30.9 68.6 
Asph. 86.5 12.7 0.0 <0.1 0.8 30.7 69.0 
Coal 8 7 . 1  12.7 <0.1 <0.1 0.1 32.8 66.8 
Asph. 86.6 12.2 <0.1 <0.1 1.1 35.6 64.0 

Ole- 
f i n s  

0 .5  
0.1 
0.5 
0.3 
0.4 
0.4 

90 percent  of  the  o i l s  cons is ted  of compounds having b o i l i n g  p o i n t s  under 200° C .  
s a t u r a t e s  were mainly p a r a f f i n s ,  b u t  the  r a t i o  of iso-to-normal p a r a f f i n s  was about 
9 t o  1 i n  both o i l s .  T o t a l  c y c l i c s  (aromatics  and naphthenes) amounted t o  about 47 

f o r  nuc lear  hydrogenation and r i n g  opening r e a c t i o n s .  

The 

’ percent .  These ana lyses  c l e a r l y  i n d i c a t e  t h a t  t h e  h a l i d e  c a t a l y s t s  a r e  h i g h l y  a c t i v e  

Light  o i l s  produced from c o a l  and from asphal tene  using the same c a t a l y s t  d i f -  
fe red  i n  composition by only s m a l l  amuunts. The d i f f e r e n c e s  a r e  probably w i t h i n  the 
l i m i t s  of  the r e p r o d u c i b i l i t y  of  experiments and the  a n a l y t i c a l  accuracy.  This s i m i -  
l a r i t y  o f  compositions provides  a d d i t i o n a l  evidence i n  support  of the premise t h a t  a s -  
phal tene i s  a p r i n c i p a l  in te rmedia te  i n  t h e  hydrogenation of coa l  to  o i l .  

Elemental balances were made f o r  t h e  experiment wi th  ZnCle and asphal tene .  The 
amounts of  n i t r o g e n ,  s u l f u r ,  and oxygen e l imina ted  were found ta be 90, 80, and 68 p e r -  
c e n t ,  respec t ive ly .  
charged. 

Hydrogen consumption w a s  4 . 5  percent  by weight of asphal tene  

P r a c t i c a l  U t i l i z a t i o n  of  High Concentrat ions of Hal ide  C a t a l y s t s  

Process  advantages t h a t  apparent ly  would be achieved by using high concent ra t ions  
of h a l i d e  c a t a l y s t s  inc lude  opera t ion  a t  lower p r e s s u r e  and temperature and product ion 
of less hydrocarbon gas wi th  a r e s u l t a n t  decrease  i n  hydrogen consumption. 
technica l  and economic problems t h a t  would be expected i n  commercial-scale coa l  hydro- 
genat ion a r e  cor ros ion  problems and problems a s s o c i a t e d  wi th  economic recovery  and 
regenerat ion of  t h e  c a t a l y s t .  

Ser ious ‘ 

Of t h e  t e n  h a l i d e s  used i n  t h i s  s tudy ,  only N i I 2 ,  N i B r 2 ,  Fe12, and Zn12 have 
melting poin ts  above 425O C and could be used a s  components of so l id-phase  c a t a l y s t s . .  
Iodine would be a vapor ,  whi le  the  remaining c a t a l y s t s  would b e  l i q u i d s .  I n  a process ,  
t h e  use of gaseous o r  l i q u i d  c a t a l y s t s  would n e c e s s i t a t e  continuous feeding  and with- 
drawal of  such c a t a l y s t s .  I n  t h e  preserice of  t h e  amounts of hydrogen, hydrogen s u l -  
f i d e ,  and water  t h a t  would be expected a t  c o a l  hydrogenation c o n d i t i o n s ,  reduct ion  of 
the  metal  h a l i d e  c a t a l y s t s  t o  the corresponding meta ls  and conversions t o  oxides  and 
s u l f i d e s  a r e  p o t e n t i a l  c a t a l y s t  consuming r e a c t i o n s .  Avai lab le  f r e e  energy d a t a  f o r  
these reac t ions  i n d i c a t e  t h a t  t h e  metal  h a l i d e  is the  thermodynamically favored form 
i n  each ins tance  i n  t h e  absence of an organic  l i q u i d  phase. The h a l i d e s  may a l s o  r e a c t  
wi th  ammonia t o  form complexes such a s  those  formed w i t h  ZnClg dur ing  c o a l  e x t r  c t  
hydrogenation,g’ o r  they may i n t e r a c t  wi th  and be r e t a i n e d  i n  t h e  product  oil.%’ Some 
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of  the c a t a l y s t  r e a c t i o n s  might poss ib ly  be avoided through the  u s e  of scavengers 
o r  by  o ther  c o n t r o l s  of  t h e  p a r t i a l  p ressures  of gaseous r e a c t a n t s  and products .  
The a d d i t i o n  of a metal o r  oxide t h a t  p r e f e r e n t i a l l y  r e a c t s  w i t h  hydrogen s u l f i d e  
might prevent c a t a l y s t  loss  through s u l f i d i n g  r e a c t i o n s ,  w h i l e  r e a c t i o n  of a h a l i d e  
c a t a l y s t  with hydrogen might be suppressed by adding a small  amount of the cor res -  
ponding hydrogen h a l i d e  t o  the  feed gas. 
p r e s e n t l y  not known. 

The p r a c t i c a b i l i t y  of such measures i s  

\ 

, SUMMARY 

Iodine  and h a l i d e s  of N i ,  Zn, Sn, Cd, and F e y  when used a s  c a t a l y s t s  i n  high 
~ 

concent ra t ion  a t  4,000 p s i  and 425' C ,  were found t o  be very e f f e c t i v e  f o r  hydrogen- 
a t i n g  bituminous c o a l  t o  o i l s  conta in ing  only  smal l  amounts of  asphal tene ,  When the 
feed m a t e r i a l  was an a s p h a l t e n e  produced by mild hydrogenat ion of the  same c o a l ,  these 
c a t a l y s t s  were e q u a l l y  e f f e c t i v e  f o r  convert ing the asphal tene  t o  o i l .  Low-boiling 
o i l s  produced from b o t h  c o a l  and asphal tene  were very  s i m i l a r  i n  composition. These 
d a t a  show t h a t  t h e  h a l i d e s  used a r e  h ighly  s e l e c t i v e  f o r  hydrogenating asphal tene t o  
o i l .  This  is  t h e  slow and r a t e - c o n t r o l l i n g  s t e p  when hydrogenating c o a l  i n  the  pre- 
sence of convent ional  c a t a l y s t s .  A pressure  of 3,500 p s i  o r  h igher  and a temperature 
of a t  l e a s t  45OoC a r e  requi red  i n  convent ional  c o a l  hydrogenat ion t o  reach low l e v e l s  
of  asphal tene product ion  i n  r e l a t i v e l y  s h o r t  r e a c t i o n  t i m e s .  
of ZnCln, asphal tene  hydrogenat ion t o  o i l  was r e a d i l y  accomplished i n  t h i s  study a t  
2,000 p s i  and 425' C and a l s o  a t  4,000 p s i  and 400' C .  
h i g h  concent ra t ion  o f f e r  some process  advantages,  t h e i r  p r a c t i c a l  u t i l i z a t i o n  w i l l  
r e q u i r e  e f f i c i e n t  and low-cost recovery and regenera t ion  of the  c a t a l y s t s .  

With h i g h  concentrat ions 

Although h a l i d e  c a t a l y s t s  i n  
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Hydrogenation of  Coal to Liquids  on Fixed Beds 

of  S i l i c a  Promoted Cobalt Molybdate C a t a l y s t  
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P i t t s b u r g h ,  Pennsylvania 15213 

INTRODUCTION 

The e s s e n t i a l  s t e p s  i n  t h e  conversion o f  c o a l  t o  l i q u i d  f u e l s  a r e  c o a l  lique- 
f a c t i o n ,  ash  removal, and processing of  t h e  de-ashed l i q u i d  f o r  the removal of S ,  
N, and 0,  conversion of asphal tenes  t o  o i l  a d d i t i o n  of H, cracking ,  and i f  the  
o b j e c t i v e  is  gasol ine ,  octane improvemend.  I n  p r a c t i c e ,  t h e  func t ions  of  t h e  
process  s teps '  may overlap.  Thus, c e r t a i n  methods of  c o a l  l i q u e f a c t i o n  a r e  accom- 

moval of t h e  heteroatoms. The c o s t  and complexi t ies  of process ing  the de-ashed 
l i q u i d  depend on i t s  composition and, t h e r e f o r e ,  on the  method of c o a l  l iquefac t ion .  
The p r e s e n t  work descr ibes  the  hydrogenation o f  s l u r r i e s  of c o a l  i n  high-temperature 
t a r  t o  a l i q u i d  of low asphal tenes ,  S ,  N, and 0 content  on f i x e d  beds of  p e l l e t t e d  

I panied by considerable  conversion of asphal tenes  t o  o i l ,  cracking,  and p a r t i a l  re- 

1 c o b a l t  molybdate c a t a l y s t  i n  s i n g l e  pass  experiments. 

EXPERIMENTAL t ,  I P l a n t  and Procedure 

F igure  1 i s  a flow diagram of  t h e  hydrogenation p l a n t .  The combined stream of  
hydrogen and mixtures of  c o a l  and high-temperature tar  passed through a prehea ter  
before  e n t e r i n g  the  packed bed r e a c t o r  which was a n  11-foot long s t a i n l e s s  steel 
tube o f  3-inch i d .  The gases  and l i q u i d s  leaving the  reactor were l e d  through a 
r e c e i v e r  f o r  l i q u i d  products  which w a s  f i t t e d  w i t h  a water-cooled condenser i n  i t s  
upper p a r t .  The heavy l i q u i d s  and c o a l  r e s i d u e s  were c o l l e c t e d  i n  this  v e s s e l  from 
where they were i n t e r m i t t e n t l y  discharged i n t o  a secondary vessel a t  atmospheric 
pressure .  
through a second condenser to l i q u e f y  the  l i g h t e r  ends o f  t h e  l i q u i d  products .  The 
l i g h t e r  l i q u i d  products  were c o l l e c t e d  i n  a second r e c e i v e r ,  and t h e  gas  s t ream w a s  
reduced t o  atmospheric pressure ,  metered, and f l a r e d .  

The gases  and vapors leav ing  t h e  r e c e i v e r  f o r  heavy f i q u i d s  were passed 

As a precaut ion a g a i n s t  runaway temperatures ,  the s l u r r y  was f i r s t  introduced 
i n t o  t h e  r e a c t o r  a t  350° C and t h e  i n c i p i e n t  h y p e r a c t i v i t y  o f  t h e  c a t a l y s t  was a l -  
lowed t o  subside before  the  r e a c t o r  w a s  r a i s e d  t o  h igher  temperatures. The heat ing 
r a t e  w a s  se t  a t  about  10' C p e r  hour ,  and a f t e r  t h e  r e a c t o r  had been heated t o  the 
d e s i r e d  temperature, t h e  p l a n t  was operated f o r  a nondata per iod  o f  2 hours  t o  en- 
sure s teady  condi t ions .  
the  p l a n t  was allowed 2-3 hours  of  e q u i l i b r a t i o n  t i m e .  

S i m i l a r l y ,  whenever any of  the  process  v a r i a b l e s  w a s  changed, I -  
I 

The charge weight of  c a t a l y s t  was 31 pounds, and t h e  paste feed r a t e  w a s  10 lb /hr  
which i s  equiva len t  t o  a throughput of 20  lb /hr /cu  f t  o f  empty r e a c t o r .  
was introduced a t  a r a t e  of 500 cu f t / h r .  
batches o f  50 pounds and analyzed by convent ionai  methods. Gases were analyzed by 
gas-so l id  chromatography. The conversion o f  organic  benzene i n s o l u b l e s  t o  benzene 
s o l u b l e s  2nd gases  was computed from the t o t a l  organic  benzene i n s o l u b l e s  i n  the 
feed (maf coa l  + organic  benzene i n s o l u b l e s  from tar) and t h e  organic  benzene i n -  
s o l u b l e s  i n  the  l i q u i d  products .  To determine t h e  conversion o f  maf c o a l ,  the  con- 
v e r s i o n  of organic  benzene i n s o l u b l e s  from t a r  under i d e n t i c a l  experimental  condi- 
t i o n s  should be known s e p a r a t e l y .  The la t ter  information is a v a i l a b l e  f o r  only one 

Hydrogen 
' The l i q u i d  products  were c o l l e c t e d  i n  

set of temperature and p r e s s u r e ,  namely 425" C and 4,000 psi- 2 /  . 
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Materia  Is --. 
\ 

Technical  d a t a  f o r  t h e  commercial s i l i c a  promoted c o b a l t  molybdate c a t a l y s t  
employed i n  t h i s  work a r e  presented  i n  t a b l e  1, and the  ana lyses  f o r  c o a l s  and high- 
temperature t a r s  a r e  given i n  t a b l e s  2 and 3 r e s p e c t i v e l y .  The t h r e e  l o t s  of coa l  
d i f f e r e d  c h i e f l y  i n  ash c o n t e n t :  
c e n t  ash  i n  l o t  #2 c o a l ,  and 11.1 percent  a s h  i n  l o t  #3 c o a l .  The two l o t s  of  t a r  
d i f f e r e d  i n  ash c o n t e n t ,  o i l  d i s t i l l a b l e  below 355' C ,  and v i s c o s i t y .  
t e r  than 98.5 percent  p u r i t y  was prepared by c a t a l y t i c  reforming of n a t u r a l  gas .  

l o t  #1 c o a l  had 4.7 percent  a s h  compared t o  7.0 p e r -  

Hydrogen of b e t -  

RESULTS AND DISCUSSIONS \ 

I n  view of t h e  s c a l e  of t h e  experiments ,  i t  was not  p r a c t i c a b l e  t o  i n v e s t i g a t e  
the  i n f l u e n c e  of every change i n  each process  v a r i a b l e  wi th  a f r e s h  bed of  c a t a l y s t .  
It was therefore  decided t o  s tudy the changes i n  one v a r i a b l e  on one bed and t o  cor-  -F 

r e c t  t h e  r e s u l t s  by e m p i r i c a l l y  determined f a c t o r s  f o r  c a t a l y s t  d e - a c t i v a t i o n  before  
comparing them. Thus, t h e  inf luence  of  changes i n  s l u r r y  composition was 
one bed, t h a t  of changes i n  temperature  on another  bed, and the inf luence  
i n  p r e s s u r e  on a t h i r d  bed. The s p e c i f i c a t i o n s  f o r  t h e  t h r e e  experiments 
fol lows:  

1: Inf luence  of s l u r r y  composition. 

Temperature: 425' C ]  constant 
Pressure:  4,000 p s i  

S l u r r y  composi t ion,  w t  pc t :  a .  20 c o a l  - 80 t a r  
,b. 30 c o a l  - 70 t a r  
c .  40 c o a l  - 60 t a r  

2 .  Inf luence  of temperature .  

S l u r r y  composi t ion,  w t  p c t :  30 c o a l -  70 
Pressure:  4,000 p s i  

Temperature: 450° C 
/ 460' C 

470' C 

3.  Inf luence  of  p r e s s u r e .  

cons tan t  I S l u r r y  composi t ion,  w t  p c t :  30 c o a l  - 70 tar 
Temperature: 425O C 

Pressure:  a .  4,000 p s i  
b. 3,000 p s i  
c.  2,000 p s i  
d. 1,000 p s i  

s tudied on 
of changes 
were a s  

C a t a l y s t  De-ac t iva t ion  

Batchwise a n a l y s i s  o f  the  l i q u i d  products  from these  experiments revealed t h a t  
under f i x e d  experimental  c o n d i t i o n s  t h e  s p e c i f i c  g r a v i t y  of the  l i q u i d  products  and 
t h e i r  composition i n  terms of  organic  benzene i n s o l u b l e s ,  asphal tenes ,  o i l ,  I?, R, 
and S were approximately c o n s t a n t  over the d u r a t i o n  of t h e  experiment. The r a t e  of 
c a t a l y s t  d e - a c t i v a t i o n  v i s - a - v i s  t h e s e  p r o p e r t i e s  of the l i q u i d  products  thus appears 
t o  be n e g l i g i b l e  and the r e s u l t s  from success ive  hydrogenations under d i f f e r e n t  ex- 
per imenta l  condi t ions  may be compared without  any c o r r e c t i o n  f o r  c a t a l y s t  de-activa- 
t i o n .  The da ta  f o r  a few s e l e c t e d  parameters a r e  p l o t t e d  a g a i n s t  t i m e  i n  f igures  2-4: 
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Table 1.- Technical dataL/ for silica promoted 
cobalt molybdate catalyst 

Chemical composition, wt pct 

coo ....... 3 
Moos.. ..... 15 
si02 ...... 5 
A1203 ..... support 

Physical Droperties 

Bulk density, lb/cu ft ............. 60 
Surface area, m2/g .. .;. ............ 200 

Pore diameter (average), A ......... 100 . Pore volume to 10,000 A,cc/g ....... 0 . 4  

Size and form ............ 118 inch x 118 inch tablets 
L/ Supplied by the manufacturers. 

I 

Table 2.- Ultimate analysis of hvab Pittsburgh 
coal .-I weight-percent 

' Lot I 1  Lot 112 Lot 13 
As recd. rnaf .As recd. rnaf A s  recd. maf _ -  

Moisture ............. 0.6 1.3 0 . 8  
Ash .................. 4.7 7 .O 11.1 

Hydrogen ............. 5 .4  5.7 5.2 5.7 4 . 9  5.6 
Nitrogen .............. 1.6 1.7 1.5 1.6 1.4 1.6 
Sulfur ............... 1.2 1.3 1.6 1.7 1 .3  1.5 
Oxygen (by diff.) .... 6.7 7 .O 6.2 6.8 7.0 7.9 

- I /  

Carbon ............... 79.8 84 .3  77.2 84.2 7 3 . 5  83 .4  

- 
70 percent through U.S. Standard sieve 200. 
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Table 3 . -  Inspection data for high-temperature tar  

L o t  'A' L o t  . 'B' 

Solvent a n a l y s i s ,  w t  pct  

Benzene insolubles  ...... 
Asphaltenes ............. 
O i l  ..................... 

U l t i m a t e  a n a l y s i s ,  w t  pct  

Carbon .................. 
Hydrogen ................ 
Nitrogen ................ 
Sulfur .................. 
Oxygen (by. difference)  . . 

Ash, w t  p c t  ........... ;...... 
AWPA d i s t i l l a t i o n ,  w t  pct  

325O C .................. 
3 2 5 O  - 3 5 5 O  C ........... 

V i s c o s i t y ,  ssf a t  180' F .................... 

13 .5  
34.7 
51.8 

92.2  
5.1 
1.1 
0 . 8  
0.8 

d.1 

2 . 9  
11.1 

389 

14 .O 
39.6  
46 .4  

9 2 . 3  
4 . 9  
1.2 
0 . 6  
1.0 

0.7  

0.0 
0.1 
.. - 

500. 
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The hours  on stream f o r  a batch p l o t t e d  i n  these  f i g u r e s  a r e  computed f o r  t h e  point  
of .time midway i n  the batch.  

, 

/ 
An a d d i t i o n a l  check on the  s t a b i l i t y  of the  c a t a l y s t ' s  a c t i v i t y  was conducted 

.whi le  i n v e s t i g a t i n g  t h e  inf luence  o f  pressure .  A f t e r  150 hours of  experiments a t  
the  s e r i e s  of pressures  4,000-1,000 p s i ,  t h e  p l a n t  pressure  was r e s t o r e d  t o  4,000 p s i  
and the hydrogenation continued f o r  29 hours. The batchwise inspec t ion  d a t a  of  the 
l i q u i d  products  from t h i s  per iod f o r  organic  benzene i n s o l u b l e s ,  asphal tenes ,  and 
s p e c i f i c  g r a v i t y  a r e  g iven  i n  f i g u r e  4, and the  average a n a l y s i s  of the  l i q u i d  pro- 
duc ts  i s  compared wi th  t h e  average a n a l y s i s  of  t h e  l i q u i d  products  from the  e a r l i e r  
per iod of  hydrogenation a t  4,000 p s i  i n  t a b l e  4. 
t h e  two per iods  i s  w i t h i n  experimental e r r o r .  
measurable loss i n  t h e  c a t a l y s t ' s  a c t i v i t y  wi th  r e s p e c t  t o  t h e  y i e l d  of o i l  bo i l ing  
below 355' C: t h e  average y i e l d  decreased from 53 percent  by weight of  the feed t o  
37 percent  in  139.5 hours-- the t i m e  i n t e r v a l  between t h e  midpoints of  the two per iods 
of  experiment a t  4,000 p s i .  To allow f o r  c a t a l y s t  de-ac t iva t ion ,  the  a c t u a l  y i e l d s  
i n  experiments a t  425' C may therefore  be cor rec ted  according t o  t h e  fol lowing equa- 
t i o n  before  comparison: 

' 

The agreement i n  t h e  r e s u l t s  f o r  
The experiment however revea led  a 1 

, 

Corrected y i e l d  = Actual  y i e l d  (1 + 0.0031 x hours  on s t ream).  

Table 4.- Average a n a l y s i s  of l t q u i d  products 
a t  4,000 p s i  and 425' C 

t 1st per iod  2nd per iod  

Hour on s t ream .................... 0 - 50.5 150.5 - 179 I 

Solvent  a n a l y s i s .  w t  p c t  I 

Organic benzene i n s o l u b l e s  .... 7.1 7.1 
I 
1' 

Asphaltenes .............. 12.3 14.2- 
O i l  ................. 77.1 75.2 

Ash ............ 3.5 3.6 
/ 

U l t i m a t e  a n a l y s i s ,  w t  p c t  (ash- f ree  b a s i s )  

Carbon ........................ 88.5 88.3 
Hydrogen ....................... 8 . 3  8.1 
Nitrogen ...................... 0.4 0.5 
S u l f u r  ........................ 0.3 0.3 
Oxygen (by d i f f e r e n c e  ) ....... 2.5 2.9 

Inf luence  of  S l u r r y  Composition 

The inf luence  of s l u r r y  composition on the  parameters o f  i n t e r e s t  is shown i n  
f i g u r e  5. A t  425' C and 4,000 p s i ,  approximately 74 p e r c e c t  of the combined organic 
benzene i n s o l u b l e s  from c o a l  and tar  was converted t o  benzene s o l u b l e s  or gases ,  and 
t h e  conversion was independent of  s l u r r y  composition i n  the  range 20-40 w t  p c t  coa l .  
This  corresponds t o  an average conversion of  about  81 percent  maf c o a l .  The concen- 
t r a t i o n  of r e s i d u a l  organic  benzene i n s o l u b l e s  and asphal tenes  i n  t h e  l i q u i d  products 
increased l i n e a r l y  with i n c r e a s e  o f  coa l  concent ra t ion  i n  t h e  feed and, correspoad- 
i n g l y ,  the concent ra t ion  of o i l  decreased.  A s  t h e  c o a l  concent ra t ion  increased  from 
20 to 40 percent  i n  t h e  f e e d ,  t h e  concent ra t ion  both of organic  benzene inso lubles  
and asphal tenes  i n  t h e  l i q u i d  products  increased  by about  50 percent ,  from 8.4 percent  
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t o  12.7 percent  and from 11.0 percent  t o  17.2 percent  r e s p e c t i v e l y .  
c e n t r a t i o n  decreased from 80 t o  68 percent .  

The o i l  con- 

Ult imate  a n a l y s i s  o f  the  l i q u i d  products  revealed t h a t  the r e s i d u a l  concentra-  
. t i o n  of S ,  0.2 percent ,  was only nominally a f f e c t e d  by increase  i n  coa l  concentra-  

t i o n ,  but  the  concent ra t ion  of N increased  s h a r p l y  from 0.3 t o  0.7 percent  a s  the  
c o a l  concent ra t ion  i n c r e a s e d  from 20 t o  40 percent .  For t h e  same change i n  c o a l  
concent ra t ion ,  the  H conten t  of t h e  l i q u i d  products  decreased from 8.5 t o  7.8 per-  
c e n t .  - 

The y i e l d  of o i l  b o i l i n g  below 355" C was h i g h e s t  a t  30 percent  coa l  concentra-  
t i o n :  the  cor rec ted  y i e l d  amounted t o  47 percent  by weight  o f  the  feed compared t o  
37 percent  a t  both 20 p e r c e n t  and 40 percent  c o a l  concent ra t ions .  The shape of t h e  
y i e l d  curve i n  f i g u r e  5 i s  of  course  a r b i t r a r y  in-so- far  as the  p r e c i s e  l o c a t i o n  of  
t h e  maxima i s  concerned. 

The y i e l d  of  t o t a l  l i q u i d  products  and gaseous hydrocarbons, 95 percent  and 
about  1 . 5  percent  of t h e  p a s t e  feed r e s p e c t i v e l y ,  were independent of s l u r r y  com- 
p o s i t i o n .  

Inf luence  of temperature  

The inf luence  o f  temperature  on the hydrogenat ion of 30 weight-percent coa.1 
s l u r r y  a t  4,000 p s i  i s  shown i n  f i g u r e  6 .  
vious  experiment. 

The r e s u l t s  f o r  425' C a r e  from the  p r e -  
The conversion of  organic  benzene i n s o l u b l e s  a t  450' C was the  

same a s  a t  425' C--about 75 percent--but  decreased t o  65 p e r c e n t  a t  460' C and 55 p e r -  
c e n t  a t  470' C .  
s i m i l a r  p a t t e r n  of i n f l u e n c e  o f  temperature .  
and 450' C d i f f e r e d  o n l y  margina l ly ,  but the  ana lyses  of the products  a t  460' C and 
470' C were markedly d i f f e r e n t .  
p h a l t e n e s ,  S ,  and N increased  r a p i d l y  w i t h  temperature above 450' C and t h e  concen- 
t r a t i o n  of o i l  and H decreased.  
38 percent  by weight of the  feed a t  425' C t o  29 percent  a t  470° C .  

The s o l v e n t  and u l t i m a t e  ana lyses  of the  l i q u i d  products  showed a 
The ana lyses  of t h e  products  a t  425' C 

The concent ra t ion  of organic  benzene i n s o l u b l e s ,  as-  

The y i e l d  of  oil b o i l i n g  below 355' C decreased from 

- 

Another u n d e s i r a b l e  i n f l u e n c e  of i n c r e a s e  i n  r e a c t i o n  temperature was an in-  
o r d i n a t e  increase  i n  t h e  y i e l d  of gaseous hydrocarbons--from about 1.5 percent  of 
the p a s t e  feed a t  425' C t o  9.2 p e r c e n t  a t  450' C. S ince  t h e  o b j e c t i v e  of this  pro- 
gram c a l l s  f o r  maximizing t h e  y i e l d  of l i q u i d  products ,  t h e  gaseous hydrocarbons 
r e p r e s e n t  a was te fu l  consumption of  HB. 
and 470' C were 7.8 and 5.7 p e r c e n t  of the paste feed r e s p e c t i v e l y .  Thus, i n  the 
range o f  temperature 425'-410° C ,  t h e  y i e l d  of  gaseous hydrocarbons appears t o  be 
maximum a t  450' C .  

The y i e l d s  of gaseous hydrocarbons a t  460' C 

The y i e l d  of  t o t a l  l i q u i d  products  w a s  95 percent  by weight  of the feed a t  425' C ,  
90 percent  a t  450' C ,  and 93 p e r c e n t  each a t  460' C and 470' C. 

In f luence  of P r e s s u r e  

The inf luence  of  p r e s s u r e  on t h e  hydrogenation of 30 w t  p c t  c o a l  s l u r r y  a t  425' c 
i n  t h e  range of  1,000-4,000 p s i  is  shown i n  f i g u r e  7 .  
zene inso lubles  even a t  the lowest  p r e s s u r e  of  1,000 p s i  was 55 percent ,  and increased 
w i t h  p r e s s u r e  to  74 p e r c e n t  a t  2,000 p s i ,  and 79 percent  a t  3,000 p s i .  The conversion 
a t  4,000 p s i ,  8 1  p e r c e n t ,  was only nominally d i f f e r e n t  from t h a t  a t  3,000 p s i .  
i n s o f a r  a s  t h e  convers ion  of organic  benzene i n s o l u b l e s  is concerned , the  advantage 
in o p e r a t i n g  above 2,000 p s i  i s  nominal. 
of the  l i q u i d  products  and the f i g u r e s  f o r  t h e  y i e l d  o f  o i l  b o i l i n g  below 355' C show 
s u b s t a n t i a l  improvement i n  the q u a l i t y  o f  the l i q u i d  products  between 2,000 and 4,000 P S I .  

The conversion of organic  ben- 

Thus, 

However, the  s o l v e n t  and u l t i m a t e  ana lyses  

. .  
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the  conccnt ra t ion  of asphalLenes decreased from 24.9 pcrcenL E t  2,000 p s i  t o  12.3 per- 
cen t  a t  4,000 p s i ,  the coriccntration of N decreased from 0.8 pcrcent  t o  0.4 percent ,  
t h e  H content  of the l i q u i d  products increased from 6.9 percent  to  8 .3  p e r c e n t ,  and 
the cor rec ted  y i e l d  of o i l  b o i l i n g  below 355' C increased from 38 percent  t o  57 per- 
c e n t .  Tndeed, the H cont rn t  of the  l i q u i d  products and the  y i e l d  of  o i l  b o i l i n g  below 
355O C appear t o  be increasing a t  s i g n i f i c a n t  enough r a t e s  near  the  upper l i m i t  of 
our pressure  range t h a t  some i n v e s t i g a t i o n  a t  p ressures  h igher  than 4,000 p s i  may be 
p r o f i t a b l e .  

I t  may be noted t h a t  the removal of S i s  independent od pressure:  t h e  r e s i d u a l  
concent ra t ion  of S i n  t h e  l i q u i d  products  was e s s e n t i a l l y  cons tan t  a t  about 0.2-0.3 per- 
c e n t  over the  range of 1,000 t o  4,000 p s i .  
pendent. 
with increase  i n  pressure ,  from 1.0 percent  a t  1,000 p s i  t o  0 . 4  percent  a t  4,000 ps i .  

about 3 percent  of the p a s t e  feed r e s p e c t i v e l y ,  were independent of pressure .  

Throughout the  s e r i e s  of experiments descr ibed i n  the  present  work, the  mater ia l  

The removal of N ,  however, is  pressure  de- 
The r e s i d u a l  concent ra t ion  of N i n  t h e  l i q u i d  products  decreased l i n e a r l y  

/The y i e l d s  of t o t a l  l i q u i d  products  and gaseous hydrocarbons, 95-98 percent  and 

balance was 95-98 percent ,  and ash  recovery was e s s e n t i a l l y  q u a n t i t a t i v e .  

Inf luence of Ash 

I n  the  course of the  i n v e s t i g a t i o n s  descr ibed  above, the hydrogenation of 30 wt 
p c t  coal  s l u r r y  a t  425' C and 4,000 p s i  was conducted twice: 
gat ion of  the inf luence  of s l u r r y  composition, and aga in  during the i n v e s t i g a t i o n  of 
t h e  inf luence of pressure .  We w i l l  c a l l  the  former run A and the  l a t t e r  run B .  A 
comparison of the r e s u l t s  of the  two runs--for  convenience brought toge ther  i n  tab le  5-- 
shows t h a t  the  conversion of organic  benzene i n s o l u b l e s  and t h e  y i e l d  of oil boi l ing  
below 355' C was higher i n  run B than i n  run A.  We b e l i e v e  t h i s  d i f f e r e n c e  i s  due t o  
the  higher  ash content  of  the c o a l  and t a r  employed i n  r u n  B compared t o  the ash con- 
t e n t  of the coa l  and t a r  employed i n  run  A.  
l o t  1 3  which had 11.1 percent  a s h ,  and the t a r  came from l o t  B which had 0.7 percent  
ash.  For run A ,  the  coa l  had come from l o t  8 1  which had 4.7 percent  ash ,  and t a r  
from l o t  A which had cO.1 percent  ash .  
c e n t  o r  more Fe, a convent ional  c a t a l y s t  f o r  the  conversion of  coa l  t o  l i q u i d s .  I n  
a d d i t i o n ,  the  ash  has been repor ted  t o  conta in  Sn, Pin, and o t h e r  t r a n s i t i o n  elements 
known t o  have c a t a l y t i c  a c t i v i t y  i n  the hydrogenation of  c o a l  ( 3 ) .  

f i r s t  during t h e  i n v e s t i -  

I n  run B ,  t h e  c o a l  employed came from 

Ash from hvab P i t t s b u r g h  C 0 3 1  conta ins  10 per- 

CONCLUSIONS 

S l u r r i e s  of coa l  i n  high-temperature t a r  can b e  hydrogenated on f ixed  beds of 
p e l l e t t e d  c o b a l t  molybdate S a t a l y s t .  The concent ra t ion  of  o i l  i n  the  l i q u i d  products 
decreased a s  the  concentrat ion of c o a l  i n  the  feed increased from 20 t o  40  percent .  
I n  the range of temperature 425O C-470' C and pressure  1,000-4,000 p s i ,  hydrogenation 
of 30 w t  p c t  c o a l  s l u r r y  proceeded most favorably a t  425O C and 4,000 p s i .  Under 
these condi t ions ,  91 percent  of  maf c o a l  was converted t o  l i q u i d s  and g a s e s ,  wi th  
t h e  y i e l d  of l i q u i d  products amounting t o  96 percent  of the  p a s t e  feed. 
77 percent  of the l i q u i d  products  was o i l ,  7 percent  organic  benzene i n s o l u b l e s ,  12 per-  
c e n t  asphal tenes ,  and the balance ash .  
0.4 percent  N ,  and 0.3 percent  S on an ash- f ree  b a s i s .  
i n g  below 355' C was 53 percent  by weight of the  feed.  

Approximately 

The l i q u i d  products  contained 8.3 percent  H ,  
The i n i t i a l  y i e l d  of o i l  bo i l -  

1. 

2 .  
3.  
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Table 5.- In f luence  of a sh  on the  hydrogenation of 
c o a l  s l u r r y  i n  high-temperature t a r  

Run A 
(low ash) 

Conversion of organic  benzene ....... 74 
i n s o l u b l e s ,  w t  p c t  ................ 74 

Conversion of maf c o a l ,  w t  p c t  ...... 8 1  

Solvent  a n a l y s i s  of l i q u i d  p roduc t s ,  w t  p c t  

Organic benzene i n s o l u b l e s  ..... 10.2 
Asphal tenes  .................... 13.6 
O i l  ............................ 74.7 

Ultimate a n a l y s i s  of l i q u i d  p roduc t s ,  
w t  p c t  (ash-free b a s i s )  . 

Carbon ......................... 88.8 
Hydrogen ....................... 8.1 
Nitrogen ....................... 0.5 
S u l f u r  ......................... .0.2 . 

Yield of o i l  b o i l i n g  below.355* C, 
w t  pct  of  feed ( co r rec t ed  f o r  
c a t a l y s t  de -ac t iva t ion )  ........... 46.9 

/ 

. Run B 
(high ash) 

81 
8 1  

91  

7.1 
12.3 
77.1 

88.5 

0.4 
0.3 

8.3 

.. - 

56.6 

\ 
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Hydrogenation of COED C o a l  O i l s  

Harry E. Jacobs 

Atlant ic  Richfield Company, Harvey, I l l i n o i s  

J. F. Jones and R. T. Eddinger 

FMC Corporation, Princeton, New Jersey 

Introduction 

The Office of C o a l  Research, Department of the Inter ior ,  has sponsored several  
projects  having as one of t h e i r  objectives, the production of o i l  from coal. One 
of these, project  COED, conducted by EMC Corporation, produces o i l  by low temper- 
a ture  pyrolysis of coal. 
ducting hydrogenation experiments on coal derived o i l s ,  was requested by the Office 
of C o a l  Research t o  hydrotreat some COED o i l s .  Accordingly, the following work was 
carr ied out by ARC0 i n  cooperation with FMC. 

Raw o i l s  from the COED process have a low hydrogen content and high concentrations 
of oxygen, nitrogen, and sulf'ur. Hence, hydrotreating i s  required before the o i l s  
can be used in present day petroleum ref ining processes. I n  the COED process, the 
o i l  product i s  taken from the reactors  as  a vapor, leaving the residual  ash and 
char t o  be withdrawn separately as  a f lu id ized  sol id .  Any entrained solids i n  the 
o i l  vapor are  removed by cyclones and by f i l t e r s .  
being v i r tua l ly  solids f ree ,  c a n b e  hydrotreated i n  f ixed bed reactors. 

Wdrogenation muipment 

The equipment used by the ARC0 laboratories is  a typical  bench scale  high-tempera- 
ture,  high-pressure continuous uni t  of the type used i n  petroleum process research. 
The u n i t  i s  shown schematically in Figure 1. 
charge tank i s  c i rcu la ted  by a low pressure, posi t ive displacement pump. This 
serves t o  maintain a uniform mixture i n  the feed tank and t o  supply a posit ive 
pressure a t  the suct ion of the high pressure feed pump. 
hydrogen and preheated before passing downflow through the 1b inch catalyst  bed. 
The product i s  cooled and separated i n t o  gas and l iqu id  f rac t ions  f o r  sampling and 
analysis.  

The double pumping system reduced the problem of interruption of flow. COED o i l ,  
being a pyrolysis product, can form polymers and coke a t  temperatures above 600'F. 
T h i s  i s  not a problem a s  long as l iqu id  flow is  maintained. However, i f  the flow 
i s  interrupted, the o i l  does not drain from the reactor  fast enough to  avoid 
coking. 

The Atlantic Richfield ccolrpany, which had been con- 

Consequently the COED o i l ,  

The o i l  i n  a heated, gas blanketed 

The o i l  i s  combined with 

The catalyst  used i s  commercially avai lable  HDS-3A manufactured by American 
Cyanamid. 

Results of Hydrogenation 

COED o i l s  from three coals were charged. 
i n  Table I. 

It i s  a lf16-inch extrudate containing 3% N i O  and 15% Moo3 on alumina. 

Their composition and gravity are shown 
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Table I 

PROPERTIES OF HYDROGENATION FEEDS 

O i l  Source - % C $H Q $J Density, "API 
Utah 83.3 8.5 6.8 1.1 .34 -3.5" 
I l l i n o i s  No. 6 80.1 7.2 9.1 1.1 2.50 -13.1" 
Pittsburgh Seam 83.3 7.1 6.6 1.2 1.80 -12.3" 

The Utah and I l l i n o i s  No. 6 a re  high-volati le B bituminous coals,  
i s  a high vola t i le  A bituminous coal. 
the l i g h t e r  density, lower sulfur ,  and higher hydrogen content of the Utah o i l .  
The I l l i n o i s  No. 6 o i l  i s  highest i n  sulfur  and owgen. 

A l l  of the  hydrogenation experiments discussed i n  this report ,  were conducted a t  
3000 psig. Qydrogen flow r a t e s  were generally between 8,000 and 12,000 SCF/Bbl. 
Variations i n  hydrogen r a t e s  did not have a s ignif icant  e f f e c t  on t h e  hydroge- 
nation reactions. 
l a t t e r  ranged from 650° t o  850°F. and space veloci t ies  (WHSV) of 0.3 t o  3.0 lbs./ 
hr. of o i l  per lb.  of catalyst  were used. 

Hydrogen consumption was between 1500 t o  4500 SCF/Ebl. 
resul ted i n  an uneven temperature prof i le  i n  the catalyst  bed. I n  a typ ica l  run 
the temperature rose 65" i n  the f i r s t  2 t o  b inches of  the bed. The temperature 
then declined gradually i n  the remaining bed a s  the heat s ink of the reactor  and 
furnace removed heat from the system. The temperatures used f o r  correlat ing the 
data a r e  arithmetic averages of temperatures taken a t  one-inch in te rva ls  i n  the 
bed. 

The data on removal of oyygen, nitrogen and su l fur  were correlated by simple first- 
order kinet ics ,  
Nitrogen removal i s  plot ted as a function of reciprocal  space velocity and temper- 
ature.  
mol. 
VS. reciprocal space velocity. 
plot ted against  temperature. 

Figures 3 and h show similar correlat ion for oxygen removal and su l fur  removal 
from I l l i n o i s  No. 6 o i l .  Indicated act ivat ion energies a r e  15,000 BTU per  lb.  
mol. f r oxygen and 9,500 BTU per lb .  mol. for  sulfur  removal. 
H i l l ( l 7  found that the act ivat ion energies for  nitrogen and su l fur  removal from a 
low temperature coal tar changed a t  about 750°F. The general s c a t t e r  of the data 
and the method of determining average temperature i n  this work preclude the ident i -  
f ica t ion  of d i f fe ren t  act ivat ion energies above and below 750'F. 

Nitrogen i s  the most d i f f i c u l t  of the heteroatoms t o  be removed. 
WHSV the removals from I l l i n o i s  No. 6 o i l  are  as follows: 
91%; and Sulfur, 98%. 

The examination of the heteroatom removal from the other o i l s  disclosed that t h e  
temperature trends found for  the I l l i n o i s  No. 6 o i l  a l s o  applied t o  a l l  three.  
However, the reaction ra tes  vary with the o i l s .  Figure 5 shows that f o r  nitrogen 
removal, the Utah o i l  requires only  two-thirds the severity of the I l l i n o i s  No. 6 
o i l .  
Figure 6 shows oxygen removal. 
I l l i n o i s  No. 6, and Utah o i l  needs 8% of the I l l i n o i s  No. 6 severity.  
removal shown i n  Figure 7 is s l i g h t l y  different.  
the I l l i n o i s  severity.  
cu l t  than from I l l i n o i s  No. 6 o i l .  

Pit tsburgh seam 
The major differences between the o i l s  are  

The process variables were space velocity and temperature. The 

The exothennic reaction 

T h i s  average temperature i s  about 20" l e s s  than the maximum temperature. 

Figure 2 shows the removal of nitrogen from I l l i n o i s  No. 6 o i l .  

The temperature fac tor  indicates  an act ivat ion energy of 29,000 BTU per lb .  
The temperature f a c t o r  was obtained by first plot t ing the  nitrogen removal 

Deviations from a l ine  through the data were 

Qadar, Wiser and 

A t  720°F. and 1 
Nitrogen, 72%; Cbrygen, 

The Pittsburgh o i l  requires twice the severi ty  of the I l l i n o i s  No. 6 o i l .  

Sulfur 

Sulfur removal from Utah o i l  i s  indicated t o  be more diffi- 

Pittsburgh o i l  requires 2% times the severi ty  o f  

Pittsburgh o i l  needs 2.3 times 

Because of This difference may not be real .  
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the low 0.3% sulfur  content of the Utah o i l  feed, there  i s  more sca t t e r  in the data 
on this feed than the other two. 

The required space ve loc i t ies  fo r  80% oxygen, nitrogen and sulfur  removal from the 
three o i l s  a r e  given i n  Table 11. 

Table I1 

SPACE VELOCITIES FOR 8% FlENOVAL 
CONDITIONS, 7 2 0 0 ~ .  AND 3000 BIG, 

8C$ Nitrogen 8% Oxygen 8% sulfur 
Removal Removal Removal 

WHSV WHSV WHSV 
Utah 1.2 1.8 1.8 
I l l i n o i s  No. 6 .8 1.5 2.6 
Pittsburgh .Ir .6 1.1 

Total hydrogen consumption was a l s o  correlated by pseudo first order kinetics. 
f i s t  the quantity of hydrogen required to  convert the o i l  t o  cycloparaffins 
(%Hzn) and to remove a l l  oqygen, nitrogen and sulfur  as water, a m n i a ,  and 
hydrogen sulfide was determined. 
cracking. 

This hydrogen saturat ion value assumes no 

O i l  Source 

Utah 
I l l i n o i s  No. 6 
Pittsburgh 

Hydrogen fo r  Total Saturation 

b600 SGF/Bbl. 
6200 SCF/Bbl. 
6h00 SCF/Bbl. 

The observed hydrogen consumption, divided by the quantity needed for  t o t a l  satu- 
r a t ion  i s  reported as the percent hydrogen saturat ion.  
a s  a function of rec iproca l  space velocity and temperature i n  the  same manner a s  
for  he te roa tm removal. 
from Utah and I l l i n o i s  No. 6 o i l s  fa l l  on a common l ine .  The Pittsburgh o i l  
requires p* times as much sever i ty  to obtain a similar degree of saturation. 

This method of cor re la t ing  hydrogen consumption ignores any e f f ec t  the approach to  
equilibrium may have on the  r a t e  of hydrogen usage. 
a s  wel l  as it does ind ica tes  t h a t  the react ions a re  not equilibrium controlled. 

The reasons for  the differences i n  ease of hydrogenation and heteroatom removal for  
the three o i l s  a r e  not known, but  they a re  probably re la ted  t o  the hydrogen-carbon 
r a t i o  of the oi ls .  The atomic r a t i o s  of the o i l s  a r e  as follows: 

W s  value was then p lo t ted  

As seen on Figure 8, when p lo t ted  i n  t h i s  manner, the data 

The f ac t  that the data p lo ts  

H/C Ratio 

Utah 1.22/1 
I l l i n o i s  No. 6 l.OS/l 
Pittsburgh 1.02/1 

The last reaction examined is the production of gas by cracking. 
9, the  gas y ie ld  climbs precipi tously a t  temperatures above 780°F. 
temperature is so overwhelming that no trends with space velocity could be obtained. 
Cracking of a l l  three o i l s  f a l l  on a common temperature l ine .  
the necessity of keeping the ca ta lys t  bed temperature below 780°F. if o i l  i s  the 
desired product. 

No ca ta lys t  l i f e  s tud ies  were made, but it is  ant ic ipated tha t  ca ta lys t  l i f e  would 
be re la ted  inversely t o  the gas production. 

A s  seen i n  Figure 
The e f f ec t  of 

T h i s  data indicate8 
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Properties of the Hydrogenated Oils 

The "API gravity of the products varies d i rec t ly  w i t h  the  hydrogen consumption. 
However, as shown in Figure 10 the o i l s  f a l l  on three separate l ines .  
the production of a 25"API hydrogenated o i l  from Utah o i l  needs only 2700 SCF/Bbl. 
A similar product from I l l i n o i s  No. 6 o i l  would need 4050 SCF/Bbl. and the 
Pittsburgh Seam o i l  would use &ssO SCF/Bbl. 

Dis t i l l a t ion  curves of the three o i l  feeds and three products tha t  were made with 
similar hydrogen consumption a r e  shown i n  Rgure 11. The consumption of 3600 SCF 
of hydrogen per bar re l  lowers the boiling range of each o i l  about 300°F. 
be noted that there i s  l i t t l e ,  i f  any, residuum (material  boiLing above 1000'F.) 
l e f t  i n  these o i l s .  

The properties of these three product o i l s  a re  as follows: 

For example, 

It should 

Table I11 

PROPERTIES OF HYDROGENATED OIL PRODUCT 

O i l  Source Utah I l l i n o i s  No. 6 Pittsburgh 

Conditions 
Weight hourly space velocity 0.75 1.3 0.50 
Temperature, "F. 748 O 798" 742 ' 
Pressure , PSIG 3000 3000 3000 

Ifydrogen Consumption, SCF/Bbl 3500 3600 3700 

C&+ Liquid Product 

" API 
Viscosity, SUS @ 180°F. 
Pour Point , OF. 
Ramsbottom Carbon, W t .  % 
% H  
$ 0  
% N  
% S  

31.8" 
3h.6 
80" 

0.44 
12.7 
0.U 
0.05 
< 50 ppm 

19.6" 
h4.9 
20° 

3.85 
10.9 
0.7 
0.14 
0.03 

The high pour point of the Utah o i l  product is caused by a la rger  paraf f in  content. 
A comparison of the reformer stock and middle d i s t i l l a t e  f rac t ions  f r o q  Utah and 
Pittsburgh o i l s  shows this difference. 

Table I V  

PROPERTIES OF PRODUCT FRACTIONS 

O i l  Source U S  Pittsburgh 

Reformer Stock (C6-4OO"F. ) 
Yield, Vol. % 12.5 9.6 

"@I 
Paraffins , V O ~ .  % 
Cycloparaffins, Vol. % 
Aromatics, Val. % 

38.7" 37.6" 
18 6 
65 74 
17 20 
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m g e n ,  W t .  % 
Nitrogen, Wt. % 

, sulfur 

, MiidpUe D i s t i l l a t e  (lrO0-650"F.) 
Yield, Vol. % 

"API 
Paraffins, Vol. % 
Cycloparaffins, Vol. % 
Aromatics, Vol. % 

.os 

.10 
Trace 

68.2 

30.1" 
25 
39 
36 

.47 

.@ 
5 Ppm 

38 -9 

22 so 
55 
44 

1 

oxxen, m. % .20 .48 
Nitrogen, W t .  % .a .l2 
sulfur Wace 30 Ppm 

The two reformer s tocks above are  sa t i s fac tory  reformer feeds after conventional 
pre t rea t  steps t o  remove t he  residual oxygen and nitrogen. The high concentration 
of ring s t ructures  ind ica tes  t h a t  only a very mild reforming severi ty  is needed t o  
produce a high octane naphtha. The middle d i s t i U a t e s  can be used as heating o i l s ,  
or  a f t e r  oxygen and nitrogen removal, by conventional pretreating, they can be 
c h r g e d  t o  a hydrocracker fo r  addi t ional  gasoline production. 

The high cycloparaffin content of the hydrogenated COED o i l s  would c lass i fy  the 
syncrudes as the  naphthenic type. 
lower than most crude o i l s ,  they contain much l e s s  residuum than typical crudes. 
These hydrogenated COED coal  o i l  syncrudes can be processed i n  typ ica l  petroleum 
refinery units. 

Although the O A P I  g r a v i t y  of these o i l s  may be 

Conclusion 

In summary, the removal of heteroatoms and the gross hydrogen consumption occurring 
during the  hydrogellation of COED coal  o i l s  can be correlated by simple, f i rs t -order  
kinet ics .  
the o i l s  from Utah and I l l i no i s  No. 6 coals. 
consumption than the other two t o  produce a superior o i l .  

The o i l  from l?Lttsburgh seam coal  i s  more d i f f i c u l t  to hydrogenate than 
The Utah o i l  requires less hydrogen 

The product o i l s  a r e  naphthenic, containing high cycloparaffin concentrations. 
They contain l i t t l e  residuum and can be processed by conventional petroleum refining 
methods e 
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HYDROGENATION OF COED ILLINOIS NO-6 COAL OIL 

NITROGEN REMOVAL FIG. 2 

, 
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HYDROGENATION OF COED ILLINOIS N0.6 COAL O I L  

FIG. 3 
OXYGEN REMOVAL 

I - x  
WHSV Ft 
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HYDROGENATION OF COED ILLINOIS NO.6 C O A L  O I L  

FIG. SULFUR R E M O V A L  4 
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HyDROGENATlON OF COED C O A L  OILS 

N 1 TROGEN REMOVAL FIG, 5 

J 
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HYDROGENATION OF COED COAL O I L S  

OXYGEN REMOVAL 
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HYDROGENATION OF COED C O A L  OILS 

F IG.  7 SULFUR REMOVAL 
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HYDROGENATION OF COED COAL OILS 
PERCENT HYDROGEN SATURATION FIG. 8 
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FIG. 9 
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LIQUID FUELS FROM TARS BY CARBONIZATION 

OF COALS IN HYDROGEN ATMOSPHERES 

Clarence Kar r ,  J r . ,  J. 0. Mapstone, J r . ,  L. R. Little, J r . ,  
R. E. Lynch, and J. R. Comberiati 

U. S. Department of the Interior, Bureau of -Mines. 
Morgantown Energy Research Center, Morgantown, W. Va. 26505 

The purpose of this investigation was to  determine the feasibility of produc- 
ing a gasoline boiling range product of satisfactory yield and quality by low- 
temperature (950" F) carbonization of coal in hydrogen atmospheres below 1,000 
psig, with immediate catalytic hydrorefining of t a r  vapors and liquid t a r  issuing 
from the coal. 
lyst  temperature on the yields of individual compounds of interest in the gasoline 
boiling range product was also desired. 

Information on the effects of varying hydrogen pressure  and cata- 

Very little previous work has  been done along these particular lines. 
respect  to the processing of the uncondensed tar vapors, Flinn and Sachsel(1)  
conducted a low-temperature carbonization of a high-volatile bituminous coal a t  
445 psig hydrogen, passing the t a r  vapors through a cobalt-molybdenum on 
alumina catalyst at 800" F, obtaining in the vicinity of 100 lbs  gasoline boiling 
range (up to 200" C) product per  ton of coal. 
reported on the individual constituents in this product. 

With 

No information of any kind was 

With regard to the use of hydrogen pressures  below 1,000 psig there is  
little information beyond that of Flinn and Sachsel. 
hydrorefining of previously condensed t a r  over a cobalt-molybdenum catalyst a t  
420" C and pressures  as low as 1,500 psig. This t a r  was produced from a mix- 
ture  of high volatile A bituminous coal and 15 wt-pct stannous chloride a t  2,000 
psig hydrogen and 515" C. With these two steps the yield of gasoline was 26 wt- 
pct of the ta r .  Without the catalyst the yield of t a r  was 20 wt-pct, and although 
this t a r  was not hydrorefined, i f  one assumes comparable resul ts  as with the tar 
f rom the coal-catalyst mixture, the yield of gasoline would have been about 100 
lbs p.er ton of coal. 
in the gasoline. 

Qader, (2) have reported 

No information of any kind was given on individual compounds 

EXPERIMENTAL 

The experimental equipment is shown schematically in Figure 1. The 
reactor  was a s ta inless-s teel  vessel  5-718-b. ID and 20-in. in depth, designed 
for  operation a t  1, 000 O F and 1, 000 psig. 
with external s t r ip  hea ters ,  the temperature being measured and controlled by a 
chromel-alumel thermocouple placed a t  the inside reactor wall. 

The reactor  was heated electrically 

Coal charge and catalyst were contained in wire-mesh baskets inserted into 
Temperature of the coal bed the reactor ,  the catalyst basket being a t  the bottom. 

was measured with a chromel-alumel thermocouple inserted in the bed center. 
Channeling of the gas  s t ream around the thermowell, due to variable packing, 
settling, and shrinkage of the coal bed, led to variations in the recorded coal bed 
temperatures f rom the usual reactor  temperature of about 950" F. The catalyst, 
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when in this same reactor,  was probably in the vicinity of 950" F. 
ment was used in the f i r s t  12 runs. 
holder was installed, external to the carbonizing reactor,  and with its own elec- 
t r ical  heater to permit operating the catalyst bed at  temperatures different from 
the reactor proper.  The catalyst bed temperature was measured by a chromel- 
alumel thermocouple inserted into the bed. 
annular configuration, a s  shown in Figure 1. 
tures  for  the 21 runs a r e  shown in Table 1. 

This arrange- 
For  the last  9 runs a separate catalyst 

In these runs the coal bed had an 
The coal and catalyst bed tempera- 

In'operation, hydrogen, metered through an orifice meter  at 8 to 10 SCFH 
(300 to 900 psig), was passed downward through coal and catalyst. Tar  evolved 
during carbonization, both liquid and vapor, thus was carr ied down over the 
catalyst into an a i r  cooled receiver,  where heavier constituents w e r e  collected. 
Effluent vapors passed into a water -cooled condenser for further liquid collection, 
then through a regulating valve which controlled the system at desired operating 
pressure.  
and were metered through a wet test meter .  

Gases then passed into a silica gel t r ap  to absorb uncondensed vapors 

Coal used was Pittsburgh-seam high-volatile A bituminous, 40 to 60 mesh. 

Analyses of the coal and char were made 
The hydrodesulfurization catalyst was Girdler G-35B, a cobalt-molybdena on 
alumina in the form of 1/8-in. pellets. 
using standard ASTM methods. 

Total liquid product was obtained by combining the contents of the air-cooled 
Any vapors trapped in the silica ge l  were counted as  and water-cooled receivers.  

product but were not recovered. 
Vigreaux column taking an overhead weight of water and light oils (b. p. < 200" C )  
and discarding the water.  
400"  C and designated heavy oils.  
reported a s  distillation residue. 
chromatography with the results shown in Table 2. 

The liquid was distilled on a small  glass 

A second distillation cut was made between 200" - 
Any liquid product boiling above 400" C was 

The light oils were analyzed by gas-liquid 

Gas samples were taken at intervals from the line before the wet-test meter .  
These were analyzed by gas-solid chromatography. 

RESULTS AND DISCUSSION - 
As shown in Table 1 ,  the lowest total oil yield, 56 lbs,  was obtained when 

nitrogen was substituted for hydrogen in the runs with the catalyst. In the 
absence of the catalyst, a s  the hydrogen pressure increased from 300 to 600 to 
900 psig the yield of total oil progressively decreased from 190 to 110 lbs.  

The majority of the runs were made with 10 wt-pct catalyst, based on the 
coal. 
liquid tar  passing through this catalyst a r e  shown in pounds per ton of dry  ash- 
f ree  coal versus hydrogen pressures  from 0 to 900 psig a t  catalyst temperatures 
of 650°, 750P, and 950" F in Figures 2,  3, and 4, respectively. At all tempera- 
tures  the yield of total oils declined with increasing pressure to a value of about 
150 lbs,  with increased formation of gas and water. However, the light oils, or  
mater ia l  boiling up to 200" C ,  in these total oils increased, most  dramatically a t  
750" F,  rising from 10 lbs at 0 psig (1 atm hydrogen) to a maximum of about 100 
lbs around 600 psig, o r  a ten-fold increase.  The 650" runs also showed a maxi- 
mum light'oil yield a t  600 psig. 

The yields of total oils and light oils produced from the ta r  vapors and 
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The quality of this gasoline boiling range light oil a t  maximum yields was 

good. It was a completely c lear ,  water-white liquid with a sweet, clean odor. 
Analyses demonstrated that it was olefin-free, and, as shown later ,  rich in BTX, 
that is, about 7 0  wt-pct benzene, toluene, and xylenes. The gas  was likewise 
olefin-free and rich in methane, about 50 volume-pct. The presence of ammonia 
and hydrogen sulfide in obviously much la rger  amounts than experienced during 
ordinary low-temperature carbonizations of the same coal indicated that sub- 
stantial denitrogenation and desulfurization occurred. 
demonstrated that there  were little o r  no nitrogen and sulfur compounds in the 
light oils  obtained under the better operating conditions, as  shown in Table 3. 
The oxygen values were  determined by difference, and found'to fluctuate around 
zero for  those light oi ls  with low nitrogen and sulfur contents. 

Elemental analyses 

F r o m  Figures 2, 3 ,  and 4 it is evident that the operating conditions for 
maximum yield of gasoline boiling range product were a catalyst temperature of 
750" F and a hydrogen pressure  of 600 psig. 
mended temperature at low hydrogen pressures  for cobalt-molybdenum on alumina 
catalysts is in the vicinity of 750" F. 
cracking to gas is  experienced. 
yields at temperatures a s  high as  950" F was demonstrated by the fact that at 900 
psig hydrogen the same yield, 40 lbs ,  was obtained with no catalyst, with 10 wt-pct 
catalyst; and with 25 wt-pct catalyst. 

Based on many studies, the recom- 

A t  much higher temperatures,  substantial 
The impossibility of obtaining good light oil 

, 

The yields of desired individual compounds, in particular benzene and 
toluene, were as high, or  higher, a t  600 psig than at 900 psig, demonstrating that 
hydrogen pressures  well  below 1000 psig were practical. Figure 5 shows that the 
yields of benzene and toluene at  750" F rose from 1 .4  and 3.6 lbs ,  respectively, 
at 0 psig to a maximum of about 29 lbs each at  600 psig. The yields of benzene 
and toluene at  0 psig were close to the yields typical in ordinary low-temperature 
carbonization of this same Pittsburgh-seam coal, with no treatment of the evolved 
t a r s  (2, 4). 

, 
I 
I 

I 

1 

Figures  6 and 7 show the variations at 300 and 900 psig, respectively, in the , 
yields of benzene, toluene, total xylenes, and total aliphatics in  the light oils 
obtained a t  the various catalyst  bed temperatures from 650" to 950" F. 
fo r  benzene a re  s imilar  at these pressures  up to 750" F,  showing yields of about 
1 3  lbs a t  this temperature.  
mum at 750" F whereas the 900 psig curve r i ses  a little to about 15 lbs at  950" F. 
The 750" F maximum for  toluene is increased from about 19 lbs at  300 psig to 
about 25 lbs at  900 psig. 
benzene and toluene i s  about 29 lbs each a t  the intermediate pressure  of 600 psig, 
which i s  the optimum pressure .  

The curves 

However, the 300 psig curve for benzene has its maxi- 

As previously noted, the 750" F maximum for both 

The xylenes curves in Figures 6 and 7 apparently have s imilar  shapes, but 
the maximum yield of about 16 or  17 lbs i s  displaced from about 750" F a t  900 
psig to about 600" F at 300 psig. 
fo r  300 psig, with a maximum of 15 o r  16 lbs at about 600" F. 
higher pressure of 900 psig the temperature must be increased about 150" F to 
obtain the same amount of degradation of the xylenes. 
p ressure  inhibits the cracking of the xylenes. 

The 600 psig trend for xylenes i s  similar to that 
Apparently at  the 

Presumably the higher 
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At 300 and 600 psig the total aliphatics declined with increasing temperature, 

as might be expected on the assumption that the aliphatics in the ta r  would be 
increasingly cracked to gas with incr.easing temperature. 
Figure 7, at 900 psig the aliphatics rose from the value of about 5 lbs at 650" F, 
held in common with the 300 psig run at this temperature, to a value of about 7 lbs 
a t  750" through 950" F,  a 40 pct increase. About 2 to 5 lbs aliphatics was typical 
for  the light oil from this same coal in ordinary low-temperature carbonizations 
(2, 4). Presumably a t  the higher pressure  of 500  psig, cracking of the light oil 
boiling range aliphatics to gas was suppressed, whereas the higher molecular 
weight aliphatics in the tar were broken down to increase the yield of light oil ali- 
phatics with increase in temperature. This was demonstrated by conducting urea 
extractions on the 900 psig oil products boiling above 200" C. The amounts of n- 
aliphatics decreased to the point that none could be extracted. 

However, a s  shown in 

CONCLUSIONS 

1. The optimum operating conditions for conversion of the combined tar 
vapors and liquid low-temperature tar immediately upon being produced from an 
hvab coal were a hydrogen pressure of 600 psig and a hydrodesulfurization cata- 
lyst  temperature of 750" F. 

2. Under these conditions about 100 lbs or' 14 gallons of gasoline boiling 
range light oil could be obtained per  ton of dry ash-free coal. 
gations indicate that this is probably a typical yield for  low-pressure hydrogenation 
with fixed-bed carbonization of hvab coal. 
bed o r  entrained-bed carbonization. 

Previous investi- 

Yields would be higher with fluidized- 

3. This colorless, sweet smelling, olefin-free product, which contained 
about 70 wt-pct BTX and little o r  no sulfur, nitrogen, and oxygen might be suitable 
for blending in the production of nonleaded gasoline. 

4. The unusually low optimum hydrogen pressure  of only 600 psig fo r  this 
particular process would allow substantial reduction in plant cost compared with 
other processes in which pressures  of 1500 psig, o r  higher, a r e  required. 
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TABLE 3.  - Elemental analysis of light oils 

Run 
No. 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 
11 
1 2  
13 
14 
15 
1 6  
17 
18 
19 
2 0  
21 

- 
Weight-percent 

S - - - - N C H 

Not determined 
91. 9 8 .  0 0 .  08 0 .  1 
9 1 . 9  8 .  0 0 .  08 0 .  08 
8 9 .  3 8 . 8  0 .  2 0 . 3  
8 7 . 7  9 . 8  0 . 3  0 . 4  
8 7 .  6 9 . 3  0 . 2  0.  3 
8 9 .  0 8 . 9  0 .4  0 .  2 
9 0 .  7 8 . 9  0 .  05 0 .  1 
9 0 .  8 9 .  3 0. 02  0 . 0 3  
Insufficient sample for analysis 
9 0 .  4 9 . 6  0 .  0 0 .  05 
8 6 . 5  11. 2 0.  2 0 .  5 
8 7 . 3  11. 1 0.  1 0. 4 
8 9 .  1 9 . 8  0 . 2  0. 05 
9 0 .  4 9 . 6  0 . 0 2  0 .  06 
9 0 .  9 8 . 8  0 .  01 0.  04 
8 9 . 8  10 .  2 0 .  0 0.  04 
8 8 . 9  10. 6 0 .  2 0 .  04 
8 8 .  2 10.8 0 .  2 0. 02 
8 9 . 7  10. 0 0 . 0 8  0. 03 
8 8 . 3  1 1 . 0  0 . 0 8  0 .  p4 

-- 

FIGURE 1. - Flow Plan of Hydrocarbonization Equipment for  
Catalytic Treatment of Tar  Vapors and Liquids. 
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FIGURE 2. - Effect of Pressure  on Yields of Total and Light 
Oils with 1 0  wt-pct Catalyst at 650" F. 
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FIGURE 3 .  - Effect of Pressure on Yields of Total and Light 
Oils with 10 wt-pct Catalyst at  750"  F. 
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FIGURE 4. - Effect of Pressure  on Yields of Total.and Light 
Oils with 10 wt-pct Catalyst a t  950"  F .  
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FIGURE 5.  - Effect of Pressure  on Yields of Major Light Oil 
Components with 10 wt-pct Catalyst at 750" F .  
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FIGURE 7. - Effect of Catalyst Bed Temperature on Yields of 
Major Light Oil Components at 900 psig. 
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CATALYTIC HMROCRACKING OF COAL LIQUIDS 

William T. House 
S y n t h e t i c  Fuels  Research Laboratory 
Esso Research and Enqineering Company. 

Baytown, Texas 

In t roduct ion  

The conversion of coal to g a s o l i n e  involves  removal o f  minera l  matter, 

s u l f u r ,  n i t rogen  and oxygen. This  i s  w e l l  i l l u s t r a t e d  i n  Table  I which compares 

t h e  composition of  a coal and gasol ine.  In  a d d i t i o n  the hydrogen-to-carbon atomic 

r a t i o  i n  gasol ine is approximately double t h a t  i n  t h e  coal so t h a t  l a r g e  amount! 

of hydrogen must be added. Coal is a s o l i d  from which very l i t t l e  volati le mater ia?  ’ 
is obtained u n t i l  c r a c k i n g  temperatures  are reached, whereas g a s o l i n e  b o i l s  i n  a 

r e l a t i v e l y  low temperature  range. Thus, t h e  l a r g e ,  complex coal molecules m u s t  1 
be broken down i n t o  smaller v o l a t i l e  compounds. 

The coal- to-qasol ine process  c o n s i s t s  broadly of  t w o  e s s e n t i a l  s t e p s  as 

i l l u s t r a t e d  i n  Table 11. 

c o a l  t o  l i q u i d  product .  

p y r o l y s i s  to  non-ca ta ly t ic  hydrogenation to  c a t a l y t i c  hydrogenation, a l l  wi th 

and without a l i q u i d  v e h i c l e .  

The f j r g t  s t e p  is to  conver t  a t  l e a s t  a p o r t i o n  of t h e  \ 

The processes  suqgested f o r  t h i s  range from simple 

A small amount o f  ga$ol ine range m a t e r i a l  may be 

produced i n  t h i s  step, b u t  t h e  l i q u i d  product  i s  u s u a l l y  l a r g e l y  higher  boi l ing .  

Some of these heavy l i q u i d s  may be recycled t o  t h e  l i q u e f a c t i o n  step, b u t  t h e  re- 

mainder m u s t  be upgraded t o  t h e  gaso l ine  range by a subsequent r e f i n i n g  s t e p  such 

as hydrocracking, which may or may not  be  followed by reforminq. 

t h e  r e s u l t s  of c a t a l y t i c  hydrocracking (with and without  prev ious  hydrofining)  of a 

I n  t h i s  paper 

400-700aF f r a c t i o n  of l i q u i d  obta ined  through t h e  non-ca ta ly t ic  hydrogenation Of 

c o a l  are discussed. Much work has  been done on hydrocracking of var ious  coa l  
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I' 

i 

t 

and it should be borne i n  mind t h a t  the  r e s u l t s  a r e  hiqhly liquids 1-14,16,17 

dependent on  t h e  coal used i n i t i a l l y  and the  method of l i q u e f a c t i o n  a s  w e l l  a s  

t h e  c a t a l y s t  used and t h e  condi t ions  emoloyed. An e x c e l l e n t  review of  hydroqena- 

t i o n  of coal and t a r  was i ssued  by the  Bureau o f  Mines i n  1968. 18 

Experimental 

A s impl i f ied  schematic diaqram of the  hydrocracking uni.t i s  shown i n  

Fiqure 1. The hydrogen t r e a t  gas  rate w a s  maintained a t  approximately HOOO sCr 

per  b a r r e l  of  feed. The hydrofined feedstock w a s  spiked back up t o  i t s  oriqi.na1 

n i t rogen  and s u l f u r  l e v e l s  with s u i t a b l e  n i t rogen  and s u l f u r  containing com- 

pounds which react quick ly  a t  t h e  condi t ions  employed t o  g i v e  ammonia and 

hydrogen s u l f i d e .  

of some hydrocrackinq u n i t s  wherein ' the l i q u i d  and gas  product from t h e  hydro- 

f i n e r  may be fed d i r e c t l y  t o  t h e  hydrocracker without  previous scrubbing. 

This was done i n  order  to  s imulate  commercial condi t ions  

The p r o p e r t i e s  of the ' two feedstocks are l i s t e d  i n  Table 111. The 

aromatics  conten ts  of t h e  4OO0F+ mater ia l  a r e  considerably hiqher  than those o f  

t-ypical petroleum hydrocracking feedstocks15 and also hiqher  than those  reported 

for sone of t h e  coal l i q u i d s  . In addi t ion  t o  the  reduct ion  of  t h e  o r , l an ic  

n i t rogen  conten t  a good d e a l  of hydroqen addi t ion  w a s  accomplished by t h e  hydro- 

f i n i n q .  

was probably due to hydrogenation of aromatic compounds b o i l i n q  s l i q h t l y  above 

400'F t o  hydroaromatic and naphthenic comnounds boi l inq  s l i q h t l y  bel.ow d0C)OF. 

14 

A large p a r t  of t h e  ind ica ted  conversions of 40OoW material t o  400'F- 

R e s u l t s  and Discussion 

I t  w a s  found t h a t ,  over t h e  ranqe of conversions s t u d i e d ,  the r e s u l t s  

f o r  both t h e  r a w  (unhydrofined) feedstock and t h e  hydrofined fees tock  could he 

c o r r e l a t e d  with f i r s +  order  k i n e t i c s ,  i .e . ,  

= k (4OO0F+) -d (400°F+) 
d t  
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This i s  illustrated i n  F i g u r e  2 where t h e  hold ingt ime w a s  taken as t h e  r e c i p r o c a l  

of the l i q u i d  hour ly  space v e l o c i t y  i n  weiqhts  o f  l i q u i d  per weight of  c a t a l y s t  per 

hour. Since the r a w  feeds tock  was more resistant to hvdrocracking, t h e  k i n e t i c  

d a t a  were obta ined  a t  a d i f f e r e n t  temperature  f o r  each feedstock.  It should be 

borne i n  mind that we do not have s imple pure compounds h e r e ,  b u t  complex mixtures;  

thus,  t h e  c o r r e l a t i o n s  w i t h  first o r d e r  k i n e t i c s  are probably f o r t u i t o u s .  A t  l e a s t  

inference o f  a mechanism from this correlation is probably unwarranted. 

Mass spectral d a t a ,  however, made it possible to fol low the chanqes i n  

concent ra t ion  o f  s p e c i f i c  molecular weights. 

f o r  C14H10, which c o n s i s t s  of anthracene and phenanthrene and which w a s  t h e  

h i g h e s t  mlecular weight  p r e s e n t  i n  t h e  feed i n  any apprec iab le  concentrat ion.  

I:. a l l  p r o b a b i l i t y  no hydrocracking of anthracene or phenanthrene occurs  as a 

f i r s t  step and the k i n e t i c s  h e r e  represent  t h e  rate of t h e  first hydrogenation 

step. 

F igure  3 s h o w s  a f i r s t - o r d e r  p l o t  

Table I V  shows t h a t  p r i o r  hydrofining has  a b e n e f i c i a l  e f f e c t  on the 

hydrocracking rate. 

up to t h e  o r i g i n a l  n i t r o g e n  and s u l f u r  l e v e l  of the r a w  feed .  

As mentioned before ,  t h e  hydrofined f e e d  w a s  spiked back 

Experiments have shown that even t h e  hydrofined coa l  l i q u i d  f r a c t i o n  

is  considerably m o r e  r e s i s t a n t  t o  hydrocracking t h a n  are petroleum feedstocks. 

This  is probably due i n  part to  the  h iqher  to ta l  n i t r o q e n  content .  

i s  somewhat r e i n f o r c e d  by  the r e s u l t s  shown i n  Table  V. This t a b l e  compares 

the conversions obta ined  on t h e  respiked hydrofined feed wi th  those  obtained 

on the unspiked 400°F+ material recovered from the product .  

With the l a t t e r  f e e d  is probably a l s o  p a r t i a l l y  due t o  its higher  hydrogen con- 

t e n t .  

This  view 

The hiqher  a c t i v i t y  

The b e n e f i c i a l  e f f e c t s  of t h e  prior hydrofining are f u r t h e r  i l l u s t r a t e d  

i n  Figure 4 which shows t h e  Arrhenius temperature dependence of t h e  f i r s t  o rder  

rate COnStants f o r  hydrocracking both feeds.  

feeds  are approximately t h e  same, b u t  t o o  l o w  to  be of i n t e r e s t .  

A t  650°F t h e  r a t e s  for t h e  two 

The hydrofined 



feed has a hiqner apparent enerqy of activation so that, as the temperature is 

increased, the benefit of hydrofininq. increases. As mentioned earlier, some 

boiling point conversion was obtained in the hydrofininq operations, but this 

was probably largely due to hydrogenation of aromatic compounds.boilinq slightly 

above 400°F to hydroaromatic and naphthenic compounds ,boiling sliqhtly below 40O0F. 

In the case of the raw feed some conversion of this type also occurs in the hydro- 

crackinq operation. 

Increasinq hydrocrackina oressure also has a greater effect on the rate 

constant with hydrofined feed than with the raw feed. This is shown in Table VI. 

Increasing the pressure from 1500 psiq to 3000 psiq approximately tripled the r a t e  

with the hydrofined feed whereas the rate with the, raw feed was approximately 

douhled. 

Fiqure 5 shows the chanqe in concentration of certain specific molecu1,;11- 

weiqhts and carbon numbers as compared to boiling point conversion and holding 

time for both c:he raw feed and the hydrofined feed. For the hydrofined feed the 

boilins point conversion which is plotted is the sum of that obtained in hydrofinina 

and hydrocracking although the holding times are only those for hydrocrackinq. 

The completely aromatic compounds such as naphthalene, C10H8, and anthracene an</or 

phenanthrene, C H were completely converted to saturated and partially satu- 

rated compounds in the hydrofininq operation. 

compounds remains relatively constant over a wide ranqe of holdinq time and con- 

version, indicatinq that Cl0 compounds are heinq formed from hiqher molecular 

weight compounds at approximately the same rate that they are consumed to Corm 

lower molecular weight compounds. Some of the specific molecular weiahts have 

maxima in their concentration vs. holding time curves, indicatinq that they are 

14 10' 

The total concentration of c 
10 

initially produced faster than they are consumed. 

hiqher-than-equilibrium concentrations, indicatinq that a considerable amount 

of cracking of higher molecular weight compounds occurs hefore they are complet-=lv 

saturated. 

Benzene is produced in much 
. 
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Table V I 1  shows ana lyses  of some f r a c t i o n s  of t h e  naphtha from a 

The p a r a f f i n  conten t  is  very hydrocracking product  f r o m  t h e  hydrofined feed. 

low except f o r  t h e  lowes t  b o i l i n g  c u t  which i s  i t s e l f  only a small f r a c t i o n  

of t h e  naphtha. 

feed f o r  c a t a l y t i c  reforming. 

The h i g h  naphthene conten t  should make th i s  naphtha an e x c e l l e n t  

These s t u d i e s  have shown t h a t  higher  b o i l i n q  l i q u i d s  obtained i n  coa l  

l i q u e f a c t i o n  can be c a t a l y t i c a l l y  hydrocracked t o  t h e  gaso l ine  b o i l i n g  range under 

reasonable condi t ions  al though more severe than those  required f o r  petroleum 

stocks.  P r i o r  hydrof in ing  i s  b e n e f i c i a l  and t h e  advantage i n c r e a s e s  with in-  

creasinq hydrocracking temperature  and pressure .  The hiqher  r e s i s t a n c e  t o  hydro- 

cracking of coal  l i q u i d s  i s  probably l a r g e l y  due to  higher  n i t rogen  content. M L S S  

s p e c t r a l  d a t a  i n d i c a t e  t h a t  a f a i r  amount of crackinq of  h igher  molecular weight 

compounds occurs  before  they  are completely s a t u r a t e d .  The naphtha products 
I 

should be a x c c l l e n t  feedstocks f o r  reforming. I 

1 
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Table I 

Comparison of Coal and Gasoline 

Mineral Matter, W t .  % 

Sulfur, W t .  %* 

Nitrogen, Wt. %* 

Oxygen, W t .  %* 

Hydroqen. Wt: %* 

Carbon, W t .  %* 

H to C Atomic Ratio 

Boiling Range, OF 

Dry, Mineral Free 

Coal 

-1 3 

3 . 4  

1 . 3  

10.6 

5 .6  

79.1 

- 

0.85 

N . A .  

Gasoline (From Coal) 

0 

Trace 

Trace 

Trace 

12-13 

07-88 

1.6-1.8 

160-400 



I 
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Table I1 

Proce'ss steps 

,. 

1. Conversion of a portion of the coal to liquid product. Some gaso- 
line range material but most heavy liquid. 

e Pyrolysis 

e Hydrogenation 

2. Upgrading of heavy liquids to gasoline range. 

e Hydrocracking 

e Catalitic reforming 

h 
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Carbon, Wt. % 
Hydroqen, Wt. % 
Sulfur, ppn 
Nitroqen, ppm 
Specific Gravity 

Sulfur, ppm 
Nitroqen, ppm 
Paraffins, Vol. % 
Naphthenes, Vol. % 
Aromatics, Vol. % 

4OO0F-, Wt. % 

400°F+, Wt. % 

Sulfur, ppm 
Nitrogen, ppm 
Saturates, vol. % 
Aromatics, Vol. % 

Table I11 

Feed Stock Proper ties 

Unhydrofined 

89.84 
8.33 
520 
3400 
1.0060 
6.0 

280 
2800 
0.0 
26.5 
73.0 

94.0 

460 
3500 
2.7 
97.3 

Hydrofined 

89.30 
10.45 

5 
0.9402 
18.6 

- 

- - 
2.4 
50.1 
47.5 

81.4 

- 
22.8 
77.2 
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Table IV 

Ef fec t  of Hydrof in inp  

750' F 

I 

Raw Feed Hydrofined Feed 

Total Nitrogen, ppm 3400 3400 

Qxqanic Nitroqen, ppn 3400 5 

F i r s t  Order Rate Con- 
stant, H r - l  0.25 0.46 

Table 'V 

Ef fec t  of Total Nitrogen Content 

675OF 

i 

Total Nitrogen, ppm 

Organic Nitrogen, ppm 

nydroqen. w t .  a 

400°F+ Conversion, W t .  8 

4OO0P+ Xaterial 
Hydrof ined Recovered f r o m  

Feed Hydrocrackate 

3400 6 

' 5  6 

10.45 11.00 

14 85 
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Table V I  

Effect of Pressure 

Raw Feed Hydrofined Feed 

Temperature, OF 700 650 

F i r s t  O r d e r  Rate Constant, H r - l  

a t  1500 psi9 

a t  3000 psig 

0.13 0.041 

0.24 0.12 

Table V I 1  

Analyses of Naphtha Cuts 

Hydrofined Feed, 30% Total Conversion 

Boiling -Range, OF 

Wt. % of Naphtha 
Benzene 
Toluene 
C Benzene 
C Benzene .io Benzene 
C ' Benzene 11 
Indan 
Naphthenes 
Paraffins 
Condensed Naphthenes 
Naphthalenes 

8 

IBP-160 

3.9 
23.1 

61.9 
15.0 

160- 300 

31.0 
10.3 
8.0  
9.3 
1.6 

0.1 
.68.9 

0.9 
0.9 

100.0 
. .  
100.0 

300-350 350-400 -- 
14.3 50.8 
0.4 
1.5 
6.0 

10.7 
3.,1 

0 

15.8 
35.0 

0 
27.5 

0 

100.0 

- 
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. ^  Pressure Control 
Flow Control Valve 

Adjustable Stroke Batch Liquid Product 
Diaphragm Pump Accumulators 

SIMPLIFIED FLOW DIAGRAM OF BENCH UNIT 

FIGURE 1 
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A Hydrofined, 700 F, 1500 psig 
0 Raw, 750  F, $500 psig 
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Fig. 2 

HYDROCRACKING OF 400-700 O F CUT 
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Figure 3 

ANTHRACENE IN  HYDROCRACKING RAW 400-700°F 
750"F, 1500 psig 



1 

0 

0 
I- z a 
Z O  z 
0 
0 

W 
I- 

2 0  
cf 
W 

m 
0 

I- 
v) 

IL 

n 

m 0. - 

0. 

0. 

0. 
8 .O 

- 82 - 

I I 

700 F 650 " F 775°F 750°F 

8.5 9 .O 
10,00O/T ( "R) 

Fig. 4 
HYDROCRACKING OF 400-700 O F  DISTILLATE 
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Raw Feed, 750 L' F 
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H Y D R O C R A C K I N G  OF AROMATIC COMPOUNDS 

S .  A .  Qader and G. R. Hill 
Mineral Engineering Department 

IIniversit,y o f  Utah 
i a l t  Lake C i t y ,  Utah 

Abstract 

used for  the hydrocracking o f  different  types of hydrocarbons and  heterg- 
cycl ic  compounds. 
hydrocracki ng  of hydrocarbons was studied. The deacti vati on of the dual - 
functional catalysts  by some of the heterocyclic compounds was investigated. 

Introduction 

converting polynuclear aromatic hydrocarbons and heterocompounds t o  l w e r  
boiling compounds. Though hydrocracking has been widely employed fo r  the 
processing o f  petroleum and synthetic o i l s l -3 ,  the published data on the 
hydrocracking o f  pure aromatic hydrocarbons and heterocompounds are very 
meager. 
t e t r a l in  over a nickel sulf ide on silica-alumina catalyst  and found t h a t  
the principal reactions occurring were ring opening, dealkylation and 
dehydrogenation. 
different  types of aromatic hydrocarbons over a nickel sulf ide on s i l i ca -  
alumina catalyst  and reported the occurrance of the 'paring reaction' which 
involves the removal of methyl groups attached t o  aromatic nuclei and the i r  
elimination as l i g h t  isoparaffins w i t h  no loss of aromatic rings. They also 
reported the isomerization and cyclization o f  side chains t o  varying 
degrees forming indane type o f  st ructures .  In th i s  communication, the da ta  
on the hydrocracki ng o f  d i  f ferent  types o f  polynuclear aromatic hydrocarbons 
over several dua l  functional catalysts are presented. The e f f ec t  of t h e  
presence of s u l f u r ,  nitrogen and oxygen compounds on the conversion of 
aromatic hydrocarbons i s  reported. 

Dual functional catalysts  hased on Cobalt, Molybdenum and Nickel were 

The interfer ing e f fec t  o f  heterocyclic compounds on the 

\ 

Hydrocracking over dualfunctional catalysts  i s  a vewa t i l e  method for  

. 

Flinn e t .  al.4 studied the hydrocracking of n-butylbenzene and 

Sullivan et .  a1 .5~6  investigated the hydrocracking of 

Experimental 

Pure grade hydrocarbons and heterocompounds were used for hydrocracking. 
The catalysts  contained 20% by wejght of oxides of molybdenum, cobalt  and 
nickel on si l ica-alumina, 
weight o f  the reactants unless otherwise mentioned. 

The hydrocracking work was done i n  a batch autoclave of 
300 C.C. provided w i t h  a l l  controlling and  recording devices. 

The q u a n t i t y  o f  the catalyst  used was 25% by 

Equipment: 

H drocracking procedure: Experiments were carried o u t  with 10 gm 
of the + y rocarbon and heterocompound mixture w i t h  varying amounts o f  the 
ca ta lys t  a t  475°C- The hydrogen t o  hydrocarbon mole ra t io  was maintained 
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I 

I 

i 

i 
I 

a t  15.51 and 21.57 i n  case o f  naphthalene and anthracene respect ively.  The 
s t a r t i n g  (cold) pressure was kept constant a t  1000 p.s.i. and the  f i n a l  
pressure var ied  between 1700-1800 p.s.i. 

Results and Discussion 

aromatic hydrocarbons and he terocyc l i c  cmpounds. 
crudes mainly involves the  conversion o f  aromatic hydrocarbons i n  ad mix- 
t u re  w i t h  a l i p h a t i c  hydrocarbons and heterocompounds. 
standing o f  the  conversion o f  polynuclear aromatic hydrocarbons alone and 
i n  ad mix tu re  w i th  he terocyc l i c  compounds t o  l i g h t e r  products w i l l  be very 
useful  i n  the development o f  e f f i c i e n t  processes f o r  the processing o f  
syn the t ic  crudes. The conversion o f  polynuclear aromatic hydrocarbons 
t o  lower b o i l i n g  products can bes t  be done by hydrocracking over dualfunc- 
t i o n a l  catalysts.  The aromatics have t o  be e i t h e r  p a r t i a l l y  o r  completely 
hydrogenated before they can crack t o  l i g h t e r  products. 
temperature, hydrogen pressure o r  concentrat ion and the  a c t i v i t y  and 
s e l e c t i v i t y  o f  the c a t a l y s t  con t ro l  the  product d i s t r i b u t i o n  o f  t he  
hydrocracking react ion.  The data i n  Table I shows t h a t  the  conversion 
o f  naphthalene increased w i t h  reac t ion  time up t o  2 hours. The y i e l d s  
o f  gas and coke and hydrogen consumption increased w i t h  naphthalene 
conversion. A l ky la t i on  of naphthalene took place dur ing hydrocracking 
t o  a s i g n i f i c a n t  extent. 
C5-C hydrocarbons i n  the  l i q u i d  product ind ica tes  t h a t  naphthalene was 
mainfy hydrogenated t o  t e t r a l i n  bu t  on ly  t o  a small ex ten t  t o  decal in.  

The a c t i v i t y  and s e l e c t i v i t y  o f  the dual funct ional  c a t a l y s t  depend 
upon the  r e l a t i v e  amounts o f  the hydrogenation and cracking components. 
The data i n  Table I1 shows t h a t  a Moo3 content o f  20 t o  25% i s  optimum 
t o  ge t  maximum hydrogenation and cracking funct ions.  
a lso  depends upon the  hydrocarbon t o  c a t a l y s t  r a t i o  as shown by the data 
i n  Table 111. 
c a t a l y s t  whereas cracking reached a maximum a t  15%. 
a lso  plays an important p a r t  i n  the hydrogenation-cracking system as shown 
i n  Table I V .  Both the hydrogenation and cracking increased w i t h  hydrogen 
concentrat ion. The gas y i e l d  increased wh i le  the coke y i e l d  decreased 
s l i g h t l y .  
deca l in  from naphthalene as can be seen from the higher concentrat ions o f  
decal ins and saturated C5-Cg hydrocarbons i n  the l i q u i d  product. 

oxygen, s u l f u r  and n i t rogen containing compounds and i t  i s  o f  i n t e r e s t  t o  
know the  e f f e c t  o f  t h e i r  concentrat ion on hydrocarbon conversion. 
effect o f  phenol on the conversion o f  naphthalene i s  shown by the  data i n  
Table V. The conversion o f  naphthalene increased w i t h  the phenol content 
up t o  20%. However, the cracking a c t i v i t y  was no t  a f fec ted  even a t  30% 
phenol though the hydrogenation a c t i v i t y  decreased t o  some extent.  The 
y i e l d s  of gas and coke decreased and the y i e l d  o f  l i q u i d  product increasea. 
The data ind ica tes  t h a t  the presence o f  phenol up t o  about 30% improves 
the  hydrocarbon conversion, On the contrary,  the presence of carbazole and 

Synthet ic crude o t l s  produced frm coal con ta in  la rge  quan t i t i es  o f  
The processing o f  these 

A b e t t e r  under- 

Therefore, t he  

The low concentrat ion o f  decal ins and saturated 

The t o t a l  conversion 

Maximum hydrogenation a c t i v i t y  was obtained a t  25% o f  
Hydrogen concentrat ion 

Higher hydrogen concentrat ion a lso  increased the format ion o f  

As mentioned e a r l i e r ,  syn the t ic  crudes conta in  l a rge  q u a n t i t i e s  o f  

The 
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quinoline reduced naphthalene conversion (Tables VI and VII) t o  a s ignif icant  
extent.  The e f f e c t  was more pronounced a t  higher nitrogen contents. 
the yields  of gas and coke deLreased at higher nitrogen concentrations, 
e f f e c t  of  the presence o f  uibenzothiophene on naphthalene conversion is  
shown by the data i n  Table VIII, 
b u t  a sulfur cont.ent c,f 2% 
The gas yield decreased while t h e  coks y ie ic t  increased. 
phene, n-hexyl merca t a n  d n d  diethyl sulf ide a l so  improved naphthalene 
conversion (Table l X 7  when they were Dreseni t q  the extent of 1% sulfur .  

Anthracene was hydrocracked under  similar conditions as naphthalene 
and the e f f e c t  o f  reaction time on conversfon i s  shown by data i n  Table 
X .  Hydrogenation of anthracene reached a maximum of 95% a t  one hour while 
the cracking increased w i t h  reaction time up t o  3 hours. In contrast  t o  
naphthalene hydrocracking, anthracene cracking produced more coke b u t  less  
gas. The main products were the p a r t i a l l y  hydrogenated anthracenes and 
naphthalenes. Small amounts of t e t r a l i n s  and decalins present i n  the 
product indicate  t h a t  e i t h e r  more hydrogenation ac t iv i ty  i s  necessary for 
converting anthracene to  monoring compounds as compared t o  naphthalene or 
anthracene hydrocracking has t o  be carr ied out in several stages. 

However, 
The 

1% sul fur  improved naphthalene conversion 
above, decreased the conversion s ignif icant ly .  

Like dibenzothio- 

The hydrocracking product dis t r ibut ion depends upon the type of cata- 

In case of naphthalene hydrocracking, a l l  the  three 

l y s t  used. 
containing oxides o f  cobal t ,  molybdenum and nickel and the data a re  given 
i n  Tables XI and XII, 
catalysts  affected s imilar  naphthalene conversions of about 74 t o  75%. 
However, cobalt  and nickel exhibited s l igh t ly  more hydrogenation and 
cracking a c t i v i t i e s  and yielded more gas .  
case o f  molybdenum. Almost similar resu l t s  were obtained w i t h  anthracene 
except cobalt  exhibited more hydrogenation and cracking ac t iv i ty  when com- 
pared to molybdenum and nickel , the l a t t e r  exhibiting similar a c t i v i t i e s .  
Molybdenum yielded more coke. 

Naphthalene and anthracene were hydrocracked over catalysts  

The coke yield was more i n  
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TABLE I 

EFFECT OF REACl IOli TIME ON KAPHTHALENE CONVERSION 

C a t d l v s t .  1.W; ~n S i l i ~ a - a l ~ ~ r n i t i a  

/ 

Product Distribiltion, \.it, % 

Gas 

Coke 

Nap h t h  a 1 ene 

A1 kylnaphthalenes 

Te t r a l  i n  

A1 kyl te t ra l  ins 

Decal ins 

Saturated hydrocarbons (C,j-C ) 

A1 kylbenzenes 

Hydrogen Consumption 

Naphthalene Conversion 

Hydrogenation 

Hydrocracking 

6 

6.1 

3.8 

49 " 6  

6,3 

11.7 

8,l  

Traces 

1.4 

13.0 

3.1 

44.1 

44.1 

24.3 

60 -- 

10.4 

5.8 

16.7 

16-7 

9.6 

5.1 

1.3 

6.1 

28.3 ' 

4 1  

66.6 

66 6 

50.6 

120 - 

12.9 

7.6 

15.5 

10.3 

7.8 

4.2 

1.3 

1.7 

38.7 

4.5 

74,2 

74.2 

60.9 
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TABLE 11 

EFFECT OF l i 0 0 ~  I t 'NiEt4l  OM NAPHTHALENE CONVLRhlON 

C 2 t ~ :  'I!, at : q h t  o f  Naph th? lens  

MOO, Content, ' 2 : .  % 

Product Distributio:i, h t .  L 

Gas 

Coke 

Naphthalene 

A1 kylnaphthalenes 

Tetra1 in 

Alkyl t e t r a l in s  

Decalins 

Saturated HydrocaPbcfis i 5 - C 6 )  

A1 ky 1 benzenes 

Hydrogen Consurnptic,c 

Naphthalene Conifer's I (JI 

Hydrogenation 

Hydrocracking 

15 - --- 

10.0 

5.1 

21.6 

10.8 

12.1 

1,o 

0.5 

1 .o 

37.9 

4.1 

67.6 

67.6 

5 4 , O  

20 _--- 

17,o 

5.2 

21,2 

10.5 

11.7 

1.1 

1 .o 
1.2 

37.1 

4.0 

63.3 

63.  3 

54.5 

11.7 

5.0 

20.9 

8 .9  

1 3 . 5  

1.4 

I . 3  

1 . 3  

3 .O 

A , ?  

:u,2 

!c; 2 

54,o  

35 - 

10.5 

4.9 

20.7 

12.0 

10,7 

2 6  

0.5 

1 .o \ 

\ 

L 

I 

37.1 

4 .  i 

6 1 , 3  

67,3 

53.5 
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TABLE I11 

EFFECT OF CATALYST CONCENTRATTON ON NAPHTHALENE CONVERSION 

Reaction Tine : i 21) M i  n u b s  

Catalyst :  Moo3 on Si l ica-a lumina 

Cata lys t  W t .  % o f  Naphthalene 

Product D is t r i bu t i on ,  W t .  % 

Gas 

Coke 

Naphthalene 

A1 kylnaphthalenes 

T e t r a l i n  

A1 ky 1 tetra1 i ns 

Decalins 

Saturated Hydrocarbons (C5-C6) 

A1 k y l  benzenes 

Hydrogen Consumption 

Naphthalene Conversion 

Hydrogenation 

Hydrocracking 

10 

10.5 

5.2 

21.2 

11 .o 
11.7 

1.1 

1 .o 
1.2 

37.1 

4.1 

67.8 

67.8 

54.0 

15 - 

13.0 

5.7 

19.2 

8.5 

9.6 

1.4 

1.1 

0.8 

40.7 

4.2 

72-3 

72.3 

60.2 

20 - 

12.8 

5.9 

16.1 

11.4 

8.7 

2.0 

0.7 

1.8 

40.6 

4.3 

72.5 

72.5 

61.1 

25 - 

12.9 

7.6 

15.5 

10.3 

7.8 

4.2 

1.3 

1.7 

38.7 

4.5 

74.2 

74.2 

60.9 
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TABLE I V  

EFFECT OF HYDROGEN CONCENTRATION ON NAPHTHALENE CONVERSION 

C,=rai?si.: Moo3 fin S i :  ica-alumind 

\ 

20.68 - 15.51 Hydrogen/Naphthalene Mole Ra t io  - 
Product D i s t r i b u t i o n ,  W t .  % 

Gas 

Coke 

Naphthal ene 

A1 kylnaphthalenes 

T e t r a l i n  

A1 k y l  t e t ra1  i n s  

Decal ins  

Saturated Hydrocarbons (C5-C6) 

A1 k y l  benzenes 

Hydrogen Consumption 

Naphthal ene Conversion 

Hydrogenation 

Hydrocracking 

12.8 

5.9 

16.1 

11.4 

8.7 

2.0 

0.7 

1.8 

40 ,. 6 

4.3 

72.5 

72-5 

61.1 

15.0 

4 -8  

15.2 

5,7 

8.2 

0.8 

1.5 

3.1 

45-7 

4.6 

79.1 

79.1 

69.6 

\ 
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4' 

I 

! 

Phenol Content, W t  ._.L ~ 

Product Distribution, W t .  X 

Gas 

Coke 

Naphthalene 

A1 kylnaphtha;mes 

Tetra1 in 

A 1  kyl t e t r a l in s  

Decal ins 

Saturate0 Hyd*bcarbons ( C  -I: \ 

A1 kyl benzenes 

Naphthalene CcxVers1wi 

Hy d rag e t i  a t 1 o n 

Hydrocracki r g  

5 6  

0 0  -- 

10.4 

5.8 

16.7 

I b  7 

9.6 

5.1  

1 3  

0.7 

33 7 

05.6 

66.6 

50 0 

10.0 - 

9"O 

4.2 

16-6 

13.6 

9.5 

3.0 

1 1  

4 , o  

39 0 

65 3 

69.5 

5 6 " 2  

30 .O - 20.0 - 

8.5 7.6 

4 .0  4.0 

1 5 - 6  14.3 

9.5 14.3 

9:9 

5.8 

1.8 

5.4 

39,5 

74.9, 

7 4 * 5  

5 7 . 4  

10.2 

2.6 

. 0.9 

6.6 

39,5 

71.4 

71.4 

57 7 



- 92 - 

TABLE V I  

EFFECT OF CARBAXLE ON NAPHTHALENE C O N V E R S I O N  

Ca+?lvs+ M;03 S i  lica-allitnina 

2"O - 1 .o 
I_ 

G O  Nitrogen Content, h't. %Jdaphtflalene --- 

Product Distribution, W t ,  % 

Gas 10.4  7.1 5.1 

Coke 

Naphtha lene 

A1 kyl  naphthalenes 

Tetra1 in 

A1 ky 1 tetra 1 i ns 

Decal i ns 

Saturated Hydrocarbons !C,-C6) 

A1 kyl  benzenes 

Naphthalene Coiivers ier, 

Hydrogenation 

Hydrocracking 

5.8 

16,7 

16 -7 

9.6 

5 . 1  

1.3 

0.7 

33 7 

6 6 ° C  

€ 6  E ' 

50.6 

3 .O 

38.2 

7-2 

26.9  

0 . 4  

Traces 

1.0 

16.2 

54.6 

-54,6 

2 7 . 3  

2 .6  

41.6 

5 . 9  

28.7 

0.2 

0.1 

0.3 

15 5 

5 2 - 5  

5 2 , 5  

2 3 . 5  

k 
I 

I 
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TABLE V I 1  

EFFECT OF QUINCLINE ON NAPHTHALENE CONVERSION 

Catalyst: Moo3 or: Silica-alumina 

1.0 Nitrogen Content, a t .  I of Naphthalene. - 0 -0 - 
Product Distribution, Wt. X 

Gas 

Coke 

Naphthalene 

A1 kyl naph thal enes 

Tetra1 i n  

A1 kyl te t ra1 i n s  

Decal ins 

Saturated Hydrocarbons (C5-C6) 

Alkylbenzenes 

Naphtha1 ene Conversion 

10.4 

5.8 

16.7 

16.7 

9.6 

5.1 

1.3 

0.7 

33.7 

66,6 

8.8 

2i7 

33.4 

7-3 

20.0 

2.1 

Traces 

1.7 

24 -0 

59.3 

Hydrogenatim 66.6 59.3 

Hydrocracking '50.6 -37.2 

-2.0 - 

7.4 

2.6 

36.0 

20.0 

15.9 

0.9 

0.5 

1.0 

15.7 

44.0 

44.0 

26.7 
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TABLE VI11 

EFFECT OF D!BENZOTHISFHENE O N  NAPHTHALENE CONVERSION 

Reac t lnn  T ime.  60 Minutes 

Catalyst: Moo3 cn S i  lica-Alumina 

Sulfur Content: 
W t .  % o f  Naphthalene _^- 

Product Distr ibut ion,  W t ' .  % 

Gas 

Coke 

Naphthalene 

A1 kylnaphthal enes 

Tetra1 i n  

Alkyltetral ins 

Decal i ns 

Saturated Hydrocarbons (C5-C6)  

A1 kyl benzenes 

Naphthalene Conversion 

Hydrogenation 

Hydrocracking 

9 . 3  -- 

10.4 

5.8 

16.7 

16.7 

9 . 6  

5.1 

1.3 

0.7 

33.7 

66 6 

66.6 

50.5 

1.0 - 

9"O 

6.1 

14,8 

16,6 

11.5 

2.9 

1.5 

1.9 

35.7 

68,6 

63,6 

52,7 

2.0 - 

8.9 

'6.4 

17.4 

16.6 

11.4 

3-8 

1 .o 

1.2 

33.3 

66"O 

66.0 

49.8 

\ 

3.0 - 

8.2 1 

6.2 

15.0 
\ 

24,4 

11.1 

2.7 

0.7 1 
1.2 i 

30.5 I 

60,6 

60.6 

46.1 
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TABLE 1X 

EFFECT OF D IFFEREHT SOLFI1R C!MPOUMDS ON NAPHTHALENE CONVERSION 

Su l fu r  Content: ? ,Ox by Weight o f  Naphthalene 

Cata lyst :  Moog on Si l ica-a lumina . 

D i  benzo- n-Hexyl Diethy l  
Sul fur  Compound thiophene mercaptan Su l f i de  

Product D i s t r i b u t i o n ,  W t .  % 

Gas 9.0 9.8 10.5 

Coke 6.1 4.2 , 5 .O 

Naphthalene 14.8 16.4 16.3 

A1 k y l  naphtha1 enes 16.6 14.0 12.6 

Tetra1 i n 11 '5 1006 11 -9 

/I1 k y l  t e t ra1  ins  2.9 3.4 6 .O 

Decal i n s  1.5 1.7 1.2 

Saturated Hydrocarbons (C5-C6) 1.9 1.7 1 .o 
A1 k y l  benzenes 35.7 38.2 35.5 

Naphthalene Conversion 68.6 69.6 71.1 

Hydrogenation 68.6 69.6 71.1 

Hydrocracking 52.7 53-9 52.0 
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EFFECT OF REAL 

I20 - FO 
I- 

Reaction T i m ,  Minutes 

Product D i s t r i b u t i o n ,  Ut. % 

Gas 5 - 1  5 -8  

Coke 13.5 14.1 

Anthracene 4.9 5 b 5  

Hydroanthracenes 34.8 30.2 

Naphthalenes 31.1 ' 30.5 

Te t ra l ins  and Decal ins 2.2 3.1 

A1 kyl benzenes 8.4 10-8 

Anthracene Conversion 95.1 94.5 

Hydrogenation 95.1 94,5 

Hydrocracking 6 0 , 3  64 3 

180 - 

6.8 

15.2 

5.4 

23.6 

30.6 

5 . 3  

13.1 

94.6 

94.6 

71 .O 
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TABLE X I  

NAPHTHALENE CONVERSION WITH D I F F E R E N T  CATALYSTS 

Reaci-ion T!mi., 72s Minutes 

Catalyst 

Product Distribution, Wt. % 

Gas 

Coke 

Naphthalene 

A1 kyl naphtha1 enes 

Tetra1 in 

A1 kyl tetra1 ins 

Decal ins 

Saturated Hydrocarbons (C5-C6) 

A1 kyl benzenes 

Naphthalene Conversion 

Hydrogenation 

Hydrocracking 

Cgbd1 t 
:I* i de 
icoo1 

16.2 

5 . 6  

13.5 

11 - 3  

4 .9  

2.0 

4.9 

3.0 

38.6 

75.2 

75.2 

63.4 

Molybdenum 
O x i d e  
(Moo3 1 

12.9 

7,6 

15.5 

10.3 

7.8 

4,2 

1.3 

1.7 

38.7 

74.2 

74.2 

60.9 
I 

'Nickel 
Oxide 
( N I O )  

15.4 

7.0 

13.1 

11.5 

6.6 

1 . 7  

3.3 

2 .o 
39.4 

75.4 

75 .4  

63.8 
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TABLE X f l  

C O ? d  I t  Molybdenum 
O i  i de I Oxide - - I ~  

Catslys t 

Product Distribution, W t .  % 

Gas 

Coke 

Anthracene 

Hydroan thracenes 

Naphtha 1 enes 

Tetralins and Decalins 

Alkylbenzenes 

Anthracene Cmversion 

Hydrogenation 

Hydrocracking 

7 .2  

1.1 .o 
4.8 

26.0 

32.1 

4.0 

14.9 

95.2 

95,2 

59.2 

5.8 

14.1 

5.5 

30.2 

30.5 

3.1 

10.8 

94.5 

94.5 

64.3 

Nickel 
Oxide 

6.2 

.12.2 

4.7 

30.9 

32.3 

2 -8 

10.9 

95.3 

95.3 

64.4 
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i 

A PROCESS FOR DRY HYDROGENATION O F  LOW RANK COALS 
WITH HIGH YIELDS O F  PHENOLICS 

Char l e s  W;  Albright and Hubert  G. Davis 

Union Carbide Corporation 
Research and Development Department 

Chemicals  and Plastics 
P .O .  Box 8361 

South Charleston, West Virginia 25303 

INTRODWC TION 

The available methods fo r  converting coal into gaseous o r  liquid fuels 
or chemicals a r e  general ly  f o r m s  o r  combinations of t h ree  basic p rocesses .  
These a r e  pyrolysis or carbonization, hydrogenation, and CO-H, synthesis gas 
production with fur ther  conversion of the synthesis gas  if desired.  
economics and precar ious existence of the f o r m s  which these basic p rocesses  have 
taken s t e m  f r o m  seve ra l  factors .  
crude tar product in low yield and m u s t  be coordinated with a power-plant requiring 
the residual  coke o r  char .  High-pressure hydrogenation, a s  in the commercialized 
German Bergius p rocess ,  is technologically difficult, r e q u i r e s  heavy investment 
pe r  b a r r e l  of crude product, and consumes l a rge  amounts of expensive hydrogen 
f r o m  synthesis gas.  The handling of the pulverized coal as  a s l u r r y  in  heavy r e -  
cycle "pasting" oil is a complicating feature.  
as the F i sche r -Tropsch  p rocess ,  require  high investment in both synthesis gas  
production and the synthesis s t ep  i tself .  

The doubtful 

Low-temperature  carbonization produces a 

The var ious CO-H2 syntheses,  such 

In seeking a m o r e  economically a t t ract ive route to products f r o m  coal, 
we have studied the pyrolysis of coals  under mildly hydrogenating conditions in the 
absence of a liquid vehicle;  i. e., in  a fluidized bed of solid pa r t i c l e s  of coal  and 
reacted char .  
we investigated regions of low hydrogen consumption to minimize the c o s t  and we 
accepted an  incomplete conversion of coal substance to gas  and liquid product with 
the char  by-product t reated as the basic fuel f o r  plant operation, A s  a chemical 
company we  w e r e  seeking chemical r a the r  than energy products and were par t icular-  
ly interested in the potentially high phenolic yields obtainable f r o m  low-rank coals. 

D r y  hydrogenation of coal w s investigated briefly and appa re  t ly  abort-  
ively in Germany during World W a r  ,I?'). The U.S. Bureau of M i n e ~ ( ~ 7  followed 
up this work immediately af ter  the war  and coined the  t e r m  hydrocarbonization 
which we u s e  in this report .  
by hydrocarbonization as a n  a l t e rna te  to the Bergius p rocess  for the  production of 
liquid fuels f r o m  coal. However, t he re  s e e m s  to have been no m a j o r  effort  at  ex- 
ploitation of this work at any l a t e r  time. 

We looked for  coals that  gave at t ract ive yields of tar by carbonization, 

The Bureau desc r ibes  their  effort  t o  develop a process  

The work reported h e r e  is p r imar i ly  based on a bench-scale experimental  
effort (about one pound of coal pe r  hour) c a r r i e d  out s eve ra l  y e a r s  ago mainly with 
a Wyoming, subbituminous C coal f r o m  Lake de Smet. Two scale-ups w e r e  also 
successfully operated,  a t  about 10 and about 1500 pounds per  hour. Each of these 
scale-ups produced its own operating problems. But in each case these w e r e  s u r -  
mounted and operability and yields equivalent to those f r o m  the bench-scale oper- 
ation were achieved. Wyoming (subbitum- 
inous C )  f r o m  Wyodak, Texas Lignite, and North Dakota Lignite w e r e  essentially 
equivalent t o  Lake de Smet  coal. Elkol and Bril l iant Wyoming coals  and weathered 
Pittsburgh No. 8 were l e s s  sat isfactory but could be handled. 

Several  other  coal  feeds were studied. 
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EXPERIMENTAL 

Ampa r a tu s ( B en ch - S c a 1 e Unit ) 

in F igure  1. 

- 
The bench- sca le  hydrocarbonization unit as it finally evolved is shown 

Its nominal capaci ty  is 1. 0 l b / h r  of 40- 100 mesh  coal. 

The sys tem cons is t s  of the following major  i t ems:  

Coal Feed Hopper - sized to hold about 3500 g r a m s  of coal,  enough for  
6- 10 hours  operation. 
4 feet  high. 

Constructed f r o m  schedule 80, 3-inch carbon-steel  pipe, 

Calibrated Thermal -Feed  Rate  Device - a miniature  heat  exchanger to  
indicate a rough coal feed rate. 

Calibrated Vibra tory  Coal Feeder - based on a chicken-feeder principle 
for  gas  flow to pick up  a controlled amount of coal.  

Fluidized Reac to r  -, stainless  steel, 1-inch I. D. ,  1/4-inch wall thick- 
n e s s ,  9 inches high with expanded head 18 inches high made of 2-inch schedule 
80 pipe. 
A 1/4-inch thermowell  is instal led i n  the center  of the reac tor .  
are  located one inch, four  inches,  seven inches and twelve inches from the 
bottom of t h e  reactor .  
ization bed while the upper one is in the vapor  space  above the bed. 
is equipped with four independent e lec t r ica l  heating c i rcu i t s ,  one each for  the 
reac tor ,  the expanded head, the vapor outlet  line, and the char  overflow line. 

Char  overflow l ine and vapor outlet made  f r o m  1-inch schedule 80 pipe. 
Thermocouples 

The lower t h r e e  thermocouples  a r e  in  the fluidized carbon- 
T h e  reac tor  

~ Char  Receiver  - a duplicate of the  coal feed hopper.  

Steam-Cooled P r i m a r y  Condenser - s ta in less  s tee l ,  1- 1/2-inch, 
22 inches long with a 2-inch s t e a m  jacket.  

schedule 

Water-cooled Condenser  - carbon s teel ,  1-inch, schedule 40, 44 inches 
high with a l - l /Z - inch  jacket.  

Ice-Water-cooled Condenser  - duplicate of water-cooled condenser.  

Operating, Sampling, and Analytical  P rocedures  
The feed coal  was  removed f r o m  a vacuum d r i e r  at ambient  tempera ture  

and a weighed sample was  charged to  the feed hopper.  
of the cu r ren t  t o  the e lec t r ica l  heating elements  brought the var ious p a r t s  of the 
unit to the ta rge t  t empera tu res .  
conditions were  establ ished.  
valve in the, l ine separat ing the feed hopper f r o m  the coal  feeder  and s tar t ing the 
Syntron vibrator  which was  attached to the coal  feeder  body. P r i o r  t o  s tar t ing the 
coal-feed, the cur ren t  to t h e  e lec t r ica l  heating element  on the the rma l  feed- ra te  
device had been adjusted to a level  such  that the thermocouple indicated a temper-  
a t u r e  of 140°C. Af te r  es tabl ishing coal  flow, the cold coal flowing through the tube 
f r o m  the hopper to the f eede r  conducted hea t  away f r o m  the me ta l  co re  of the feed-  
r a t e  device and the thermocouple  tempera ture  lined out  at a lower level.  Calibration 
of the f e e d e r ,  pr ior  to experimental  runs,  showed that  a tempera ture  level of about 
100°C. would resul t  i n  a coal  feed ra te  of about one pound p e r  hour ,  the desired r a t e  
f o r  the majori ty  of the experiments .  
therefore ,  varied to ad jus t  the t empera tu re  to the 100°C. level.  
works on the principle of a "chicken feeder";  i .  e . ,  the gas  flowing a c r o s s  the 
Supply of coal in the enlarged p a r t  of the body below the cut-off tubing eats  away 
the coal which is  continuously replaced by coal  f r o m  the hopper.  The function of 
the vibrator  is to ruff le  the coal  interface so that m o r e  coal will be picked up as 
the amplitude of vibration is  increased.  

Meanwhile, fine adjustments 

The unit was pressur ized  and gas  flows a t  target  
The run  was then s ta r ted  by opening t h e  shut-off 

The amplitude of vibration to  the feeder  was,  
The feeder  device 
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The vibrations also insure  that the down-tube f r o m  the coal hopper r ema ins  full. 
Minor f eed - ra t e  adjustments of about 50 g r a m s  on a base  of 450 g r a m s  p e r  hour 
could be achieved by changing the amplitude of vibration. 
quality of fluidization was monitored by the tempera ture  spread  in  the bed as indi- 
cated by a spread ,  top to bottom, of about 10°C. 
fluidization with the minimum of fluidizing gas  in o rde r  to  minimize cha r  car ryover .  
Therefore ,  the gas flow to the unit was general ly  reduced to  a point where a slight 
tempera ture  spread in the bed developed, then the flow was increased  in small in- 
c rements  until the spread  disappeared. To achieve equilibrium a t  ta rge t  operating 
conditions required about 10 minutes. 

During the run,  the 

It was des i rab le  to have good 

A composite gas  sample  was collected at a constant rate by liquid dis-  
placement throughout the run. Spot gas  samples  were  a l s o  taken. 

Normally, with minor  adjustments, the runs  proceeded until t he  coal  
feed-hopper was empty. 
the tempera ture  of the thermal  feed- ra te  device. 

turned off and the unit was allowed to cool overnight. 

This  point was rapidly indicated by a sudden increase  in  
With the terminat ion of the ex- , periment ,  the unit was closed in a t  p re s su re ,  gas  flows stopped, e lec t r ic  c i rcui ts  

m The char  rece iver  was drained and the cha r  weighed to  de te rmine  the 
char  yield. 
in  an open container. 

It was found that the char  ignited spontaneously at room tempera ture  
It was therefore  s tored in a d rum pressur ized  with nitrogen. 

The condensers  were  drained into a common rece iver  j a r  and a ne t  
1’ liquid g ross  product weight was determined. 

f i l tered and charged to  a 1-inch I. D. by 20-inch-high g lass  distillation column 
packed with 1/4-inch protruded packing. 
a f te r  it was d r y  and this weight, between 15 and 30 g rams ,  was added to the char 
yield. 

The en t i re  liquid product was then 

The  char  f i l t e r  cake weight was determined 

The product w a s  then stripped of water  by distilling a t  a tmospher ic  p r e s -  
Some oil azeotroped with su re  

the water and was subsequently separated by decantation and returned to the kettle 
after it cooled. The tar was then cut into four  f ract ions as follows: 

and on total make to a kettle tempera ture  of 200°C. 

(1)  

( 2 )  

(3)  

(4)  

IBP to 130°C. a t  a tmospheric  p r e s s u r e  and a 3 to  1 reflux ratio. 

130-260°C. light oil, at 50 mm and a 6 to  1 ref lux rat io .  

260-340°C. middle oil, a t  1 0  mm and a 3 to 1 reflux ra t io ,  and 

Residue, boiling 7340°C. and consisting of theiheavy oil and pi tch. .  
In some runs the heavy oil  
f ract ions were  determined by a Vigreux distillation. 

(340-350°C. a t  10 mm) and pitch 

The analyses  performed on the var ious samples ,  f o r  the m o s t  par t ,  a r e  
However, s tandard o r  well-known and it is not necessa ry  to document them he re .  

t he re  was  one special  analyt ical  development during the course  of the experiments ,  
i. e . ,  the determination of the concentration of var ious tar acids  boiling through 
the xylenols, without separat ion f rom the neut ra l  oil,  by a gas  chromatographic  
technique. 
in raw light oi ls  f rom coal carbonization, e tc . ,  can be ex t remely  useful in following 
effects of changes in processing.  
with Apiezon N stopcock grease ,  o r  with similar neut ra l  columns, the o rde r  of 
elution is: Phenol; 0- c reso l ;  m-p -  c re so l s ;  0- ethylphenol; 2, 5- xylenol; 2 ,4 -  
xylenol; 2, 3- xylenol, m - p -  ethylphenol; 3, 5- xylenol; and 3, 4- xylenol. 2, 6- 
Xylenol is eluted somewhere between m-p-c reso l  and o-ethylphenol, and m-p-ethyl- 
phenol about.the same  t ime a s  2,3-xylenol. 
the nine ethylphenols and xylenols give at m o s t  s ix  incompletely resolved peaks, 

1 

This  method of determining a t  least a par t ia l  distribution of phenolics 

With a column packed wi thChromosorb  coated 

M- and p -c re so l  a r e  unresolved, and 
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some of which may a l s o  contain smal l  amounts of Cs-phenols. Nevertheless ,  con- 
s iderable  information concerning a sample  may be obtained by this  s imple fo rm of 
chromatography, cer ta in ly  enough to follow substantial changes in  distribution. In- 
te r fe rence  from hydrocarbons p re sen t  is co r rec t ed  for  by a comparison with the chro-  
matograph of a typical neu t r a l  oil, prepared by extraction of product oil with caustic. 

Protect ion of Coal f r o m  Oxidation 

lesson  on handling the coa l  was  learned.  
s a r y  in o r d e r  to prevent  oxidation and obtain t ru ly  representat ive yields f r o m  this  
low-rank coal. The precaut ions decided upon as a r e su l t  of the prel iminary work 
were  used i n  succeeding experiments  with Lake de  Smet coal. 

In the pre l iminary  experiments  with Lake de Smet  coal, an important  
It was found that ex t reme c a r e  was neces-  

A sample of Lake  de Smet coal  was obtained by core-dr i l l ing south of the 
The sample of coal was lake on property of the Nor thern  Wyoming Land Company. 

careful ly  protected fo r  sh ipment  by placing the wet co res  i n  polyethylene bags and 
surrounding the bags with wet core-cut t ings i n  a wooden packing box. On a r r i v a l  a t  
the r e s e a r c h  laboratory,  an  aliquot sample  of the co res  was taken, par t ia l ly  dr ied , 
a t  ambient  tempera ture  in  a vacuum des icca tor ,  ground and analyzed. The remain-  
ing c o r e  samples  were  placed in  a commerc ia l  vacuum drying oven and dr ied over -  
night a t  50°C. The c o r e s  w e r e  then ground to yield sufficient 40-100 mesh  coal  for  
two experimental runs.  

' 

t 

The ana lys i s  of the aliquot sample,  the sample prepared for  experimental  
u se  and an analysis repor ted  by the United States  Bureau of Mines, Denver, Colorado, 
a r e  shown in  Table I. 
Table  II. 

The  operat ing conditions and the product yields a r e  shown in ' 

The yield of tar f r o m  the experimental  supply of Lake de Smet  coal was 
only 5.9% MAF coal  when carbonized in an  ine r t  a tmosphere a s  shown in Column 1, 
Table 11. This compares  with a 10.9% yield repor ted  by the U.S.B.M., shown in 
Column 4. 
Column 2 shows that  in a hydrogen a tmosphere ,  at a hydrogen par t ia l  p re s su re  of 
320 psi, the  tar  yield inc reased  to only 8 .9%.  
about 17% a s  shown in Column 3. 
Turning to the ultimate ana lyses  given in  Table  I, i t  i s  apparent  that the experimental 
supply of coal  l o s t  hydrogen, down f rom 5. 3 to 4. 3% and gained oxygen, up f rom 19. 1 
to 20. 3% during the drying and grinding operations. 
on the tar yields f r o m  these  pre l iminary  experiments  shows that ex t reme c a r e  is 
requi red  i n  handling the coal  in o rde r  to obtain t ru ly  representat ive yields. 

The respec t ive  cha r  yields  were  76.6% and 68.4%. Fur the rmore ,  

W e  had anticipated a t a r  yield of 
The respect ive cha r  yields were. 68.9 and 57.0%. 

The adve r se  effect of oxidation 

After  this experience the following procedure was  used to prevent  oxi- 
dation of the feed coal. 
d rums  with the coal  completely submerged in  water .  
experiments ,  lumps of coa l  were  removed f rom the water and placed in the vacuum 
drye r .  
dryin - t ime required being determined by trial and e r r o r .  (The  coal  a s  mined has 
a 3 0 t  0 mois ture  content) .  The  vesse l  and the par t ly  dr ied coal were  then allowed 
to cool to ambient  t empera tu re  pr ior  to breaking the vacuum and removing the coal. 
The par t ly-dr ied coal  w a s  ground and screened to obtain a maximum yield of coal 
in the range of 40-100 mesh .  This  was  the s ize  of coal used throughout the experi- 
ments .  
with the vapors f r o m  the fluid bed into the condensers .  
dr ied ground coal was s to red  in sealed d rums  under positive p r e s s u r e  supplied 
high-purity nitrogen cyl inders .  

The Lake de Smet coal was received f r o m  Wyoming in  
A s  needed for  a s e r i e s  of 

The coal w a s  d r i ed  ini t ia l ly  t o  a mois ture  level  between 20 and 25%,  the  

' 

The minus 100 mesh  was re jec ted  in  o r d e r  to  minimize char  ca r ryove r  
Between runs,  the par t ly  

The day before  a run  was  t o  be made, sufficient coal for  making the run 
(about  4000 g r a m s )  was  removed f r o m  the ni t rogen-pressurized d rum and charged 
to the vacuum oven for  f inal  drying a t  50°C.  
the moi s tu re  content f r o m  20-25% to about 1-3%. 
f o r e  the coaJ was removed.  

About 6 hours  were  required to reduce 
The oven was allowed to cool be- 
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EXPERIhLENTAL RESULTS 

The experimental r e su l t s  presented in th i s  paper a r e  all based upon Lake 
de  Smet ,  Wyoming, coal. 
of coal lying near  the su r face  and with thickness up t o  200 feet. At s o m e  t ime in the 
past  the coal has partially burned out, fa rming  a basin now j i l led with water and 
known as Lake de  Smet. 
of about 7, 000 B. t . u .  pe r  pound a s  mined. 
the relatively modest overburden make  for low-cost mining, the deposit  is a potential 
cheap source  of raw mater ia l .  

This  unusual coal formation existb in the f o r m  of a lens  

T h e  coal is  of subbituminous C rank, with a heating value 
Because the thickness of the s e a m  and 

A typical analysis of Lake d e  Smet  coal is: 

Ultimate Analys is ,  Wt .  % on Mois ture- f ree  and A s h i f r e e  Basis 

C 
H 
N 

72. 0 
5. 5 
1.4 

S 1. 1 
0 (by difference) 20. 0 
Ash, d r y  basis 17. 0 

North Dakota and Texas  lignites, and Wyodak, another Wyoming sub- 
bituminous C coal, have s imi l a r  analyses and give a lmost  identical resu l t s .  

Comparison of Hydrocarbonization with Carbonization 

It is c l ea r  f r o m  the d a t a  presented, and the  compar ison  given with carbon- 
ization in nitrogen, that hydrocarbonization differs substantially and quantitatively 
f r o m  carbonization. 
is roughly doubled, the proportions of light oil and of -230°C. phenols in the t a r  a r e  
increased. The following shor t  table summar izes  the  ma in  differences.  Before 
any experimentation on Lake de Smet coal, yields of ta r  f r o m  hydrocarbonization 
were  predicted f r o m  the Bureau of Mines carbonization data with f ac to r s  estimated 
f r o m  German and Bureau work on d ry  coal hydrogenation. 
8 minutes coal residence t ime a t a r  yield of about 25% was predicted. Coal res i -  
dence t ime is defined as  the t ime  required to f i l l  the r eac to r  with f r e s h  coa l  feed. 

The re  is considerable reaction with hydrogen, the yield of tar 

A t  1000 ps i ,  525°C. and 

Carbonization Carbonization By Hydrocarbonization 
Yields as Wt .  70 in N, P a r r y  P r o c  ss This Work 

MAF Coal This Work USBM Datar3) 1 . 6 %  H2 H eacted 

Char  67 
T a r  1 2  
Gas 9 
Water 12 
<260°C., Light Oil 4 
<23OoC.,  Phenols 2 
Phenol 0. 5 

67 
12 
8 

1 3  
3 
1 .5  
0 .5  

49 
25  
1 4  
1 4  
10  

5.2 
1.9 

A decided advantage of hydrocarbonization is the possibil i ty of I'P cycling 
products, especially phenolics, to the reac tor  and reducing the i r  molecula: weight 
to  the range des i red  - to  phenol if  necessary .  
enough facility and hydrogen would probably have to be supplied to  c a r r y  out this 
hydrocracking step. 

Even in a s t ra ight  carbonization plant 

Effects of Operating Var iab les  

Effect of Tempera tu re  
Operating t empera tu res  of 478 to 567°C. w e r e  studied with hydrcgen 
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par t ia l  p r e s s u r e  and coa l  res idence  t ime held approximately constant at 900 psia 
and 9 minutes,  respectively.  
tion on the tempera ture  va r i ab le  and Figure  3 shows the yields. F igu re  4 shows 
that at  t empera tu res  much  above 520°C. rapid inc rease  i n  hydrogen consumption 
does  not r e su l t  i n  significant i nc reases  in tar yield. Actually the curve  drawn in 
F igu re  3 indicates a max imum t a r  yield a t  about 540°C. 

F igu re  2 shows the dependence of hydrogen consump- 

Effect of Hydrogen P a r t i a l  P r e s s u r e  
The Dartial v r e s s u r e  of hvdroeen was var ied  in the range  0 to  940 psia 

with ternperatuie and c o a l  res idence  time held at about 540°C. and 8 minute;, 
respectively.  
sumption on partial  p r e s s u r e .  F igu re  6 shows that t a r  r i s e s  proportionately. A 
single experiment at 1500 psi  indicated tha t  the yield of tar i s  still an increasing 

, function of p r e s s u r e  above 1000 psi. 

F igure  5 ind ica tes  a roughly l inear  dependence of hydrogen con- 

Effect of Coal Res idence  T i m e  
Figure  7 shows the effect of coal res idence  t ime at constant tempera ture  

and hydrogen par t ia l  p r e s s u r e  (about 900 psia). 
drawn, at low res idence  t imes ,  is roughly that of a typical f i r s t -o rde r  reaction. 
Ra te  constants can  be e s t ima ted  by assuming each curve  approaches some  maxi- 
m u m  hydrogen consumption. Th i s  is shown f o r  540°C. where 3.5% hydrogen con- 
sumed is a rb i t r a r i l y  ca l led  t tcomple te  reaction. ' '  Figure  8 shows product yields 
at 540°C. as a function of res idence  t ime. At th i s  t empera tu re  there  is little or 
no gain in tar yield a f te r  about 8 minutes ,  although hydrogen consumption continues 
to  r i s e .  

The shape  of the curves  we have 

Effect of Ash and  W&r 
Batches of L a k e  de Smet coa l  f r o m  two sections of the a r e a  had quite 

different ash contents. The  r e su l t s  plotted in F igu re  9 show that the low ash  sample 
was  slightly l e s s  reac t ive ,  perhaps  indicating some  catalytic activity in  the ash .  

Batches of Lake de Smet  coa l  dried to var ious  water  contents were  a l so  
studied, but no differences noted. 

Composition of Gas ,  T a r ,  and Char  P roduc t s  

hydrocarbonization conditions. 
a r e  potential chemical values.  

- Gas: Table III shows typical gas  product ana lyses  under mild and seve re  
In both c a s e s  the B. t. u. content is high and there  

- T a r :  Table 1I.I a l s o  gives typical ana lyses  for t a r s  f r o m  the same  experi- 
ments .  Our  par t icu lar  i n t e r e s t  is in the phenolics content and distribution. 
tar acid distribution s e e m s  to  be f a i r ly  insensit ive to  the sever i ty  of hydrogenation 
and the re  is a surpr i s ing ly  high content of phenol itself. 

The 

Char:  The u l t imate  ana lyses  of the cha r s  for the runs  a r e  given in Table 
111. T h e r e  is s t i l l  s o m e  oxygen in  the cha r  at the higher severity,  although other 
exper iments  have shown th is  to approach z e r o  at slightly higher t empera tu res  or 
longer residence t imes .  
have  found the hydrogen content t o  be relatively independent of operating conditions. 

Hydrocarbonization Under Mild Conditions 
Studies under v e r y  mi ld  hydrocarbonization conditions showed that a high 

percentage of the tar and phenolic value could be recovered  with ve ry  low hydrogen 
consumption a t  a hydrogen par t ia l  p r e s s u r e  of about 300 psi. For example a 5.1% 
light oil tar acid yield w a s  obtained with only 1.4% hydrogen consumption. 
yield of phenol was 1 .8%.  
hydrogen partial  p r e s s u r e ,  of 5.7'70 of MAF coal. 
tion was 2 .  2% and the phenol yield was 1 .  6% M A F  coal. 
in t he  p rocess  is the consumption of hydrogen per unit of phenolics produced, 
a m i l d  condition of hydrocarbonization i s  probably economically desirable.  

T h e r e  is about 4% hydrogen in both c h a r s .  In general  we 

The 
This  c o m p a r e s  to  a light oil tar acid yield, at 900 psi  

However, the hydrogen consump- 
Since a m a j o r  cos t  factor 
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TABLE I 

1 

J 

PROPERTIES O F  LAKE D E  SMET COAL 

Aliquot Sample Experimental  
Proximate  Analysis,  Wt. % as Received Sample 

Volati le Matter 
Fixed Carbon 
Moisture 
Ash  

Ultimate Analysis,  Wt. % M F  Coal  

C 
H 
N 
S 
0 (by difference) 

33.8 
35.8 
19.3 
11.1 

72.4 
5.3 
1.6 
1.6 

19.1 

TABLE 11 

; 
t 

CARBONIZATION AND HYDROCARBONIZATION 
O F  LAKE D E  SMET COAL 

C h a r  

T a r  

Gas  

Water '  

38.2 
45.9 

1.5 
14.4. 

72.2 
4.3 
1.5 
1.7 

20.3 

Fluidization Gas 

P r e s s u r e ,  psig 

Tempera ture ,  "C. 

Hydrogen Partial 
P r e s s u r e ,  psi  

Hydrogen 

Denver  Station. 
USBM, Run 146 

28.2 
30.9 
24.8 
16.1 

70.2 
5.5 
1.5 
0.7 

22.1 

Operating Conditions 

U. S. B. M. Denver 
Estimate* Station, Run 146 

Nitrogen Hydrogen Hydrogen Nitrogen 

200 400 400 Atmospheric  

515 515 51 5 500 

ni l  32 0 320 ni l  

Yield, Weight % MAF Coal  . ' 

76.6 68.9 57.0 68.4 

5.9 8.9 

9.0 11.6 

17.0 

15.0 

10.9 

8.4 

8.5 11.5 ' . 12.0 12.3 

- -0.9 -1 .0 - 

100.0 100.0 100.0 100.0 

* Estimated by interpolation of German  and USBM data on low-rank coals.  
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TABLE 111 

COMPOSITION OF GAS, TAR, AND CHAR 

Operating Conditions 

Mild Hyd rocarbonization - 
Temperature ,  "C. 
Hydrogen Partial P r e s s u r e ,  p s i  
Residence Time, Minutes 

560 
310 

a. 2 

Yields, Weight % MAF Coal 

C h a r  
T a r  
W a t e r  
C a s  
Hydrogen 
Unaccounted for 

50. 4 
21.3 
13. 2 
16. 0 
-1.4 

0.5 

100.0 

Gas Composition, Volume %, H, F r e e  

Component 
Methane 
Ethane 
P ropy1 ene 
Propane 
Butenes 
n-Butane 
i-Butane 

co 
C,' s 

COZ 
HZS 
Molecular Weight 
Wt. % Hydrogen i n  Gas 

46. 3 
9.1 

4. 7 
1.1 
0.4 
0. 7 
0.2 

7.5 
0.2 

25. 5 
12.1 

1. a 

28.2 

T a r  Composition 

Distillation, Weight 7% of T a r  

Fract ion,  F rom- to ,  "C. 
IBP-260°C. 37.0 
260-340°C. 12.0 
340°C. 51. 0 

T a r  Acids,  Weight % MAF Coal 

IBP-260°C. 
260-340°C. 

Benzene 
Toluene 
Naphthalene 

5.1 
1.5 

Yield of Bas i c  Aromatics ,  Lb/Ton MAF Coal 

0. 1 
0.2 
0. 3 

Severe 

567 
940 

10.2 

38.4 
29.0 
19.2 
16.2 
-3.5 
0.7 

100.0 

63.1 
13. 7 
0.3 
4.5 
0.6 
0. 5 
0.4 
0.1 

14. 1 
2.5 
0.2 

22.36 
17. 34 

44. 5 
7 .0  

48.5 

7.6 
0.8 

0.4 
0.2 
0.6 
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TABLE 111, CONTINUED 

COMPOSITION O F  GAS, TAR, AND CHAR 

Tar Composition, Continued 

Hydrocarbonization Mild Sever e 

Light Oil (130-260°C. ) T a r  Acid Distribution, Wt. % 

Phenol 
0-C re so l  

,' m, p-Cresol  
I Ethylphenols and Xylenols 

1 
Higher Phenols by Difference 

34. 5 
8. 7 

27. 2 
17. 1 
12. 5 

I' 

Phenol Yield, Weight % MAF Coal 

1. 8 

C h a r  Composition 

90. 1 
3. 9 
1.2 
1.0 
3. 8 

33.4 
7.8 

24. 5 
18.9 
15. 4 

2.2 

'rc '1 ! (by difference) 

i- 
11 boiling above 230°C. 1 category. T a r  a c i d  content of the +230"C. tar is roughly 50 weight %. 
I on both bench- and pilot-plant s c a l e s  have shown that this  oil can  be recycled to  ex- ' tinction in the reac tor ,  thus converting the heavy t a r s  t o  oi ls  boiling below 230°C. 
t 
I 

Oil Recycle Experiments 
The hydrocarbonization of Lake de S m e t  coal produces considerable tar  

Experiments 
As  a general  rule ,  about 50% o r  more  of the tar fal ls  in this 

The bench-scale unit was modified by the addition of a heated pump, 8 0  

that the hydrocarbonization tar boiling above 230°C. could be fed into a fluidized bed 
of char  produced f r o m  previous hydrocarbonization experiments.  
experiments show that the conversion of +230"C. tar ac ids  to -230°C. phenolics was 
about 40% by wei ht. Thus the yield f r o m  recycling +230"C. tariis 40% of 50% o r  
about 20 weight $of the total  C23O"C. tar cycled. The consumption of hydrogen pe r  
pound of -230°C. phenolics produced is about half that for phenolics f r o m  raw Lake 
de  Smet  coal. 

The r e su l t s  of these 

Therefore,  it should be feasible and economical to  recyc le  these  
i higher-boiling tars to the basic hydrocarbonization process .  

93:O 
3. 8 
1.3 
0. 6 
1 .3  

DISC USSIONS A ND C ONC L US10 NS 

Chemis t ry  

fa i r ly  s m a l l  a romat ic  "nuclei" averaging perhaps 10 aromat ic  carbon a toms  pe r  
nucleus. These  are substituted with paraffin side-chains,  probably la rge ly  methyl,  
sa tura ted  rings,  hydroxyl and other groups and a r e  linked and perhaps cross-linked 
through hetero-atoms o r  by d i r ec t  C-C bonding. The pyrolytic break-down of these 
c rude  polymers  produces f ragments  averaging much higher hydrogen content than 
the coal. 
m u s t  be produced. 
some of the H requirement of the hydrogen-rich f ragments ,  thus reducing the amount 
of cha r  formed and increasing tar and g a s  yields. 

Coals of lignitic o r  subbituminous r ank  are  s ta t is t ical ly  polymers  of 

Thus,  a l a rge  amount of a material of low hydrogen content, cha r  o r  coke, 
When molecular hydrogen is p re sen t  this can  intervene t o  supply 
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We would expect the hydrogen action to be roughly f i rs t -order  in unre-  

acted coal substance (if such a thing is definable) and, by analogy to  the well-known 
t h e r m a l  dealkylation react ion,  half-order  in H,. 
action should correspond to that  of hydrodealkylation o r  of thermal  cracking and be 
in  the 50-60 kcal /mol  range. 

The activation energy of the r e -  

In prac t ice  th i s  very s implis t ic  view of the kinet ics  of the process  is 
helpful in rationalizing the r e s u l t s  but is hardly v e r y  sat isfactory quantitatively. 
If we pick a suitable percentage of hydrogen as complete react ion ( s a y  3.5 lbs  H,/ 100 
lbs MAF coal ) ,  we can roughly reproduce the genera l  shape of the plots of hydrogen 
reacted vs coal res idence  t ime as a f i rs t -order  plot ( s e e  F igure  7) .  
rate of hydrogen conversion depends upon the first o r  even higher power of the 
hydrogen par t ia l  p r e s s u r e  ( s e e  F i g u r e  5) and the tempera ture  coefficient is low 
(we est imate  the energy of activation to be about 33 kca ls /mole) .  

However, the 

, 
If we think of degree of react ion s t r ic t ly  in  t e r m s  of hydrogen consumptioi 

1 

1 

\ 

p e r  100 pounds of coal, we can deduce a convenient ru le  of thumb f r o m  the collected 
data. 
p r e s s u r e  and ei ther  is equivalent t o  a 25°C. i n c r e a s e  in  react ion temperature .  

Doubling the coal  res idence t ime is equivalent to doubling the hydrogen par t ia l  

The re la t ive  r a t e  of desirable  and undesirable competitive reactions is 
ex t r eme ly  important  in sett ing the reac tor  design and operating conditions. The 
vapor  res idence t ime m u s t  be such as  to allow a high degree  of conversion of the 
recycled high-boiling tars without se r ious  destruct ion of the valuable 180-230°C. 
phenolics. 
hydrogen non-productively should be minimized, while conditions favoring supplementa 
production of hydrogen by the shift  reaction are desirable .  These problems of sett ing( 
optimum conditions w e r e  among those studied on the pilot-plant scale  and i t  is believed 

\I Methanation of carbon monoxide, and other react ions which use up 

that  reasonable  solutions are found. 

It is of i n t e r e s t  to follow the oxygen balance f r o m  coal substance to 
Under optimum mi1d:h'ydrogenation conditions the following is typical. products. 

Oxygen in Product  Named, lbs/100 lbs  MAF Coal 

180-230OC. Phenolics 
+230°C. T a r  
Char  
Gas (Carbon Oxides) 
Wate r  

0.7 
1.1 
2.0 
3.2 

14.0 - 
Total in  Coal F e e d  21.0 

Clear ly ,  mos t  of the coal  oxygen is converted to water  and the percentage convert-  
ible  to useful phenolics is  small .  Direct  determination of OH i n  subbituminous and 
l ignite coa ls  shows as much as 8% phenolic oxygen, but evidently m o s t  of this u s  un- 
s table  to pyrolysis or hydrogenation. Nevertheless ,  the 0.7 pound of oxygen in the 
180-230"C. phenolics r e p r e s e n t s  about 90 pounds of phenolics p e r  ton of MAF coal  
with perhaps another  50 o r  60 pounds obtainable by recycle  of the +230°C. tars. 
Our data indicate a total  hydrogen consumption of less than two pounds p e r  hundred 
pounds of MAF coal to achieve th i s  yield. 

Economics 

c o s t  of mining. t ransportat ion,  cooling water ,  e tc . ,  and to  the marketing problems 
that  it is futile to  general ize .  The authors  believe that  the d r y  hydrogenation proc-  
ess worked out by Union Carbide will, at corresponding sca les  and under particular,  
real is t ical ly  possible,  r a w  m a t e r i a l  and marketing conditions, look economically 
good in compa+son with any of the known variat ions of the conversion reactions - -  
to  chemicals  o r  fue ls  - -  discussed in the introduction. 

The economics of any coal conversion process  is so strongly tied to the 



- log,- 
LITERATURE CITED 

(1) Donath and Rotter,  P r e s s u r e  Hydrogenation of Dry  Coal, Tech. Oil Mission 
Translation Number T-323 (1947). 

( 2 )  Report  of Investigations 4456, 'Par t  I, Oil f r o m  Coal - Synthetic Liquid Fuels  - 
1948 Annual Report  of the Secre ta ry  of the  Inter ior  ( 1949). 

(3)  Landers ,  W. S., P a r r y ,  V. F., Gomez, M., Wagner, E.O.,  Goodman, J. B., 
and Nelson, C. R., Carbonizing Proper t ies  of Wyoming Coals ,  U. S. Bureau 
of Mines, Report  of Investigations 5731, (1961). 

I' 
i 
r 

f 

. .  



- l l o -  

TI U T 

CHAR 
RECEIVER 

FIG. I 



- 111 - 

e ?2 A F ' 1  "TI N T - A a n , & & f i  
C;OAL RESIDENCE TIME ABOUT NINE. M Z N ; I ' 3 S  
HYDROGEN PARTIAL P R E S S U R E  A B O U T  9 5 0  psi 

HYDROCARBONIZATION TEMPERATURE, "C. 
FIG. 2 

PRODUCT YIELDS AS A FUNCTION OF TEMPERATURE 
COAL RESIDENCE TIME ABOUT NINE MINU'I?ES 
HYDROGEN PARTIAL PRESSURE ABOUT 950  psi  

j LEGEND: I 
X , b O  

' =GAS j i 
I I  

.. ... - i TAR 

i CHAR ..... . 

--I-- * 
! 

I 
I 

0 540 550 f i m  
hY DROCARBONlZATlON TEMPERATURE, "C. 

FIG. 3 



POUNDS OF TAR PFR POUND OF HYDRW-Fh AS A FUNCTION OF TFMPFRATURF 
COAL RESIDENCE T I M  ABOUT NINE MINUTES 
HYDROGEN PARTIAL PRESSURE ABOUT 9 5 0 ~ ~ 1  

HYDROGFN CONSUMED AS A FUNCTION OF HYDROGE N PARTlAl PRESSURF 
COAL RESIDENCE TIME ABOUT NINE MINUTES 

TEMPERATURE ABOUT 540 'C 

~YDROGEN PARTIN PRESSURE. PSI 

FIG. 5 



- 113 - 

2 E N  MRTIAL P R E X  
COAL RESIDENCE TIME ABOUT NINE MINUTES 

TEMPERATURE ABOUT 540 'C 
I I I I I 

HYDROGEN PARTIAL' PRESSURE, PSI 

FIG& 

~ R O G E N  CONSUMED AS A FUNCTION OF COAL RESIDENCE TIMF AND TFMPFRATURC 
HYDROGEN PARTIAL PRESSURE ABOUT 950 PSI 

FIRST ORDER 
APPROACH TO 
3.5PER CENT 
H, CONSUMED 

0 2 4 6 8 I O  12 
RESIDENCE TIME, MINUTES 

FIG. 7 



- u 4  - 
PRODUC T YlEL DS AS A F U N C W  OF CO A1 RFSlD 

HYDROGEN P A R T U  PRESSURE ABOUT 9 5 0 ~ ~ 1  

RESIDENCE TIME. MINUTES 
FIG.8 

4 C A  
COAL RESIDENCE TIME ABOUT NINE MINUTES 
HYDROGEN PARTIAL PRESSURE ABOUT 9 5 0 ~ ~ 1  

FIG. 9 



- u5 - 

HYDROGEN ATMOSPHERE 
THERMAL CRACKING OF SHALE GAS OIL 

G. E. Lessleyand H. F. Silver 

UNDER A 

Department of Chemical Engineering 
University of Wyoming, Laramie, Wyoming 82070 

H. B. Jensen 

U .S. Department of the Interior, Bureau of Mines- 
Laramie Petroleum Research Center, Lararnie, Wyoming 82070 

INTRODUCTION 

Reserves of shale oil i n  the Green River Formation of Colorado, Utah, and Wyoming in  deposits 10 
or more feet thick that average 10 or mare gallons of shale o i l  per ton are estimated to be i n  ex- 
cess of two t r i l l ion barrels.’ This o i l  represents a vast, untapped source of energy. Although 
there i s  no commercial shale-oil industry in the United States today, it i s  generally felt that shale 
oi l  w i l l  be a valuable supplement to petroleum reserves i n  the future. Shale oi l  i s  produced kom 
the solid organic matter occurring i n  oi l  shale by heating the shale to  about WOO F or higher i n  a 
retort.* Crude shale oils prepared from the Green River shale by many retorting methods are 
heavy, hydrogen-deficient oils and contain very l i t t le material boiling in  a gasoline range.3 
Therefore, some sort of cracking process i s  necessary to  convert the higher boiling portions of 
crude shale o i l  to  gasoline. 

An investigation of the thermal cracking of shale gas oi l  under a hydrogen atmosphere has been 
undertaken i n  a batch reactor as part of a program designed t o  study the effect of reaction varia- 
bles on high pressure hydrogenation of shale oi l .  Kinetic parameters obtained in this investiga- 
tion suggest that the init ial  phases of the cracking reaction involve the more reactive, straight- 
chain structures, whereas later stages involve aromatic structures. There also appears to be a 
change in the reaction mechanism as the reaction proceeds. 

Other reaction parameters--including hydrogen comsumption, hydrocarbon gas and naphtha yields, 
and nitrogen and sulfur concentration in the unconverted gas oil--have been correlated as func- 
tions of cracking conversion. 

\ 

EQUIPMENT AND EXPERIMENTAL PROCEDURES 

The experimental thermal cracking studies of shale gas o i l  have been carried out in  a 2.7-liter 
Aminco rocking reactor. Details of the experimental equipment and procedure have been 
reported .4 

The first step in  the experimental procedure was to add 500 grams of shale gas o i l  to the reactor. 
Hydrogen was added to the reactor until a l l  air had been flushed from the reactor and the pressure 
in  the system reached 1,000 psi. The reactor was then heated by an electric heating mantle to 
the desired run temperature and held at this temperature for a predetermined period. At the end 
of this period the reactor was allowed to cool to room temperature. 

The gases produced during a run were analyzed using an Orsat apparatus and a Beckman GC-2A 
gas chromatograph, and their molecular weights were measured using glass density bo1 loons. The 
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liquid product was removed from the reactor and water washed t o  remove low-boiling nitrogen, 
oxygen, and sulfur compounds. The o i l  was diluted with toluene and distilled in a Dean-Stark 
apparatus using the procedure outlined in ASTM D 95-62 i n  order to eliminate any water remain- 
ing i n  the sample after the water wash.5 The toluene added to  the liquid shale-oil product during 
the Dean-Stark distillation and the naphtha boiling below 410' F were removed from the mixture 
by atmospheric distillation. That portion of the shale-oil product that boiled below 555' F was 
then separated from the unconverted shale gas o i l  by a vacuum distillation. The nitrogen con- 
centration in  the unconverted gas o i l  was determined using a Kjeldahl nitrogen analysis procedure, 
and the sulfur concentration was determined using the procedure outlined in ASTM D 129-58.516 

RAW MATERIALS 

i 
The shale gas oils used i n  this study were derived from a Green River (Colorado) shale i n  a gas 
combustion retort at Rifle, Colorado. Properties of the shale gas oils are presented in  table 1. 

TABLE 1. - Properties of shale gas oil feed stocks 

Feed stock No.  x 

Property 1 2 

\ 

- Sulfur, wt pct .62 .70 \ 

Gravity, 'API 23 .O 23.0 
Nitrogen, wt  pct 1.78 1.83 

Distillation, I.B.P., O F  420 405 
10 vol pct, 'F 567 580 

700 720 
800 800 

50 vol pct, 
95 vol pct, OF- 

Boiling above 555' F, wt pct 91.7 95.2 

' Fa 

/ '  
L? Estimated from simulated distillation by GLC. \ 

EXPERIMENTAL RESULTS AND CALCULATIONS 

The extent to which shale gas o i l  was thermally cracked under a hydrogen atmosphere has been 
correlated with time and temperature using a parameter called cracking conversion, Xc. Crack- 
ing conversion i s  defined by the relationship: 

w F - w P  

wF 
xc = 

where WF = grams of shale gas o i l  that boil above 555' F in  the gas oi l  charged to the reactor, and 
Wp = grams of shale gas o i l  that boil above 555' F in  the reactor product. 

If it is assumed that the cracking reaction i s  first order with respect to  the unconverted gas o i l  
( 1  - Xc), the integrated rate expression takes the form: 

1 n( 1 - Xc) = -kt, (2) 

where (1 - Xc) = the unreacted gas o i l  boiling above 555' F, 
k = reaction rate coefficient, and 
t = reaction time. 
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The experimental data obtained in this study have been plotted i n  the form suggested by equation 
2 in figure 1 for reaction temperatures from 600" to 825' F. The times shown in figure 1 are un- 
corrected for heat-up and cool-down times. The curvature shown i n  these plots was expected 
because others have reported this same effect in  studies of the cracking of petroleum gas oi ls. 
Weekman,7 for example, suggests that a similar curvature, which he obtained in  a plot of catalytic- 
cracking results, may be due to the multiplicity of reactant molecular types in the original petro- 
leum charge as well as to catalyst deactivation. 

I, 

I 

The variation of the reaction rate coefficient (k) with temperature (T) can be described by the 
Arrhenius equation: 

k = A  exp(-E,/Rt). (3) 

However, this equation does not account for the observed effect of cracking conversion on the 
reaction rate coefficients. In order to  introduce this effect, it has been necessary to compare 
reaction rate coefficients at the same cracking conversion level but at different reaction tempera- 
tures. The results of these comparisons at  selected conversion levels have been used to  calculate 
Arrhenius activation energies (E,) and Arrhenius frequency factors (A) as functions of shale-gas- 
oi l  cracking conversion. The relationship that provided the best, least-squares f i t  between the 
experimental activation energy and conversion was 

E,(kcaI/mole) = 29.4 t 135.5 Xc. (4) 

Thus the Arrhenius activation energy increases linearly from 29.4 kcaI/mole at the onset of crack- 
ing to 124.3 kcaI/mole at a conversion of 0.70 for Xc, a fourfold increase. This increase i n  
activation energy could indicate that the cracking reaction changes from one involving straight- 
chain structures to one involving aromatic structures as conversion increases. 

The relationship that provided the best f i t between the experimental frequency factor and conver- 
sion was 

A(min") = exp(16.71 +91.45 Xc). 

Figure 2 shows the dependency of the 750' F reaction rate coefficient, calculated using equations 
3, 4, and 5 upon conversion values. Thus we see a decrease of three orders of magnitude in the 
coefficient as conversion increases from zero to 0.70. The calculated values at these two con- 
version levels are 4.9 x lo4 min-' at zero conversion and 4.5 x 104 min-' at a conversion of 
0.70. 

The agreement between the conversions predicted by using the Arrhenius kquation, modified t o  
account for the effect of conversion, and the experimentally measured conversion is shown in 
table 2. The corrected times listed in this table take into account the fact that the cracking 
reaction proceeds to  a certain extent during the time that the reactor i s  being heated to  and 
cooled from the nominal reaction temperature. 

Although the literature on thermal cracking of petroleum does not report data relating the depend- 
ency of E, and of A upon conversion, Nelson' has reported their values at conversions between 
0.20 and 0.25 for a petroleum gas oil. He reported an activation energy of about 55 kcaI/rnole 
and the value for shale gas oi l  as calculated by equation 4 i s  56.5 kcal/mole. Table 3 compares 
the specific rate coefficients as reported by Nelson for a petroleum gas oi l  with those calculated 
using equations 3, 4, and 5 for shale gas oil. These results suggest that at a conversion of 0.20 
shale gas oil may be somewhat more refractory than petroleum gas oil. However, at zero conver- 
sion, distillation data suggest that petroleum gas o i l  i s  more refractory than shale gas oi l .  For 
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TABLE 2. - Comparison of experimental and calculated conversions 

Run 

O F  hours Experiment0 I Ca I cu lated 
temperature, Corrected t ime,% Conversion, Xc 

600 

700 

750 

825 

0.90 
3.32 
6.29 
8.35 

.42 

.81 
3.32 
6.37 
8.29 

.38 

.92 
3.32 
6.34 
8.29 
8.51 

.1.20 
3.39 
6.41 
8.41 
8.55 

0.031 0.011 
.011 .031 
.037 .045 
.029 .053 

.004 .036 

.009 .059 

.089 .126 

.131 .164 

.123 .179 

.032 .074 

.210 .128 

.264 .226 

.308 .279 

.315 .302 

.369 .305 

.508 

.642 

.707 

.699 

.706 

.394 

.563 

.665 

.706 

.709 

%Corrected for the amount of reaction taking place during the time the reactor 
is being heated to and cooled from nominal reaction temperature. 

TABLE 3. - Comparison of reaction rate coefficients at a conversion 
of 0.20 for shale gas o i l  and petroleum gas o i l  

Temperature, Reaction rate coefficient, min-' 
O F  Shale gas o i l  Petroleum gas oil% 

700 
750 
825 

1.1 1'0-4 

8.0 10-3 
6.8 x 

1.8 x 
1 . 0 ~  10-3 
1.5 x 10-2 

See reference 8. 
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example, i n  the Bureau of Mines routine distillation9used i n  crude petroleum analysis, the atmos- 
pheric distillation i s  carried to a temperature of 527" F; whereas, to avoid cracking in  the analy- 
s i s  of crude shale oil, the atmospheric distillation i s  carried to a temperature of only 392" F. One 
i s  led to conclude, then, that shale oi l  contains materials that crack very readily as well as mate- 
rials that crack with extreme difficulty. 

The exponential relationship best relating conversion to frequency factor (equation 5) i s  sugges- 
tive of the exponential relationship between the theoretical frequency factor from the theory of 
the activated complex and the entropy of activation.1° Because of this similarity, entropies of 
activation were calculated for the shale-gas-oil cracking reaction at 825' F. These entropies of 
activation ranged from a -32 e.u. at low conversion to  $39 e.u. at high conversion. This range 
in  entropies of activation may be compared with values obtained b y  Wiser," who observed values 
ranging from -63 e.u. at low conversion to  -12 e.u. at high conversion during coal prolysis. 
Entropy of activation values of about -30 e.u. have been reported for polymerization reactions.l* 
Condensation reactions might also be taking place. Thus the assumed polymerization and conden- 
sation products of the early part of the reaction would add to the multiplicity of the aromatic 
structures i n  the original charge oil. These proposed, additional aromatics would have their in- 
fluence in  the latter stages of the cracking reaction. 

Other reaction parameters obtained in this study have been correlated as functions of cracking 
conversion. The amount of hydrogen consumed in the reaction i s  correlated as a function of 
cracking conversion in figure 3. Figure 4 shows the weight percent of the charge that was con- 
verted to  gasoline and to hydrocarbon gases. The results i n  figure 3 suggest that there was a net 
production of hydrogen below a conversion of about 0.2, and that only above this conversion was 
the rate of consumption of hydrogen greater than the rate of production. This consumption of 
hydrogen at higher conversion levels undoubtedly resulted from the hydrogenation of low-molecular- 
weight fragments to  form the quantities of hydrocarbon gas and gasoline shown in figure 4. For 
example, at a conversion of 0.70, the combined quantities of hydrocarbon gases and gasoline 
amount to  70 weight-percent of the original oil. 

The weight-percents of nitrogen and sulfur i n  the unreacted gas oils are shown in  figures 5 and 6 
as functions of conversion. Because the nitrogen in shale gas o i l  i s  primarily i n  heterocyclic aro- 
matic structures,13 the  increase in nitrogen i n  the unreacted gas o i l  can be explained by postu- 
lating that the nitrogen heterocyclics do not react to form lower boiling materials as rapidly as 
does the nonaromatic portion of the gas oil. This lack of any thermal denitrification of shale gas 
oi l  under hydrogen pressure was also observed by Koros.I4 

On the other 'hand it appears from the results shown in  figure 6 that up to, conversion levels of 
0.30, the sulfur-containing molecules are more easily cracked to lower boiling compounds than 
are the nonsulfur compounds. I t  also appears that a t  conversion levels greater than 0.30, the 
sulfur-containing compounds crack at about the same rate as does the bulk of the remaining shale 
gas oi I. 

SUMMARY 

The results obtained in this work show that the rate at which shale gas oi l  cracks at  constant 
temperature under hydrogen pressure decreases as the extent of cracking conversion increases. 
The values for the reaction rate coefficient for the 750" F cracking reaction decrease from 4.9  x 

min-' a t  a conversion of 0.70. Calculated Arrhenius 
activation energies range from 29.4 kcaI/mole at the onset of conversion to 124.3 kcaI/mole at 
a conversion of 0.70. These variations could indicate a change in reacting species as the reac- 
tion proceeds. For example, init ial phases of  the shale-gas-oil cracking reaction could involve 

min-l at zero conversion to  4.5 x 
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long, straight-chain structures, whereas later phases of the reaction involve aromatic structures. 
Entropies of activation, calculated for the reaction at 825" F, ranged from -32 e.u. at low con- 
versions to 4 9  e.u. at high conversions. The results could indicate a shift in  reaction mechanism 
from polymerization reactions at  low conversions to  decomposition reactions at  high conversions. 
Hydrogen-consumption data, product-yield data, and the rates of denitrification and desulfuriza- 
tion also suggest changes i n  the reacting species as well as in  the reaction mechanism. 

ACKNOWLEDGMENTS 

This work was undertaken as partial fulfillment of the requirements for the Master of Science 
degree in  Chemical Engineering at the University of Wyoming by G. E. Lesley. Mr. L. C. 
Huang assisted in  the preparation of this paper. The work was carried out under Research Grant 
PET-2 from the U.S. Department of the Interior, Bureau of Mines. 

Reference to  a company or product name does not imply approval or recommenddtion of the pro- 
duct by the U.S. Bureau of Mines to the exclusion of others that may be suitable. 

LITERATURE CITED 

1. Dinneen, G. U., K.  E. Stanfield, G. L. Cook, and H. W. Sohns. Developments in Oil 
Shale Technology. Chern. Eng. Prog. Symp. Ser., v. 64, No. 85, 15 (1968). 

Dinneen, G. U. 2. Shale Oil--What Is I t?  Pet. Ref., v. 33, No. 2, 113 (1954). 

3. Frost, C. M., H. C.  Carpenter, C. G. Hopkins, Jr., S. S. Tihen, and P. L. Cottingharn. 
Hydrogenating Shale Oil and Catalytic Cracking of Hydrogenated Stocks. BuMines Rept. 
of Inv. 5574 (1960), 17 pp. 

Lesley, G. E. Kinetic Study of the Non-Catalytic Hydrogenation of Shale Gas Oil. 
Master's Thesis, University of Wyoming, Laramie (1968). Available through interlibrary 
lmn.  

4. 

5. American Society for Testing and Materials. ASTM Standards on Petroleum Products and 
Lubricants, Philadelphia (1959). 

6. Lake, G. R., P. McCutchan, R. A. Van Meter, and J. C. Neel. Effects of Digestion 
Temperature on Kjeldahl Analysis. Anal. Chem., v. 23, No. 11, 1634 (1951). 

7. Weekman, V. W. A Model of Catalytic Cracking Conversion i n  Fixed,'Moving, and Fluid- 
Bed Reactors. Ind. Eng. Chem. Proc. Des. and Dev., v .  7, No. 1, 90 (1960). 

8. Nelson, W. L. Petroleum Refinery Engineering. McGraw-Hill, New York (1958). 

9. Stevens, R. F., G. U. Dinneen, and J. S. Ball. Analysis of Crude Shale Oil. BuMines 
Rept. of Inv. 4898 (1952), 20 pp. 

Glasstone, S., K. J .  Laidler, and H. Eying. The Theory of Rate Processes. McGraw-Hill, 
New York (1941). 

10. 

i 

/ 

'I 

1 1 .  Wiser, W. H., G. R. Hill, and N. J. Kertmaus. Kinetic Study of the Pyrolysis of High 
Volatile Bituminous Coke. Ind. Eng. Chem. Proc. Des. and Dev., v. 6, No. 1, 133 
(1967). 



/ 
-121- 

12. Frost, A. A., and R .  G. Parson. Kinetics and Mechanism. Wiley, New 'fork, 2nd ed. 
! (1961). 

13. Dinneen, G. U., G. L. Cook, and H. 8. Jensen. Estimation of Types of Nitrogen Com- 
pounds in Shale-Oil Gas Oil. Anal. Chem., v .  30, 2026(1958). 

Karos, R.  M., S.  Bank, J .  E. Hofman, and M. I.  Kay. Hydrodenitrcgenation of Shale Oil. 
Am. Chem. Sot., Div. of Pet. Chern. Preprints, v. 12, No. 4, 8-165 (1967). 

14. 

I 
r 



- 122 - 

L 
0 

00 
00 
(Dpc 



- 123 - 

I x  

5 x  

- 
L .- 
E - I x  

I= 5 x 
x 

z 
W 

0 

LL 
LL 
W 

0 

- 
- 

0 I x  

5 x  
U 
CL 

Q 
W 
I- 

-1 
3 

U 
V 

Q I x  

y 5 x  

I x  

10-2, I I I I 

C R A C K I N G  CONVERSION,  X, 

FIGURE 2. -Ef fect  o f  Convers ion  on Sha le  G a s  

1 

O i l  
C rack ing  Reac t ion  Ra te  C o e f f i c i e n t s  a t  
750" F Crack ing  T e m p e r a t u r e .  



- 124 - 
2.0 - I I I 1 I I 1 

1.0 - - 

0 - 
0 0- 0 L 

' 8  " 
0 

-1.0 - - 
0 0 

I I I I I I I -2.0 * 

\ 

. I  

4 0  

L 
0 

0 
c 

Q 

0 

OBSERVED C R A C K I N G  CONVERSION, X, 

FIGURE 3.-Hydrogen Consumption. 

1 I 1 1 1 I 1 

0.2 0.4 0.6 
OBSERVED CRACK1 N G  CONVERSION, X, 

FIGURE 4.-Hydrocarbon Gases and Gasol ine Product i o n  

Ot? 



- I25 - 

D 
as 
u 
0 

c 
3 

- c 

e 

I I I I I I I I 
0 0.2 0.4 0.6 8 

O B S E R V E D  CRACKING C O N V E R S I O N ,  X c  

FIGURE 5 . -N i t rogen  Concent ra t ion  i n  U n r e o c t e d  
Sha le  G a s  O i l .  

I .o I I I I 1 I I 

- - 
8 

0 - 
0 0- 

c 

- - 

I 1 1 I 1 1 I 
0 0.2 0.4 0.6 0.8 

O B S E R V E D  CRACKING C O N V E R S I O N ,  X c  

FIGURE 6.-Sulfur Concent ra t ion  i n  U n r e a c t e d  
1 Shale  G a s  O i l .  



- 126 - 
METHANATION FOR COAL HYDROGASIFICATION 

A. L. Lee, H. L. Feldkirchner and D. G. Tajbl+ 

Institute of Gas Technology 
Chicago, lllinois 60616 

INTRODUCTION 

The goals of this study a r e  as follows: 

Tes t  commercial  methanation catalysts  to determine the most suitable one for  
the methanation s t ep  of the IGT HYGAS Process  for  producing pipeline gas  f r o m  
coal. 

P e r f o r m  a life study on the chosen catalyst. 

Obtain pilot plant design data f o r  anticipated gas  coinpositions f r o m  the hydrogasi- 
fication reactor. 

Develop a kinetic equation for  the methanation catalyst selected under actual 
operating conditions. 

Dirksen and Linden4 did extensive work on synthesis-gas methanation and gave 
detailed discuisions of the i r  work. 
cia1 catalyst selection fo r  the HYGAS Process  and described the experimental appa- 
ra tus .  
and developed a pract ical  reac tor  operating scheme. 

0 

I 

Tajbl e t  a1.I' presented the resu l t s  of the comrner-' 
1 

Ear l i e r  we obtained a ra te  expression6 for  the design of the pilot plant reactor  

'1 
This paper presents  the resu l t s  of the catalyst life study, a reac tor  stability study, 

In addition to the references cited in  the text, we have also p r e -  
I 

and a kinetic study. 
sented a l i terature  survey. 
r e fe r  t o  the bulletin by Dirksen and Linden. 

F o r  a m o r e  complete review of l i t e ra ture  pr ior  to 1963, 

\ 

KINETIC STUDY I 

The apparatus used for  th i s  study was described in detail previously. A sche- 
matic d iagram of the modified sys tem is presented in Figure 1. The modifications 
a r e  the benzene sa tura tor ,  high-pressure sampling, and a bet ter  gas  chromatograph. 
The purpose of a benzene sa tura tor  is to  study the effect of t races  of benzene in the 
feed g a s  on the rate of methanation and the long-term activity of the catalyst. 
Benzene is produced in the HYGAS Process  for  use in  the s lu r ry  feeding of coal to 
the gasifier. Thus, t r a c e s  of benzene will be present  in the methanator feed s t ream. 

To obtain pilot plant design data, th ree  feed gases covering the range of antici- 
pated methanation feed compositions were  used (Table 1). 
elsewhere. 
(Equation 1) represents  the data: 

The resu l t s  were  presented 
To summar ize  these findings, we found that a r a t e  expression6 

0. 62 r = k p  - co 

*Now with Mobil Oil Corporation, Paulsboro, New Jersey.  
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Table 1. COMPOSITIONS OF FEED GASES 

Feed J-Iiph CO Intermediate CO Low CO 
1 mole % 

Carbon Monoxide 

Hydrogen 

Total 

. Carbon Dioxide 

i Methane 

10.0 7.0 2.4 
2.1 2.1 2.0 

34.5 26.1 13. 5 
53.4 

100.0 
- 64.8 

100.0 
- 82.1 

100.0 
- 

Using the same data, Wen e t  al. l3 found a ra te  equation: . 

(2) 
0.7 0.3 I = kPCO PHz 

Both equations of the fo rm of 1 and 2 can f i t  the data reasonably well, as Weller" i has shown. 

l 

' used in our plant. 

To improve the above ra te  expressions fo r  the IGT methanation process ,  the reac-  
tion-rate study was extended, mainly in tes t s  on 1 /4-inch catalyst pellets that will be 

Feed gases  containing only Hz and CO were used to determine the 
GO order;  feed gases  containing Hz, CO, and He were used to determine the Hz order  
and the effect of an iner t  on the methanation ra te ;  feed gases  containing Hz, CO, and 

I CH, were used to determine the effect of a la rge  CH, concentration in the feed on the 
ra te  of methanation and hence on the CH, order ;  feed gases  containing Hz. CO, CH4, 

; and C6H6 were  used to determine the effect of benzene; and feed gases  of Hz, co, 
CH,, and C6H6 with t races  of mercaptan (0.3 ppm) and thiophene (0.8 ppm) were used 
to  determine the effect of organic sulfur on the activity of the catalyst. 

I- 
These data - 

a r e  presented in Table 2 .  

We found that the Hz order  is about 0.5, with and without CH4 in the feed gas ,  as 
illustrated in Figure 2 ;  the effect of CH, i s  noticeable only a t  near-equilibrium con- 
ditions (Figure 2); the order  of CO is about 1 (Figure 3); the effect of He i s  nil; the 
effect of 'C6H6 (up to 1 % in feed) i s  nil; and the effect of organic sulfur in the gas on 
the rate  of the methanation reaction is nil a t  the low concentration levels studied 
(mercaptans and thiophene up to  1 .1  ppm). 

The ra te  expression: 

cor re la tes  most  of the experimental  data except when excess  Hz and/or  CH, a r e  
present. To cover the entire range of gas compositions, Equation 3 was modified to 
the following form: > 

k PcoP;,5 
r =  (4) ' Kt PHz ' K3 PCH, 

The resul ts  a r e  presented in Table 2 and Figure 4. 

There a r e  numerous ra te  expressions proposed for  methanation in the literature. 
Some of those that a r e  related to  this study a r e  presented in Table 3 .  
work in the literature was done with feed gases  containing Hz and CO o r  Hz, CO, and 
COz only and at relatively low pressures .  Table 3 is presented to give a quick' over-  
a l l  view of the various methanation ra te  equations proposed. 

Most of the 
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CATALYST LIFE TESTS 

When this  program was  begun, no successful work had been reported on  fixed-bed 
methanation of high carbon monoxide, high-methane -content gases  with typical 
commerc ia l  nickel catalysts. Thermodynamic calculations indicated that the gases 
that would have to be methanated would be capable of depositing carbon in the range 
of tempera tures  and p r e s s u r e s  expected. Fur ther ,  in packed-bed reactors ,  the 
high heat of reaction was  expected to cause catalyst  deactivation through hot s p o t s  
and carbon deposition. These  problems had been encountered by others. 

We, therefore, s e t  up a sma l l  laboratory tes t  unit to t e s t  commercial  catalysts 
in a fixed-bed reactor  under the expected operating conditions. 
g r a m  of the unit is  given in Figure 5. 
the following typical composition ranges. 

A schematic dia- 
Synthetic gas  mixtures were  prepared having 

Composition, 
Component mole % 

co 3. 5-12.7 
COZ 0.6-3. 2 
H2 18.8-57. 5 
CH4 24.3-72.6 
CZH6 0. 1-1.3 
NZ 1. 2-4. 0 

Sulfur was removed f r o m  the feed gas to l e s s  than 0 . 1  ppm by beds of activated c a r -  
bon and zinc oxide. 

The unit was designed for around-the-clock operation with a minimum of operator 
attention. The feed gas rate, the reactor and guard chamber ternpcratures, and the 
unit p re s su re  were controlled and recorded. 
f r o m  the unit automatically by a liquid-level controller. 
was  monitored by a n  MSA L A  model infrared analyzer and recorded continuously. 
Exit-gas volumes were  recorded  manually a t  regular  intervals, and samples of feed 

tography. 

The condensed product water was drained) 

1 
.I 

,! 
t 

The product-gas CO content 

and exi t  gases  were taken throughout the t e s t  per iods for  analysis  by gas chroma- 

i 
A diagram of the r eac to r  and electr ic  heater  and furnace is given in Figure 6. 

The 4-inch-deep catalyst  bed was held between two packed beds of g lass  beads. The 
upper pa r t  of the reac tor  was  enclosed in an electr ic  furnace and the lower par t  was 
wrapped by an electric res i s tance  heater. 
four points indicated. 

, 
Bed tempera tures  were  recorded a t  the 

Initial t e s t s  were with a commercial  nickel-on-alumina catalyst. The catal.yst, 
Feed  gases  contained 4 

Higher temperatures were  r e -  

\ 

supplied as l /4- inch  pel le ts ,  was crushed to -12 t18  USS. 
mole percent CO in some t e s t s  and 13 mole percent in others. In a l l  tes ts  with this 
catalyst  there  was considerable carbon deposition. 
quired to obtain sufficient catalyst  activity for  the desired reduction of carbon mon- 
oxide to 0. 1 mole percent, which may have accelcrated carbon dcposition rates .  

Tes t s  with 1/8-inch pel le ts  of nickel-on-kieselguhr catalyst were  successful. 

, 

One run las ted 1420 hours ,  during which t ime conditions were  varied considerably 
(Table 4). 
terminated voluntarily with the CO content of the exit gas  s t i l l  at  only 0. 1 mole 
percent. 
conditions. 

Space velocities of over 9000 S C F / C F  cat. -hr  were used. The run was . 

The CO, conversion showed 110 consistent trend with variations in operating 
. Ethane hydrogenolysis was near ly  complete f o r  the ent i re  run. 
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Although the nickel-on-kieselguhr catalyst is l e s s  strong than the nickel-on- 

alumina one, i ts  superior  performance makes  it the prefer red  catalyst  for  the 
HYGAS Process .  

REACTOR STABILITY . 

Because the methanation reaction is highly exothermic,it i s  conceivable that the 
catalyst-bed temperature  could exceed the calculated adiabatic equilibrium tempera- ~ 

tu re  at some operating conditions and in some reactor  configurations. 
calculations indicated possible instability in the packed-bed methanation reactors  % 

m o r e  detailed study of reac tor  stability was undertaken. 

Prel iminary 

for  the HYCAS pilot plant and large-scale  plants being designed. Therefore, a i 
The first approach was  an attempt to tes t  for  stability without requiring the I 

, 
' 

The difference between the catalyst and gas-phase temperature 

solution of the several  par t ia l  differential equations involved. One can reason that 
i n  an adiabatic steady- s ta te  system with the single-path catalytic reaction presumed 
here ,  the temperature of the gas  phase must  lie between the initial and final equili- 
b r ium temperatures.  
is proportional to the reaction r a t e  if the gas-particle heat t ransfer  coefficient i s  
assumed constant. Therefore,  if the catalyst  temperature  i s  not excessive at the 
known inlet conditions, a sufficient condition for  the sys t em to be stable is that  the 

dition f o r  stability is - 
"reaction rate dec reases  with distance through the reactor ;  that is, a sufficient con- 

I But in this system the reactant  CO dec reases  with distance so that the condition i s  
equivalent to: 1 

where the reaction r a t e  is a function of the catalyst  temperature,  and the concentra- I 
tion of C O  near the surface is in turn dependent on the CO concentration in the gas , 
phase. Equation 7 follows directly f rom Equation 6 : 

d r  1 0  ( 7 ) '  dlXCOls + ar dTS 

(*)% d("C0)g (8% ijXco/,  d[xCO)g = "("..lp 
F r o m  steady- state considerations and neglecting the second-order effects of var ia-  
tion in physical propert ies  with temperatGre and composition, one can show that - 

T =- * *  ht AH + [k.d$k.&] ( A H + T o )  ( 8 )  ~ 

Operating on these equations leads to:  
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(The right-hand side of Equation 10 requires  the kinetics of the reaction in t e rms  of 
the catalyst conditions. 
)greater  than zero if the reaction r a t e  is temperature-independent, one can conclude 

Wen's inter-  
However, 

,our kinetic data retain a significant temperature  dependence a t  high temperatures ,  
which leads to negative values €or the expression in Equation 10 with ht and h, 
cappropriate to the expected flow regime. 

This is the case  at hand. Noting that this quantity is 

fo r  the kinetics proposed by Wen" the system i s  always stable. 
retation of IGT data i s  that there  is no temperature  effect above 600 "F. 

10 i s  sufficient for  stability but not necessary.  

T for  the possible range of values of X 

never exceeds the final temperature.  

negative values leave us  in an indeterminate position. But we can, 

S [ co]g from 
quations 8 and 9. At the expected levels of transfer ra tes ,  with our kinetics, the 

In Figure 7 the estimated catalyst temperatures  a r e  shown a s  a function of degree 
of conversion at the expected t ransfer  r a t e s  (30,000 Btu/hr-sq f t  per  cu f t  of void 

kolume) fo r  a 540 "F feed gas  containing 4 mole percent CO in excess  Hz. 
shows resu l t s  for t ransfer  r a t e s  that a r e  reduced 30-fold (the heat and mass  t ransfer  

'coefficients proportionately) - an effect corresponding to a meaningless 900-fold 
Idecrease in velocity. The higher temperature  levels only exceed the final tempera-  
lture by 25°F. 
low still would not become excessively hot. 

1 The kinetics and the mass and heat t ransfer  r a t e s  collected by IGT were  used to 
es t imate  the required space velocities for the methanation process .  

(the resu l t s  a r e  given for  a 4 mole percent  CO feed gas a t  a 550°F feed temperature 
in a steady-state system, with a feed ra te  of 126 lb-mole/hr-sq f t  of reac tor  c ros s  

fsection . For  a product gas with 0.1 mole percent CO, the space velocity i s  computed 
to  be 47,000 SCF/CF-hr. 

ivelocity by only 8%. 

f 
!because of the assumption of temperature  independence above 600 "F, do not predict 

Figure 7 also 

Therefore,  even spots in the reactor  where the velocity is unusually 

In Figure 8, 

A ninefold change in velocity affects the required space 

As a check, the system was calculated using kinetics proposed by Wen, l3 which, 

a s  high a reaction rate  a t  the higher temperature  a s  do our kinetics. 
a r e  a l so  given in Figure 8.  Wen's kinetics lead to an estimate of space velocity to 
produce 0.1 mole percent CO at 550 "F  with a space velocity of 27,000 SCF/CF-hr.  
Since it is quite probable that Wen interprets  a diffusion limitation in the original 

of space velocities based on our original data. 
were designed using a space velocity of l e s s  than 5000 SCF/CF-hr .  

The resu l t s  

1 experiments a s  a slow reaction ra te ,  the 27,000 represents  a lower bound on estimates 
Our pilot plant methanation reac tors  

It i s  possible 
, that we can methanate the ent i re  pilot plant output in two methanation stages. 
r 
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NOMENCLATURE 

A 

B 

C 

Cl 

CZ 

c3 

c: 
c1 

c: 
-? 
E 

E1 

ht 

hm 

AH 

k 

K 

n 

P 

r 

r 

R 

T 

X 

Z 

0 

Zl  

z2 

= surface equilibrium constant' 

= surface equilibrium constant' 

= heat capacity 

= reaction ra te  constant3 

= surface equilibrium constant' 

= surface equilibrium constant' 

= reaction ra te  constant' 

= surface equilibrium constant3 

= surface equilibrium constant3 

= surface equilibrium constant' 

= surface equilibrium constant' 

= activation energy" 

= heat t ransfer  coefficient 

= mass  t ransfer  coefficient 

= heat released per  unit reaction 

= reaction r a t e  constant 

= surface equilibrium constant 

= order  of reaction 

= part ia l  p ressure  

= reaction r a t e  

= initial reaction r a t e  

= gas constant 

= temp e r atur e 

= mole fraction 

= distance through reac tor  

= Arrhenius constantlo 

= constantlo 

Creek Let ter  

p = density 

Subs c r i?t s 

g = gas 

0 = initial 

6 = surface 

I 

Y 
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Reaction Model f o r  Bituminous Coal Hydrogas i f ica t ion  

i n  a D i l u t e  Phase 

H.  F. Feldmann, W .  H. Simons>/J. A .  Mima; and R.  W .  Hi teshue  

U . S .  Bureau of Mines, 4800 Forbes Avenue 
P i t t s b u r g h ,  Pennsylvania 15213 

INTRODUCTION 
. 

Increas ing  demands and decreas ing  reserves of n a t u r a l  gas=/ have i n t e n s i f i e d  
research  and development e f f o r t s  d i r ec t ed  towards t h e  product ig  
p ipe  l i n e  gas .  Severa l  processes a r e  c u r r e n t l y  being developed-' which w i l l  u t i l i z e  
our abundant f o s s i l  f u e l  r e se rves  t o  m e e t  t he  a n t i c i p a t e d  need f o r  supplementary gas .  
One o f  these  processes under i n v e s t i g a t i o n  a t  the  U . S .  Bureau of Mines i s  the hydro- 
g a s i f i c a t i o n  of raw bituminous c o a l  to produce a p i p e l i n e  q u a l i t y  gas  c o n s i s t i n g  
p r imar i ly  a f  methane. 
of r a w  bituminous c o a l  which a r e  economically and t echn ica l ly  a t t r a c t i v e :  
a s  s h o 4  by t h i s  s tudy ,  the  ex te rna l  hydrogen consumption r equ i r ed  pe r  u n i t  o f  methane 
produced i s  low because of t he  e f f i c i e n t  u t i l i z a t i o n  of t h e  hydrogen a l r eady  i n  t h e  
c o a l ;  secondly,  d i r e c t  production of a high-Btu gas  and use of a d i lu t e -phase  con- 
c u r r e n t  r e a c t o r  (which minimizes agglomeration problems) a r e  bo th  p o s s i b l e  because 
of t he  high r e a c t i v i t y  which r a w  coa l  has f o r  methane formation; and t h i r d l y ,  process 
c o s t s  a s soc ia t ed  wi th  pre t rea tment ,  i nhe ren t  i n  o t h e r  c o a l  convers ion  processes  based 
on bituminous coa l  feed s tocks ,  a r e  e l imina ted .  

o f  supplementary 

There a r e  c e r t a i n  f e a t u r e s  involved i n  t h e  hydrogas i f i ca t ion  
F i r s t ,  

I n  t h i s  paper we desc r ibe  a k i n e t i c  model f o r  the  o v e r a l l  r e a c t i o n  occurr ing  i n  
the  hydrogas i f i ca t ion  r e a c t o r ;  t h a t  i s  

(a) c o a l  + AH, -f char  + CH,. 
This model i s  being used i n  o t h e r  s t u d i e s  t o  eva lua te  and optimize var ious  types of 
hydrogas i f i e r  schemes a s  w e l l  as t o  p r e d i c t  by 'computer s imula t ion  temperature p r o f i l e s  
i n  commercial s i zed  r e a c t o r s .  

Most of our experimental  da t a  on  the hydrogas i f i ca t ion  of c o a l  comes from a r e -  
a c t o r  us ing  concurren t  gas - so l id s  flow wi th  the  s o l i d s  f r e e l y  f a l l i n g  through the  re- 
a c t o r .  Although the primary reason f o r  using t h i s  con tac t ing  system i s  t o  avoid ag- 
glomeration problems $1 t h i s  d i lu t e -phase  ope ra t ion  may a l s o  o f f e r  some advantages i n  
temperature c o n t r o l  because of the  reduced h e a t  gene ra t ion  pe r  u n i t  volume of r e a c t o r  
compared t o  moving bed o r  f l u i d i z e d  sys  terns. 

- EXPERIMENTAL 

Equipment and Procedure 

The bas i c  elements of the  hydrogas i f i ca t ion  system are shown i n  f i g u r e  1. Hydro- 
gen from a gasholder a t  atmospheric p re s su re  i s  metered and compressed t o  r e a c t i o n  
pressure  i n  a 5-stage r ec ip roca t ing  compressor and i s  heated i n  tubing co i l ed  around 
the r eac to r  before  being in j ec t ed  i n t o  the  top of t he  r e a c t o r .  Heat i s  supplied to 
the  r e a c t o r  and gas prehea t  c o i l s  w i th  banks of i n d i v i d u a l l y  c o n t r o l l e d  e l e c t r i c -  
r e s i s t a n c e  furnaces .  Coal i s  fed t o  the  r e a c t o r  a t  system p res su re  us ing  a 4-vaned 
feeder  connected t o  a variable-speed.motor;  i t  passes  by g r a v i t y  flow through a nozzle 
of 5/16-inch diameter before  e n t e r i n g  the  r e a c t o r .  This nozzle i s  water-cooled t o  
keep the  m a l  belod i t s  sof ten ing  temperature and i s  in su la t ed  t o  minimize hea t  l o s s e s .  
The coa l  i s  d ispersed  i n t o  the  r e a c t o r  where i t  con tac t s  and r e a c t s  w i th  the hydrogen. 
The r e a c t o r  i s  of 3-inch inner  diameter and the he i t ed  sec t ion  below c o a l  e n t r y  poin t  
has been vqr ied  frEm 3 t o  6 f e e t  i n  l eng th .  
- i f  Mathematician, Department of Mathematics, West V i rg in i a  Un ive r s i ty ,  Morgantown, 

West Va. 26506. 

The c o a l  m u s t  be hea ted  very Lap id ly  
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through i t s  p l a s t i c  temperature  (350°-480° C f o r  hvab c o a l ,  P i t t s b u r g h  seam) i n  order  
to produce a dry  char ,  f r e e  of  agglomerates. Residence t i m e  of v o l a t i l e  products  
v a r i e s  with system p r e s s u r e  and gas  r a t e  bu t  f o r  most experiments made a t  3,000 p s i g ,  
t h i s  res idence t i m e  runs about  5 minutes.  
these  experiments. For experiments made a t  725O-75Ot (Jim s e r i e s ) ,  thick-walled 
s t a i n l e s s  steel r e a c t o r  w i t h  a 6-inch od x 3-inch i d  was used. For ex- 
periments a t  900' C (IHR s e r i e s ) ,  an in te rna l ly-hea ted  r e a c t o r  was designed i n  which 
t h e  r e a c t o r  proper c o n s i s t s  o f  3-inch schedule 10 s t a i n l e s s  steel p ipe .  The IHR re- 
a c t o r  and hea t ing  elements are enclosed i n  a 10-inch pressure  v e s s e l  and a r e  insu la ted  
so t h a t  wal l  temperatures on t h i s  v e s s e l  do not  exceed 150° C a t  r e a c t i o n  tempera- 
t u r e s  of 900° C. 
a c t o r .  

Two types of r e a c t o r s  have been used f o r  

Equalized pressure  i s  maintained across  the  w a l l  of the  3-inch re- 

Char is c o l l e c t e d  i n  an  a i r -cooled  r e c e i v e r  loca ted  below the  r e a c t o r .  Product 
g a s  passes  through a water-cooled v e s s e l  i n  which water ,  t r a c e s  of o i l ,  and some vola-  
t i l e  salts  a r e  condensed and c o l l e c t e d .  The gas  i s  then expanded t o  abnospheric pres-  
s u r e  through a r e g u l a t o r ,  metered, and f l a r e d .  A separa te  sample stream, taken from 
a p o i n t  near t h e  bottom of t h e  r e a c t i o n  zone, passes  through a continuous analyzer  
t h a t  determines the c o n c e n t r a t i o n  of hydrogen i n  the  stream. 
a r e  taken f o r  complete a n a l y s i s  by chromatography. 
weighed and u l t i m a t e  and proximate analyses  made. 

Per iodic  samples 
The char  from the r e c e i v e r  i s  

Experiments w e r e  made w i t h  hvab coa l  from the  P i t t s b u r g h  seam having a f ree-  
swel l ing  index of  8 and a v o l a t i l e  conten t  of  39-41 percent ,  moisture-ash-free b a s i s .  
U l t i m a t e  and proximate a n a l y s e s  are given in  t a b l e  1. The feed was s ized  t o  50 x 100 
m e s h  s i e v e  f r a c t i o n ,  U.S. Standard.  

Table 1.- Analyses of h i g h - v o l a t i l e  A bituminous c o a l  

AS 

m percent  percent  
. received,  Maf , 

U 1  tima te . .  
Carbon ..................... 78.5 84.0 
Hydrogen ................... . 5.4 5.7. 

. Nitrogen .................... 1.6 - 1.7 
S u l f u r  .................. 1.4 1.5 

Ash ..:. - 
O x y g e d ' . :  .................. 7.2 7.1 ..................... 5.9 - 

100.0 . .  
Proximate 

Moisture  ..................... 0.7 - 
Fixed carbon ............... 55.2-  . 59.1 
V o l a t i l e  m a t t e r  .. >... ...... 38.2 . 40.9 

Ash ............................ 5 . 9  - 
- I/ By d i f f e r e n c e .  

Development of  Reaction Model 

! 

1 

i 

n.".4<..?.-.. VLUAL.ULLJ methods of t r e a t i n g  i n t e g r a l  r e a c t o r  da ta  a're n o t  appl iceble  t o  our data 
because,  judging from product  gas ana lyses ,  the system never reached s teady s t a t e  i n  
t h e  t i m e  al lowed by t h e  c o a l  c a p a c i t y  of t h e  pressur ized  hopper. The gas concentra- 
t i o n  versus  o r c r a t i n g  time curves  i n d i c a t c  s u b s t a n t i a l  b a c h i x i n g  was occurr ing i n  
t h e  r e a c t o r  and t h i s  backmixing was respons ib le  f o r  the delay i n  reaching steady s t a t e .  
A t r a c e r  experiment was conducted under c o n t r o l l e d  condi t ions  and without the  compli- 
c a t i o n s  of  chemical r e a c t i o n s  to  observe t h e  prec ise  behavior of the  IHR r e a c t o r  a s  a 

. .  
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mixer. I n  t h i s  experiment the  hopper w a s  charged wi th  an  i n e r t  s o l i d  ( an th rac i t e )  
and t h e  same opera t ing  procedure was followed a s  i n  a run except t h a t  s h o r t l y  a f t e r  
t h e  s t a r t  of feeding t h e  a n t h r a c i t e ,  t h e  hydrogen flow was turned o f f  and i n e r t  gas 
f ed  i n  i t s  place.  The dimensionless concen t r a t ion  o f  n i t rogen  i n  the  sample gas  i s  

.shown i n  f igu re  2 a s  a func t 'on  of t i m e .  These r e s u l t s  i n d i c a t e  t h a t  based upon the  
so-ca l led  d i spe r s ion  model,%' the  r e a c t o r  may be t r e a t e d  a s  i f  the gas phase were 
p e r f e c t l y  mixed. 

Because the  r e a c t o r  i s  backmixed and the res idence  time of the f r e e - f a l l  p a r t i -  
cles is  s h o r t  compared t o  t h e  t i m e  over which a s i g n i f i c a n t  change i n  gas  composition 
occurs ,  each p a r t i c l e  en te r ing  the  r e a c t o r  sees an e s s e n t i a l l y  cons t an t  gas  composi- 
t i o n  wh i l e  passing through the  r e a c t i o n  zone. Of course ,  p a r t i c l e s  f a l l i n g  through 
the  r e a c t o r  a t  d i f f e r e n t  ope ra t ing  times see d i f f e r e n t  gas  compositions so the char  
c o l l e c t e d  a t  the end o f  a n  experiment i s  a nonhomogeneous m a t e r i a l  composed of p a r t i -  
cles a l l  o f  which experienced d i f f e r e n t  r e a c t i o n  cond i t ions .  Thus, i n  t he  formula- 
t i o n  of t he  hydrogas i f i ca t ion  model two t i m e  s c a l e s  a r e  necessary .  
t e r p r e t a t i o n  of these  two t i m e  scales i s  i l l u s t r a t e d  by t h e  following r a t e  equat ion  
which was found t o  b e s t  f i t  the  experimental  d a t a ,  

The phys ica l  i n -  

(1) az*(t,e)/ae = kpH2(t)(1-z*), 

where z* i s  the  carbon conversion a t  p a r t i c l e  res idence  t i m e  0 and a t  opera t ing  time 
t ,  k i s  the  r e a c t i o n  ra te  cons t an t ,  and p ~ , ( t )  is t h e  hydrogen p a r t i a l  pressure a t  
ope ra t ing  time t.  Since  the  measured carbon conversion, Z ,  i s  based on t h e  t o t a l  
char  c o l l e c t e d ,  i t  is an average conversion and the re fo re  may be assumed t o  be re- 
l a t ed  t o  the  ins tan taneous  conversion by 

where % is t he  du ra t ion  of the  run ,  z ( t )  = z*(t,Oo) apd Bo is the p a r t i c l e  r e s i d e y e  
time. 

Because the  change i n  gas  composition i s  n e g l i g i b l e  over a t i m e  span equal  to  
t h e  p a r t i c l e  res idence  t i m e  eo, equat ion  (1) may be in t eg ra t ed  wi th  r e s p e c t  t o  8 w i t h  
t held cons t an t .  This  y i e l d s  

(3) f(tk.*(taQ/(l-z*) E = kpH,(t)e0, 

where t h e  phys ica l  i n t e r p r e t a t i o n  of E i s  t h e  f r a c t i o n  o f  carbon t h a t  i s  immediately 
vaporized. 
c o a l  f a l l i n g  through the r e a c t o r  a t  ope ra t ing  time t i s  g iven  by 

From equat ion  (4) and- the  d e f i n i t i o n  8, = L/UT,the carbon-convers ion  of 

As previous ly  mentioned, t he  s o l i d  carbon conversion measured i s  an average con- 
ve r s ion  so s u b s t i t u t i o n  o f  equat ion  (4) i n t o  equat ion  (2) g ives  

as the express ion  f o r  t h e  average s o l i d  carbon conversion over the run  t i m e  t R .  

i ng 
used 

We have experimental  va lues  f o r  2 ,  t R ,  L, pH,(t) a s  a d i s c r e t e  func t ion  of opera t -  

t o  c o r r e l a t e  t he  hydrogas i f i ca t ion  d a t a  by the following s t eps :  
t i m e  t ,  and a rough e s t ima te  for'UT of 32,400 f t / h r  a t  205 atm. Equation (5) was 

' 1. S e l e c t  a va lue  f o r  E 
2 .  For each experiment,  w i th  t h i s  E so lve  equat ion  ( 5 )  f o r  k by numerical  methods. 

I 

c 
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3. 
same temperature ,  and using t h i s  k value i n  (5 ) ,  c a l c u l a t e  a ?. f o r  each of these 
experiments. 

Calcu la te  the  average k value f o r  those experiments a l l  performed a t  t he  

M R  Run S e r i e s ,  T = 900° C ,  E = 0.14 
Average 

Reactor Sol ids  s o l i d  Gas Reac t i o &  i 
press -  feed carbon feed Hydrogen Reactor r a t e  

u r e  , r a t e ,  conver- r a t e ,  i n  feed length ,  cons tan t  k, 

i 4 .  Determine t h e  value of E Lhat miuiuiizes , 

measured - i ca lcu la ted  1 ,  1 
where the sumnation is taken over  the  experiments of s t e p  ‘ (3) .  

36 
37 

39 
61  
96 

10 1 
104 
107 

109 
110 
111 
113 
12 9 
130 
131 
132 
133 
136 

- 125 

38 

io8 

128 

205 
205 . 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 
205 

69 
69 

6.4 
13.6 
13.0 
13.2 
13.4 
4.3 
6 .1  
6.9 
8.8 
7.2 
8 .1  
8.2 
7.9 
8 .3  
8.4 
8 . 1  
8.4 
8.8 , 

8.2 

8 . 1  
8.2 

7.8 . 

31.0 
2 7 . 1  
22 .o 

26.0 
47.6 
49.6 

,42 .7 
53 .O 

28.1  

49.8 
47 .a  

39.8 
41.6 

43.0 
40.0 
40.2 
42.0 
37.7 
40.5 
39!9 
36.8 
37 .a  

0.447 
0.550 
0.434 
0.695 
0.663 
0.329. 
0 - 347 
0.363 

0.450 
0.480 
0.468 
0.463 
0.405 
0.423 
0.437 

0.432 

0.447 
0.516 

0.480 

o .408 

0 . 3 8  

0.368 . 

1 / 4 8  5 23.7 
L150 5 ‘21.4 
L145 . 5 13.4 

;!;; 5 19.4 
98 5 19.2 
96 5 23.4 
99 5 16.7 
99 5 25:4 
98 5 24.0 

5 23.1 
3 27.5 - 99 3 25.2 

99 3 21.7 
100 5 19.5 

97 5 ’ 18.8 
96 5 21.2 
99 . 5 14.3 
99 5 15.7 

97 5 39 
93 5 43 
Average = 2 1  atm’lhr-l 

5 21 .0  * 

98 L 

99 __ - 

99 5 17 .a 

r 

- I /  
a/ 
a/ 

Except f o r  abou t  2 vo l  p c t  the  remainder of the  gas i s  methane. 
Based on est imated average p a r t i c l e  ve loc i ty  of 32,400 f t / h r  with char  produced 
a t  205 atm. 
Runs a t  I 69 atm cor rec ted  f o r  p a r t i c l e  res idence  t i m e  f o r  i nc lus ion  i n  average k. 

Ip I 

(Table 2 continued on next page.)  

. .  - .  
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Table 2-continued- 

EHR Run S e r i e s ,  T = 725O C, E + 0.22 

Reactor So l ids  s o l i d  Gas React io& 
press -  feed carbon feed Hydrogen Reactor r a t e  

. 
Average 

ure  , r a t e ,  conver- r a t e ,  i n  feed length ,  cons tan t  k, 
Run atm lb /h r  d o n , %  lb-mole/hr Eas, vol% f t  a tm-' hr-' 

346 
347 
349 
3 52 
377 
394 
399 

369 
370 
373 
374 
37 5 
397 
398 
404 

205 6.4 
205 6.3 
205 6 .6  
205 5.3 
205 6 .O 
205 6.2 
205 6.4 

103 6 . 3  . 
10 3 6.7 
103 5.9 
103 7.6 
103 6 .O 
103 6.5 
10 3 6.7 
10 3 6.5 

22.8 
25.2 
25.6 
23.4 
39.4 
23.8 
24.0 

29.6 
27 .O 
27.7  
25.1 
31.0 
24.8 
25.9 
29.8 

0.458 
0.458 
0.466 
0.458 
0.478 
0.416 
0.548 

0.461 
0.461 
0.455 
0.463 
0.455 
0.422 
0.548 
0.950 

L' 58 6 5.89 
L152 6 2.87 

6 3.13 
'149 6 12.38 

98 6 7.08 
9 6 3.00 

L/27 6 3.29 
Average k a t  205 atm = 5.4 
a t m - l  hr'' 

1-155 6 12 .oo 
LJ 56 6 7.03 
Ll57 6 8.63 
L/54 6 4 .81  

96 6 7.64 

LI2 4 6 13.98 
L146 6 12 -48 

'I23 6 11.11 

Average k a t  103 atm = 9.7 
a tm" hr" 
Average k a t  725O C cor rec ted  
f o r  res idence  t i m e  e f f e c t s  = 
6 atm-l hr-l 

- i /  
a/ 

Except f o r  about 2 vo l  p c t  the  remainder of t he  gas  i s  methane. 
Based on estimated average p a r t i c l e  v e l o c i t y  of 32,400 f t / h r  w i th  char  produced 
a t  205 atm. 

a r e  those ca l cu la t ed  using the  value of E i n  s t e p  (4). These r e s u l t s  i n d i c a t e  an 
e f f e c t  of pressure  on k; however, t h i s  is merely a res idence  t i m e  e f f e c t  due t o  the 
dependency of the char dens i ty  on the  system pressure .  This  dependency i s  shown i n  
f igu re  3 where the  bulk d e n s i t y  of the  char  i s  p l o t t e d  a s  a func t ion  of the  r eac to r  
pressure .  Apparently, t he  hollow spheres o f  which most of the char  cons i s t s  a r e  
smal le r  when formed under h igher  pressure .  
bulk dens i ty  d i f f e rence .  
ponding p a r t i c l e  res idence  t i m e  g ives  k values  t h a t  a r e  independent of pressure ,  and 
these  a r e  the average va lues  repor ted  i n  t a b l e  2 .  

Photographs of char  i n  f igu re  4 show t h i s  
Correc t ion  f o r  the  change i n  bulk dens i ty  and the  cor res -  

There i s  considerably more spread i n  the  ca l cu la t ed  k values a t  725' C than a t  
900° C f o r  the  following reasons: 
d e v o l a t i l i z a t i o n  because of r e l a t i v e l y  low k va lues ,  the s h o r t  res idence  time (<1 sec) 
i n  f r e e - f a l l ,  and the  low hydrogen p a r t i a l  p ressure  due t o  the  h igher  methane concen- 
t r a t i o n s  i n  the  feed gas. 
small  e r r o r s  i n  z ( t )  and E gene ra t e ' l a rge  e r r o r s  i n  k. 
b i l i t y ,  the c a l c u l a t i o n a l  scheme descr ibed above was c a r r i e d  out under the add i t iona l  
c o n s t r a i n t  t h a t  E be l e s s  than the lowest measured carbon conversion. 
the  measured values of carbon conversion wi th  those p red ic t ed  by the  model using the 
average k i s  show1 i n  f i g u r e  5. 

Extensive carbon conversion a t  725' C i s  due t o  

Thus, i n  .equation (3) z ( t )  i s  c l o s e  t o  E ,  and the re fo re ,  
I n  view of t h i s  inherent  i n s t a -  

A comparison of 

. .  
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An apparent  a c t i v a t i o n  energy i s  c a l c u l a t e d  by p l o t t i n g  111 k versus  1 / T  f o r  

the  two temperature l e v e l s  s udied i n  f i g u r e  6. 
repor ted  by Wen and Hueb leS5  u s i  g a coal-char  and a k value c a l c u l a t e d  from d a t a  
reported by Moseley and P a t e r s o a 9  a l s o  op char  hydrogas i f ica t ion .  The apparent  

. a c t i v a t i o n  energy c a l c u l a t e d  from f i g u r e  5 is  about 16 k cal/grarn-mole carbon re- 
acted.  ydrogas i f ica t ion  a c t i v a t i o n  energy of 

Also shown in f i g u r e  6 is a k value 

This i s  in  b a s i c  agreement with a 
15 k c a l  reported by Zahradnik and Glenn.- 7 7  

Phys ica l  I n t e r p r e t a t i o n  of  t h e  Reaction Model 

I n  t h i s  sec t ion  w e  e s t a b l i s h  a phys ica l  b a s i s  f o r  our r e a c t i o n  model, no t  only 
t o  g a i n  confidence i n  the  model b u t  a l s o  to a s c e r t a i n  the limits of i t s  a p p l i c a b i l i t y .  
I n  order  t o  provide this phys ica l  b a s i s  we must r e l y  on i n t u i t i o n  and t h e  experimental  
work of o t h e r s  even though t h e  bulk of the  l a t t e r  was generated with coal-char a s  a 
feed m a t e r i a l  r a t h e r  than c o a l .  

W e  have already compared i n  f i g u r e  6 the  temperature dependency of the  rate con- 
s t a n t s  ca lcu la ted  i n  t h i s  s tudy  with those repor ted  o r  ca lcu la ted  from references  5, 
6 ,  and 7.  This  comparison i s  encouraging i n  the  sense t h a t  it tells  us what w e  in -  
t u i t i v e l y  would suspec t ;  t h a t  is ,  the  a c t i v a t i o n  energ ies  f o r  the hydrogas i f ica t ion  
of c o a l  and char  are n o t  g r e a t l y  d i f f e r e n t .  
of r e a c t o r  conf igura t ions  and so l id-gas  contac t ing  schemes employed i n  t h e  s t u d i e s  
used t o  c a l c u l a t e  a c t i v a t i o n  energ ies .  For e x a m p l e , y s e l e y  and P a t e r s o d  used an 
en t ra ined  r e a c t o r  f o r  t h e i r  s t u d i e s ,  Wen and Rueb leP  
a semiflow (fixed c o a l  charge and flowing hydrogen) and continuous countercur ren t  
tubular  r e a c t o r .  
f i c a t i o n  r e a c t i o n  rate c o n s t a n t  decreases  w i t h  increas ing  char  prepara t ion  tempera- 
t u r e  and would thereby be expected t o  be h i g h e s t  f o r  raw coa l ,  a s  our  d a t a  confirm. 

Another encouraging f a c t o r  i s  t h e  v a r i e t y  

t r e a t e d  d a t a  generated i n  both 

Moseley and Pa terson ' s  char  d a t a  a l s o  i n d i c a t e  t h a t  t h e  hydrogasi- 

Since Moseley and Pa terson  conducted t h e i r  e n t r a i n e d  r e a c t o r  s t u d i e s  with excess 
hydrogen, t h e  hydrogen p a r t i a l  p ressure  remains e s s e n t i a l l y  cons tan t ;  t h e r e f o r e ,  i t  is 
p o s s i b l e  t o  c a l c u l a t e  r e a c t i o n  rates i n  t h e i r  en t ra ined  r e a c t o r  because mixing pa t te rns  
need n o t  be considered. In f i g u r e  7 ,  using a k value  ca lcu la ted  from t h e i r  d a t a ,  the 
r a t e s  pred ic ted  by our  model a r e  compared w i t h  t h e i r  experimental ly  measured r a t e s  a t  
the  var ious  hydrogen p a r t i a l  p r e s s u r e s  used i n  t h e i r  s t u d i e s .  The goodness of the f i t  
is a f u r t h e r  i n d i c a t i o n  t h a t  t h i s  r e a c t i o n  model can be used under a r a t h e r  wide range 
of  conta/cting schemes and r e a c t o r  condi t ions.  

Since,  i n  t h i s  model, the  hydrogas i f ica t ion  rate is  a func t ion  of temperature,  
hydrogen p a r t i a l  p r e s s u r e ,  and carbon conversion l e v e l ,  we.should e s t a b l i s h  a range 
f o r  these  v a r i a b l e s  over which t h e  model appl ies .  
obtained by simply r e s t r i c t i h g  t h e  v a r i a b l e s  t o  t h e  range covered by t h e  present  ex- 

-per imental  study. From a process  viewpoint,  the  range of v a r i a b l e s  i n  t h i s  s tudy,  a s  
shown i n  t a b l e  2,  i s  s u f f i c i e n t l y  wide t o  cover  most p r a c t i c a l  process  s i t u a t i o n s .  
Thus, the  model can be used t o  des ign  most r e a c t o r  systems without  e x t r a p o l a t i n g  be- 
yond the  range of experimental  condi t ions.  

Equation (11, which d e s c r i b e s  the  r a t e  of hydrogas i f ica t ion ,  has the  simple phys- 

A very conservat ive es t imate  i s  

i c a l  i n t e r p r e t a t i o n  t h a t  the c o a l  p a r t i c l e  c o n s i s t s  of  a number of  r e a c t i o n  s i t e s  a l l  
equa l ly  a c c e s s i b l e  t o  hydrogen. The porous na ture  of coal-chars  fonned during hydro- 
g a s i f i c a t i o n  (as  shown by a c r o s s  s e c t i o n a l  view of some t y p i c a l  char  p a r t i c l e s  i n  
f i g u r e  8), i n d i c a t e s  t h a t  t h i s  i n t e r p r e t a t i o n  i s  reasonable .  The rate of  r e a c t i o n  
under these  circumstances is given by,. 

- -  1 dNs/dQ = kpH& , 
Nso Nso 

which can be d < r s c t l y  w r i t t e n  i n  terms of cunver.aion a s  

1 dz/de kp&( 1-Z) . 

. .  
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Hiteshue and co-workers conducted semiflow experiment&-/ a t  the  r ap id  hea t ing  

r a t e s  t yp ica l  of continuous opera t ion .  Thei r  r e s u l t s  i n d i c a t e  t h a t  t h e  number of so- 
c a l l e d  r e a c t i o n  sites Nso capable  of being converted i n  the r e l a t i v e l y  s h o r t  res idence  
times of f r e e - f a l l  opera t ion  a r e  not equa l  t o  the  number of carbon atoms i n  the coa l .  

'Data  from reference  8 a r e  p l o t t e d  i n  f i g u r e  9 to show how the  f r a c t i o n  of t o t a l  carbon 
a v a i l a b l e  f o r  r e a c t i o n  a t  s h o r t  res idence  t i m e s  i s  increased  by inc reases  i n  tempera- 
t u r e  and hydrogen p a r t i a l  p ressure .  The inc rease  i n  t h e  amount of more h igh  y r e a c t i v e  
carbon wi th  inc reas ing  temperature was a l s o  pointed ou t  by Wen and Huebler.B) A f a i r l y  
reasonable phys ica l  i n t e r p r e t a t i o n  of t h i s  phenomena i s  t h a t  the carbon conta in ing  mole- 
cu le s  i n  the  c o a l  a r e  uns t ab le  a t  the  hydrogas i f i ca t ion  temperatures and can  e i t h e r  
form molecules amenable t o  f u r t h e r  hydrogenation by t h e  add i t ion  of hydrogen t o  the  
s o l i d  phase o r  form more h ighly  aromatic,  and hence un reac t ive ,  s t r u c t u r e s  by poly- 
merization. Th i s  bas i c  ex l ana t ion  of hydrogas i f ica t 'on  has a l s o  been pos tu l a t ed  by 
both Moseley and P a t e r s o d  and Zahradnik and G l e n n d  The m a t e r i a l  r ema inhg  a f t e r  
t h e  h ighly  r e a c t i v e  carbon i s  hydrogas i f ied  a l s o  hydrogas i f i e s ,  b u t  a t  a much lower 
rate. 
being analyzed us ing  t h e  da t a  i n  r e fe rence  8. 
d r o g a s i f i c a t i o n  of t h e  more unreac t ive  f r a c t i o n  of carbon i s  incomplete,  i t  a l s o  seems 
to  follow the  b a s i c  rate l a w  

The k i n e t i c s  of hydrogas i f i ca t ion  o f  t h i s  more un reac t ive  carbon are c u r r e n t l y  
Though t h e  k i n e t i c  a n a l y s i s  of t h e  hy- 

a 
dz/d@ = kpk( l -z ) ,  

where a i s  the  y e t  undetermined order  of t h e  r e a c t i o n  wi th  r e s p e c t  t o  hydrogen par- 
t i a l  pressure .  

Thus, hydrogas i f i ca t ion  o f  raw c o a l  can be explained by assuming the  ex i s t ence  o f  
t h e  following three types of carbon: 

Type 1. The h igh ly  reactive s o l i d  carbon contained i n  s i d e  cha ins  which i s  extremely 
easy  to  s p l i t  off from the  s o l i d  molecule. This  is t he  f r a c t i o n  of carbon denoted by 
E i n  th i s  r e p o r t .  

Type 2 .  
rate than the  carbon denoted by E. 
c a t i o n  rate i s  descr ibed  i n  t h i s  paper. As shown i n  f igu re  8 ,  t h e  f r a c t i o n  of re- 
a c t i v e  carbon depends on both the  temperature and hydrogen p a r t i a l  p re s su re  i n  the  
r e a c t o r  .' 

The h igh ly  r e a c t i v e  s o l i d  carbon which x e a d i l y  hydrogas i f i e s  bu t  a t  a lower 
This  i s  the  f r a c t i o n  of carbbn whose hydrogas i f i -  

Type 3. The low-reac t iv i ty  r e s i d u a l  carbon which seems t o  r e a c t  accord ing  t o  the  
same rate law as type 2 bu t  w i th  a much lower va lue  of k. 

have been proposed by Wen and Huebler and Blackwood and McCarthy.- 
A l t e rna te  models based on char  conta in ing  carbon of two d i f fgf jen t  r e a c t i v i t i e s  

Our a t t e n t i o n  has  thus  f a r  been focused on t h e  s o l i d  carbon phase,  and we should 
IWW cons ider  the important r o l e  of t h e  gaseous products on t h e  hydrogas i f i ca t ion  re- 
ac t ion .  One major e f f e c t  of t hese  gaseous products i s ,  o f  course ,  t h e  lowering of 
hydrogen p a r t i a l  p ressure .  Also, s ince  the  ob jec t ive  o f  these  s t u d i e s  i s  to produce 
high-Btu gas ,  the maximum concent ra t ion  of methane t h a t  can be produced and how it  
depends on the  con tac t ing  scheme and r e a c t o r  condi t ions  should be determined. O u r  
system i s  no t  a p a r t i c u l a r l y  good one f o r  determining t h e  maximum methane concentra- 
t i o n s  a t t a i n a b l e  because o f  t he  s h o r t  s o l i d s  res idence  t i m e  and the  non-optimum s o l i d -  
gas contac t ing  system. I n  s p i t e  of these  drawbacks, i t  i s  p o s s i b l e  to  produce a high- 
Btu gas  a f t e r  methanating the  low concent ra t ions  of carbon monoxide t o  b r ing  t h e  gas  
i n t o  compliance wi th  p i p e l i n e  s tandards .  For example, r e s u l t s  of some experiments 
w i th  hydrogen-methane feed gas  a t  900° C a r e  presented  i n  t a b l e  3. he feed  gas com- 

the  f e a s i b i l i t y  of a two-stage hydrogas i f i ca t ion  system i n  which t h e  r a w  coa l  i s  con- 
t ac t ed  while i n  f r e e - f a l l  w i th  the  product gas coming from a moving-bed cha r  hydro- 
g a s i f i e r .  

p o s i t i o n  used i n  these  experiments comes from an experimental  stud$ 0 7  which e s t ab l i shed  

Details o f  t h i s  system a r e  g iven  i n  r e fe rence  10 and r e fe rence  3. 



C(@-graphite) + 2H2 -f (34. 

This is  very  important t o  process  des ign  because the  r e l a t i o n  between the p a r t i a l  
p re s su res  of methane and hydrogen and the  s o l i d  carbon conta in ing  phase has  been ex- 
p la ined  on thermodynamic grounds%&E/as i f  there e x i s t s  an  equi l ibr ium between a 
s o l i d  o f  changing a c t i v i t y  level and t h e  r e a c t i n g  species i n  t h e  gas  phase. 
explana t ion  leads  t o  t e exper imenta l ly  u n j u s t i f i e d  conclusion t h a t  l o w  temperatures 
(1,300' t o  1,500' *)E7 are necessary  to  achieve t h e  d i r e c t  production of a high-Btu 
g a s  i n  continuous systems. Indeed, th i s  thermodynamic analogy i s  causing concern r e -  
gard ing  t h e  f e a s i b i l i t y  of d i r e c t  hydrogas i f i ca t ion  because i t  impl ies  t h e  necess i ty  
o f  remoding h e a t  from hydrogas i f i ca t ion  systems t o  maintain temperatures a t  the levels 
p red ic t ed  by thermodynamic cons ide ra t ions  t o  y i e l d  high-Btu gas. 

1 

This  1 

That these  h e a t  re- 

g a s i f i c a t i o n  o f  brown c o a l  i n  a f lu id i zed  bed where l a r g e  inc reases  i n  both g a s i f i -  
c a t i o n  ra te  and methane y i e l d  are obtained by inc reas ing  temperatures from 750° C t o  
950° C (1,742' P). 
gases  can  be  produced a t  temperatures a t  least as h igh  as 1,650° F. Kine t ic  s t u d i e s  
a t  h ighe r  temperature are needed t o  determine whether h e a t  removal from l a r g e  re- 
a c t o r s  w i l l  be necessary-or i f  i t  w i l l  s imply s u f f i c e  t o  provide wall cool ing  
to p r o t e c t  ma te r i a l s  o f  cons t ruc t ion .  

So, based on p resen t ly  a v a i l a b l e  d a t a ,  i t  appears t h a t  high-Btu 

The danger in apply ing  thermodynamic cons ide ra t ions  ( e spec ia l ly  f o r  ex t rapola-  
t i o n a l  purposes) t o  hydrogas i f i ca t ion  systems-becomes c l e a r  when one cons iders  t h a t  
the r e a c t i o n s  involved i n  the production o f  methane from c o a l  of char  are not i n  any 
sense  r e v e r s i b l e  and r e v e r s i b i l i t y  i s  a fundamental condi t ion  a system must s a t i s f y  
t o  g i v e  t h e  concept of equ i l ib r ium meaning. For example, t h e  r e a c t i o n  

/ 

c h a r  + C& -f c o a l  i H2 
has never been known to-occur .  
must be considered t o  be d i c t a t e d ,  a t  l e a s t  to  a l a r g e  degree,  by the  k i n e t i c s  of 
t h e  above reac t ion .  

Therefore the  behavior of hydrogas i f ica t ion  systems 

A q u a l i t a t i v e  k i n e t i c  explana t ion  f o r  t he  behavior of hydrogas i f i ca t ion  systems 
i s  n o t  d i f f i c u l t .  
be represented  by the rate equat ion  developed i n  t h i s  paper which shows t h a t  t h e  
rate of methane formation inc reases  exponent ia l ly  wi th  temperature up t o  the  h ighes t  
temperature s tud ied  (900' C ) .  Figure 9 a s  w e l l  a s  d a t a  i n  r e fe rence  8 i n d i c a t e s  

For example, t h e  genera t ion  of methane from raw c o a l  o r  cha r  can 

that  t h i s  i nc rease  i n  hydrogas i f i ca t ion  ra te  wi th  temperature ex tends  t o  1,200° C .  1 

.. 
I 

W e  have a l r eady  seen  t h a t  a t  900° C methanelhydrogen r a t i o s  g r e a t l y  exceed t h e  r a t i o  
r equ i r ed  f o r  t he  formation o f  g -g raph i t e  and t h a t  t he  only e f f e c t  of methane on hy- 
d r o g a s i f i c a t i o n  ra te  even a t  these  h igh  methane l e v e l s  i s  the  reduct ion  i n  hydrogen 
p a r t i a l  p ressure .  T h i s  simply means t h a t  t he  carbon depos i t i on  r e a c t i o n  

a= -f 2H2 t C(soLid) I 
i is slow compared t o  the formation r a t e  of methane i n  s p i t e  of a thermodynamic d r iv ing  

fo rce  f o r  t he  carbon depos i t i on  r eac t ion .  
such  a s  t h e  lack o f  c a t a l y t i c  su r faces  f o r  depos i t i on  t o  occur on o r  t h e i r  r zp id  poi- 
soning by s u l f u r  md!or n i t rogen  compounds i n  the  coa l .  

This .could be due to a number of f a c t o r s  

, 
I 
t 
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Based on these k i n e t i c s ,  one suspec ts  t h a t  the carbon depos i t ion  r eac t ion  would 

be most predoininant at: high carbon conversions , because of the  low me thane formation 
r a t e s  due t o  the  inf luence  of the  (1-2) term, and a t  long gas phase res idence  tinies 
which g ive  the  methane formed time to  c rack .  Both of these  condi t ions  can be mini- 
mized i n  continuous systems where carbon conversion l e v e l s  w i l l  probably bc on thc  
o rde r  of 45 percent and the  vapor phase res idence  time can be kept  sho r t .  
continuous s y s t e m  may be a b l e  to  ope ra t e  a t  s u b s t a n t i a l l y  h igher  temperatures and 
methane concent ra t ions  than ba tch  systems without encountering apprec iab le  carbon 
depos i t i on .  

Behavior of Experimental Reactor Using Model 

Thus, the 

Bas i ca l ly ,  what we have thus f a r  developed i s  a model t h a t  allows t h e  r a t e  of 
conversion of carbon t o  be  c a l c u l a t e d  when t h e  environment of the char p a r t i c l e s  is  
known. I n  o rde r  to use t h i s  model to s imula te  r e a c t o r  behavior,  we must be ab le  t o  
e s t a b l i s h  the  p a r t i c l e  environment a s  a func t ion  of c o n t r o l l a b l e  r e a c t i o n  parameters. 
I n  the  l abora to ry  r e a c t o r  descr ibed  w e  can c o n t r o l  feed gas r a t e  Go, coa l  feed r a t e  
Wso,  temperature T ( i n  a l a r g e r  a d i a b a t i c  r e a c t o r  the  temperature would be a func t ion  
of input  va r i ab le s  r a t h e r  than independently c o n t r o l l a b l e ) ,  t o t a l  p ressure  P ,  t h e  
composition of the i n l e t  gas ,  and the  l eng th  of the r e a c t o r  (within c e r t a i n  l i m i t s ) .  
S ince  w e  have already e s t a b l i s h e d  t h a t  t he  flow regime i n  our r e a c t o r  is  backmixed, 
t h e  unsteady s t a t e  methane f l u x  i n  the  r e a c t o r  i s  descr ibed  a t  opera t ing  t i m e  t by 

( 6 )  GoYmo-GYm(t) + wsofcoz(t)  uvRdy( t ) /d t ,  

where Go = feed gas r a t e ,  ymo = concent ra t ion  of methane i n  the  feed gas ,  G = e x i t  gas 
r a t e ,  ym(t) = concent ra t ion  of methane i n  t h e  e x i t  gas  a t  t i m e  t ,  Wso = c o a l  r a t e ,  fco = 
molar concent ra t ion  o f  carbon i n  the  c o a l ,  z ( t )  = c o a l  carbon conversion l e v e l ,  QL = 
e f f e c t i v e  gas  capac i ty  o f  t h e  r e a c t o r ,  and VR = e f f e c t i v e  r eac to r  volume. 
i ng  equat ion  ( 4 )  i n t o  (6) and us ing  the  approximate empir ica l  r e l a t i o n  

yH2 ( t )  0.98-ym(t) , 

S u b s t i t u t -  

f o r  t he  methane-hydrogen mixtures used i n  these  t e s t s  g ive  

(7) Goymo-Gym(t) + Wsofco (1- (l-E)exp (-@((I. 98-ym( t )  )L/UT)) = mRdYm(t) / d t  3 

The r e l a t i o n  between G and Go i n  terms of A ,  Wso ,  fco,  and z i s  
which may be used t o  s imula t e  unsteady s t a t e  r e a c t o r  behavior when G and CY a r e  
determined. 

(8) G 5 G o - ( ~ - l ) W s o f , - ~ ~ .  
I 

I 

Figure  10 shows A, as de f ined  by equat ion  (8), as a func t ion  of s o l i d  carbon conver- 
The curve determined by t h e  

experimental  po in ts  i s  based on measured s o l i d  carbon conversion and the r a t i o  of 
i n l e t / e x i t  gas  r a t e s .  Average r e s i d u e  and raw coa l  ana lyses  w e r e  used t o  compute 
curves  (a) and (b). 
form water ;  curve (b) assumes no hydrogen i s  consumed by the  oxygen i n  t h e  c o a l .  
shown a re ' po in t s  based on d a t a  presented  by Pyrcioch and Linden (15) as w e l l  as a few 
p o i n t s  from reference  (5) both  o f  which are based on t h e  hydrogas i f i ca t ion  of p re -  
treated coal. The d i f f e r e n c e  between the  curves f o r  raw c o a l  and p re t r ea t ed  c o a l  i s  
of primary economic importance because i t  r e f l e c t s  the  d i f f e r e n c e  i n  hydrogen consump- 
t i o n  requi red  t o  produce methane from the  two feed s tocks .  
t h e  d i f f e r e n c e  i n  hydrogen consumption a r e  t h e  H/C atom r a t i o  of the  raw coa l  i s  
about 0.83 whi le  it i s  only about 0.52 f o r  t he  p re t r ea t ed  c o a l  and the  oxygen con ten t  
of t he  raw c o a l  i s  lower. 

' s i o n  f o r  the  raw coa l  ca l cu la t ed  two d i f f e r e n t  ways. 

Curve (a) assumes a l l  t h e  coa l  oxygen consumes hydrogen to 
Also 

The primary reasons f o r  

. .  
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A s  f igu re  10 i n d i c a t e s ,  f o r  a raw coa l  feed a t  z<.45 h= 1 so  under these  condi t ions  
G = G o .  Equations (7)  and (8) toge ther  w i th  an es t imate  of CY may be  used t o  s imula te  
thc behavior of the experimental  r eac to r .  Because of the  i n t e r n a l  cons t ruc t ion  o f  
the  IHR r e a c t o r  used t o  t e s t  the s imula t ion  model, i t  i s  d i f f i c u l t  t o  determine t h e  
e f f e c t i v e  volume fo r  gas  mixing and i t  was the re fo re  necessary to  f i n d  the  value of CY 
from experimental  da t a  r a t h e r  than ca l cu la t ing  i t  from r e a c t o r  volume, temperature,  
and pressure .  The use of t h i s  technique t o  s imula te  a t y p i c a l  unsteady s t a t e  per- 
formance of the experimental r eac to r  with hydrogen feed i s  i l l u s t r a t e d  i n  f igu re  11 
by comparing the pred ic ted  methane concent ra t ion  wi th  t h a t  measured. Figure 1 2  shows 
the s imula t ion  of the  unsteady s t a t e  per iod  of some runs using a hydrogen-methane feed 
gas.  Resul t s  i n  f igu res  11 and 12  i nd ica t e  t h a t  the r e a c t o r  approaches s teady  s t a t e  
quicker w i th  hydrogen-methane mixtures than wi th  hydrogen a lone .  The reason fo r  t h e  
lowering of CY with  inc reas ing  methane concent ra t ion ,  which i s  a l s o  ind ica t ed  i n  f i g -  
u re  11, i s  no t  known bu t  might be due t o  e i t h e r  the  increased  d e n s i t y  of t he  gas ,  
causing l e s s  t r a n s f e r  of hydrogen-rich hopper gas i n t o  the  sample system, Or due t o  
the  lower d i f f u s i v i t y  of the mixture which would a l s o  r e s u l t  i n  less t r a n s f e r  between 
the r e a c t o r  and in su la t ing  s h e l l .  Thus, average va lues  of CY may be ca l cu la t ed  from 
experimental  d a t a  and the average (Y toge ther  wi th  equat ions  (7)  and (8) can be used 
t o  simulate unsteady s t a t e  behavior of t h e  r eac to r .  However, whi le  s imula t ion  o f  
the  uns teady-s ta te  behavior of the  r eac to r  i s  u se fu l  i n  t h a t  i t  lends  c r e d i b i l i t y  t o  
the  model, e s t a b l i s h e s  the opera t ing  t i m e  necessary t o  approach s t eady  s t a t e ,  and 
allows experiments t o  be simulated a t  condi t ions  no t  experimentally a t t a i n a b l e ,  i t  
i s  the  s teady  s t a t e  behavior of t he  r e a c t o r  t h a t  i s  most important.  
s t eady- s t a t e  opera t ing  parameters i s  accomplished by simply s e t t i n g  dym( t ) /d t  = 0 i n  
equat ion  ( 7 ) .  Steady s t a t e  behavior i n  terms of i npu t  parameters i s  then summarized 

Goymo-yms (Go-@ -1)Wsofcoz3) + Wsofco(l-(l-E)exp (-kP(O.98-yms)L/UT)) = 0,  

Calcu la t ion  of 

by 
(9) 

(10) z s  = 1- (1-E)exp (-kP (0.98-yms)L/UT) , 
and 

where the  subsc r ip t  s r e f e r s  t o  steady s ta te  condi t ions .  

CONCLUSIONS 

A r e a c t i o n  model f o r  t he  hydrogas i f ica t ion  of raw bituminous c o a l  has been 
developed. 
t i o n  of char  hydrogas i f i ca t ion  da ta  a s  w e l l  a s  the  d a t a  f o r  raw coa l .  The hydro- 
g a s i f i c a t i o n  d a t a  ind ica t e s  t h a t  the  s o l i d  carbon r e a c t s  with hydrogen i n  th ree  
d e f i n i t e  modes each of which has a d i f f e r e n t  r e a c t i v i t y  than the  preceding. 

This model i s  shown to  be phys ica l ly  reasonable  and t o  a l low f o r  the c o r r e l a -  

The hydrogas i f i ca t ion  of raw coa l  i s  found t o  have two process ing  advantages over 
coa l -chars  i n  add i t ion  t o  t h e  savings i n  pre t rea tment  c o s t .  These are a cons iderably  
h igher  hydrogas i f i ca t ion  r a t e  than coal-chars and a much lower hydrogen consumption 
t o  produce a u n i t  of methane. 

F i n a l l y ,  t he  thermodynamic analogue, which has  been widely used t o  p r e d i c t  de- 
s i r a b l e  cond i t ions  f o r  high methane concent ra t ions  i n  hydrogas i f i ca t ion  processes ,  
i s  questioned and an a l t e r n a t e  approach v i a  k i n e t i c s  i s  suggested a s  a means of de- 
termining the r e l a t i o n s h i p s  between concent ra t ions  of gas phase spec ie s  and the  
s o l i d  phase. 

SUMMARY OV NOTATION AND UNITS 

0 = t he  p a r t i c l e  res idence  time a t  any p o i n t  i n  the  r e a c t o r ,  h r .  
eo = the  p a r t i c l e  res idence  t i m e  a t  ‘the r e a c t o r  e x i t ,  h r .  
t = t he  ope ra t ing  t i m e  def ined  a s  t = o when the  c o a l  feed s t a r t s  and t = tR when 

Z* = t he  ins tan taneous  s o l i d  carbon conversion a t  any po in t  i n  the  r e a c t o r ,  z*=z*(t,B). 
z ( t )  = t h e  ins tan taneous  carbon conversion a t  t he  r e a c t o r  e x i t ,  z ( t )  = z?c(t,Bo). 

t he  c o a l  feed i s  terminated, h r .  
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2 = t h e  in t eg ra t ed  average s o l i d  carbon conversion over  t he  run t i m e  t . 
z s  = t he  s teady s t a t e  s o l i d  carbon conversion l eve l .  
k E t he  r e a c t i o n  r a t e  c o n s t a n t ,  atm-lhr-'. 
p ~ , ( t )  = the  hydrogen p a r t i a l  p re s su re  i n  the r e a c t o r  a t  t i m e  t, atm. 
Y = t o t a l  r eac to r  p re s su re ,  atm. 
L = r e a c t o r  length,  f t .  

E = f r a c t i o n  of  carbon i n  c o a l  t h a t  i s  immediately devolat ized.  
N, = number of carbon atoms i n  c o a l ,  Ns = f ( t , e ) .  
Nso = i n i t i a l  number of  carbon atoms i n  coal .  
ym(t) = mole f r a c t i o n  of  methane i n  e x i t  gas a t  operat ing time t. 
ymo = mole f r a c t i o n  of methane i n  feed gas. 
yms = mole f r a c t i o n  of  methane i n  e x i t  gas a t  steady s t a t e .  
m,( t )  = mole f r a c t i o n  of hydrogen i n  feed gas a t  operat ing time t. 
Go = gas feed r a t e ,  lb-mole/hr. 
G = e x i t  gas rate, lb-mole/hr. 
Wso = c o a l  f eed  rate, lb /h r .  
fco = carbon content of  c o a l  f eed ,  lb-mole/lb-coal. 
VR; e f f e c t i v e  volume of  r e a c t o r ,  cu f t .  
CY = e f f e c t i v e  r e a c t o r  gas c a p a c i t y ,  lb-mole/cu f t  r e a c t o r .  
)c = a s toichiometr ic  c o e f f i c i e n t .  

= p a r t i c l e  terminal v e l o c i t y ,  f t / h r .  
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OPERATION OF A SPRAYED RANEY NICKEL TUBE WALL REACTOR 

FOR PRODUCTION OF A HIGH-BTU GAS 

W .  P. Haynes, J. J .  E l l i o t t ,  A .  J. YoungblQod, and A .  J ,  Forney 

Bureau of Mines, U.S. Depclrtment of t h e  I n t e r i o r  
. 

4800 Forbes Avenue, P i t t sbu rgh ,  Pennsylvania 15213 

INTRODUCTION 

Almost a l l  p rocesses  f o r  t h e  production of  high-Btu gas  from 

coa l  r equ i r e  a clean-up methanation s t e p  to  upgrade the  product gas 

t o  a hea t ing  va lue  of a t  least 900 Btu/SCF. Such upgrading is  needed 

both  a f t e r  steam-oxygen g a s i f i c a t i o n  o f  coal, and a f t e r  most processes 

f o r  hydrogas i f i ca t ion  of  coa l .  Methanation over  a n i cke l  c a t a l y s t  i s  

one of t h e  most promising m e t h o d s  of ach iev ing  the  requi red  hea t ing  

va lue .  A major d i f f i c u l t y  i n  t h e  development of  a s u i t a b l e  c q t a l y t i c  

methanation r e a c t o r  is in c o n t r o l l i n g  the  temperature of t h e  h ighly  

N i  
exothermic r e a c t i o n  3H2 + CO C h  + H20, where the h e a t  

of r eac t ion  i s  about  65 Btu/SCF of  feed  gas conver ted .  

removal i s  requi red  t o  prevent  excess ive  r e a c t i o n  temperatures and 

c a t a l y s t  d e t e r i o r a t i o n .  

E f f i c i e n t  heat 

C a t a l y t i c  s y n t h e s i s  o f  methane has been s tud ied  i n  va r ious  

r e a c t o r  conf igu ra t ions ,  such a s  : 

( a )  Fixed-bed r e a c t o r ,  wi th  coo l ing  achieved through 

hea t  exchange s u r f a c e ;  (1) (2)- 1/ 

I 

./ 

J 

- 1/ Numbers i n  pa ren theses  r e f e r  to r e fe rences  at  end of paper.  ' 
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I 
I 

(b) Fixed-bed r e a c t o r ,  cooled d i r e c t l y  by gas r ecyc le  

(3) ( 4 )  (5); 
I 

( c )  Fluidized-bed r e a c t o r ,  cod led ' i nd i r ec t ly  by hea t  

exchange su r face  (6) ( 7 ) ;  and 

(d)  Tube-wall r e a c t o r ,  where t h e  c a t a l y s t  is cooled 

because of being i n t e g r a l  with o r  bonded t o  heat-exchanger 

tubes (8) (9) .  

The bench-scale developmental work performed a t  t h e  Bureau of  Mines 

on 1.2" and 1.3" outs ide-d iameter  s ing le - tube  tube-wall  r e a c t o r s  has 

ind ica t ed  t h a t  such r e a c t o r s ,  with t u b e s  coated wi th  Raney n i c k e l  

c a t a l y s t ,  provide e x c e l l e n t  temperature c o n t r o l  and r e s u l t  i n  h igh  

y i e l d s  per weight of c a t a l y s t  of up t o  300,000 SCF of high-Btu gas 

1 per pound of c a t a l y s t  (10). Development of t h e  tube-wall  yeac to r ,  

t h e r e f o r e ,  is proceeding a t  t h e  p i l o t - p l a n t  l e v e l  i n  a mul t i t ube  

r e a c t o r  u n i t .  The i n i t i a l  experimental  work performed i n  the  p i l o t  

p l an t  u n i t  is  repor ted  i n  t h i s  paper.  
1 

1 

Equipment 

The tube-wall  r e a c t o r  used i n  t h i s  series o f  experiments was a 
1 

mul t i tube  u n i t ,  as shown i n  f igu res  1 and 2. 

r e a c t o r  i s  8-inch, schedule-40 s t a i n l e s s - s t e e l  p ipe ,  wi th  an o v e r a l l  

The s h e l l  of t he  

\ 

/ 

l ength  of 11 f t .  The u n i t  con ta ins  7 c a t a l y s t  tubes ,  each 2 inches ' 

i n  diameter by 7 f t  long. The o u t e r  su r f ace  of each tube  is thermal ly  

sprayed with Raney n i c k e l  ove r  a l eng th  of 6 f e e t  and to  a dep th 'o f  



- 28 - 

0.020-0.030 inch. 

down t h e  c e n t e r .  

b o i l s  as it passes  upward through the  annulus t o  remove t h e  h e a t  of 

Each c a t a l y s t  tube has a 1-inch diameter  dip-tube 

Liqvid Dowtherm* passes  down the  d ip - tube  and then 

r e a c t i o n .  The Dowtherm vapor e n t e r s  t h e  condenser above, is i n d i r -  

e c t l y  cooled and condensed with water ,  and then by g r a v i t y  feeds 

back i n t o  t h e  center tube .  

c a t a l y s t ,  the  coa ted  l e n g t h s  o f  t h e  sprayed tubes are b a f f l e d  so 

To achieve good contac t  between gas and 

t h a t  t h e  s y n t h e s i s  ga4,  as it passes upward through the  r e a c t o r ,  is 

forced  by t h e  h o r i z o n t a l  b a f f l e s  t o  t a k e  a tor tuous  pa th  across  t h e  

tube sur faces .  I 

Thermocouple wells were mounted along t h e  l e n g t h  of  t h e  c a t a -  

l y s t  s u r f a c e  of  f o u r  tubes .  

w e l l  and were spaced 2 f e e t  a p a r t .  

Three thermocouples were placed i n  each 

A c a l i b r a t e d  and motorized d r i v e  

moved these  thermocouples a total of  2 f e e t  to  permit measurement of  

c a t q l y s t  temperatures  i n  1- inch increments a long t h e  e n t i r e  6-foot  

l e n g t h  of each o f  ghe four  tubes.  

A schematic f lowsheet  o f  t h e  r e a c t o r  system i s  shown i n  f i g u r e  3, 

where i t  is shown that t h e  feed  gas fo t h e  r e a c t o r  is preheated by a 

s e r i e s  of t h r e e  h e a t  exchangers.  

t h e  second exchanger recovers  s e n s i b l e  hea t  from t h e  hot  product gas ,  

and t h e  t h i r d  is heated by Dowtherm vapor. 

from t h e  product  gas stream; then p a r t  of  t h e  dry product gas is 

The f i r s t  exchanger is steam-heated, 

Product water i s  condensed 

re turned  t o  t h e  feed gas  stream. 

* R e f e r e n c e ' t o  t r a d e  names i s  made t o  f a c i l i t a t e  understanding and 

Recycle of dry product gas reduces 

does not  imply endorsement by t h e  Bureau of Mines. 

i 

, !  
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1 

t h e  water vapor concen t r a t ion  of t h e  r e a c t i o n  gas and thereby  he lps  

t o  main ta in  the  a c t i v i t y  of  t h e  c a t a l y s t s  as w e l l  as inc rease  t h e  

y i e l d  of methane (10). 

t 

Fresh syn thes i s  gas  is made from n a t u r a l  gas i n  a G i r d l e r  p l a n t  

and s to red  i n  60,000 f t 3  holders  u n t i l  needed, The gas then  is com- 

pressed to  500 p s i ,  passed through a s i l i ca  g e l  t r a p  f o r  dehumidi f i -  

c a t i o n ,  then  through two charcoa l  t r a p s  i n  series t o  remove s u l f u r  

compounds. A continuous ana lyzer  records  t h e  s u l f u r  concen t r a t ion  

i n  the  feed gas which i s  maintained below 0.1 g r a i n  H,&/1000 SCF. 

Analyses of f r e sh  gas and product gas were performed by mass spec -  

trometry and gas chromatography. Impur i t i e s  02, NB, and C02 were 

p resen t  i n  the  f r e s h  s y n t h e s i s  gas  i n  the  range of  0.1, 0.4, and 0 

t o  1 percent ,  r e spec t ive ly .  
I 

I Operat ion  

1 A f t e r  t h e  r e a c t o r  system was assembled and l eak - t e s t ed ,  t h e  

Raney n i c k e l  c a t a l y s t  (42% N i  + 58% A l )  w a s  a c t i v a t e d  i n  p l ace  by 

I treatment a t  90' C temperature wi th  2 w t  pc t  sodium hydroxide s o l u -  

t i o n .  A f t e r  t h e  aluminum was leached t o  the  e x t e n t  d e s i r e d ,  as i n d i -  

cated by measurement of  hydrogen evo lu t ion ,  t h e  caug t i c  s o l u t i o n  was 

d isp laced  wi th  water, and t h e  c a t a l y s t  was washed wi th  20 ga l  p e r  hr 

of co ld  t a p  water f o r  about 24 hours. D i s t i l l e d  water was  then  used 

u n t i l  a reasonably cons t an t  pH was a t t a i n e d  i n  t h e  wash water. 

experiment TWR-1, a pH of  5.7 was reached a f t e r  48 hours washing; 

I n  4 

\ 

/ 
I 

/ i n  experiment TWR-2, a pH of 9.0 was reached a f t e r  45 hours.  These 

I va lues  were about 0.2 above pH of the  f r e s h  d i s t i l l e d  water .  A f t e r  t h e  

water was dra ined ,  t h e  a c t i v a t e d  c a t a l y s t  was kept  under a hydrogen 

I 
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atmosphere u n t i l  s y n t h e s i s  gas was fed t o  t h e  r e a c t o r .  The amount 

of aluminum d i g e s t e d  was 85 percent  i n  t h e  f i r s t  experiment and 

50 percent  i n  t h e  second experiment .  C a t a l y s t  i n  experimedt TWR-2 

was a c t i v a t e d  a n  a d d i t i o n a l  20 p c t  a f t e r  964 hours opera t ion .  

A f t e r  a c t i v a t i o n  o f  t h e  c a t a l y s t ,  t h e  u n i t  was brought t o  

o p e r a t i n g  p r e s s u r e  and temperature  under an atmosphere o f  hot 

r e c y c l i n g  hydrogen. Before t h e  s y n t h e s i s  gas was admit ted to  the  

system, c a t a l y s t  tube  s u r f a c e  temperatures  ranged from 325" t o  

339' C i n  experiment TWR-1 and from 369" to  387' C i n  experiment 

TWR-2. 

Synthes is  gas  w a s  fed i n t o  t h e  system which was then brought 

t o  desired s t e a d y - s t a t e  c o n d i t i o n s  by adjustment  o f  gas f lows,  

r e a c t o r  pressure ,  and c a t a l y s t  temperature .  A minimum s y n t h e s i s  

temperature of 390' C w a s  reached wi th in  5 hours  i n  experiment 

TWR-1 and w i t h i n  1 hour  i n  experiment TWR-2. 

Resul t s  

Most of  t h e  o p e r a t i n g  c o n d i t i o n s  over  t h e  length  o f  exper i -  

ments TWR-1 and TWR-2 are shown i n  f i g u r e s  4 and 5.  Heat ing values  

of t h e  N2-, 02-free d r y  product  gas are ,shown. Values of t h e  H2:C0 

ra t io  of t h e  feed  g a s  are n o t  shown, but  they ranged from 2.27 t o  

3.35. 

Addi t iona l  d a t a ,  inc luding  H2/C0 r a t i o s ,  conversions,  product 

gas  a n a l y s i s , a n d  y i e l d s ,  a t  s e l e c t e d  times i n  experiments TWR-1 and 

-2  are presented i n  t a b l e s  1 and 2 .  The average temperatures  shown 
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i n  t a b l e s  1 and 2 r ep resen t  t h e  average  of  temperatures of 4 tubes  

at  some c m q n  d i s t a n c e  from t h e  gas  i n l e t  determined to be t h e  

h o t t e s t  po in t  i n  t h e  r eac to r .  The maximum temperatures are p l o t t e d  

i n  f i g u r e s  4 and 5 . .  

Discussion of  Resu l t s  

General  Performance 

The l eng th  of experiment TWR-1 was 338 hours .  During t h e  i n i -  

t i a l  100 hours of opera t ion  a t  a feed  rate o f  600 SCFH and maximum 

c a t a l y s t  temperature o f  398' t o  401° C ,  t h e  hea t ing  va lue  o f  t h e  

product gas gradual ly  decreased from 950 t o  910 BtufSCF- . This  

dec rease  ind ica t ed  t h a t  t h e  c a t a l y s t  immediately began to  lose a c t i v i t y .  

Overa l l  l o s s  o f  c a t a l y s t  a c t i v i t y  by t h e  end of t h e  experiment was so 

g r e a t  t h a t  t h e  hea t ing  va lue  o f  t h e  product gas f e l l  t o  720 Btu/SCF 

when t h e  feed rate was 600 SCFH and maximum c a t a l y s t  t empera ture  w a s  

2 1  
\ 

403O C .  

The length  of  experiment TWR-2 was 1055 hours ,  i nc lud ing  t h e  

hours of  syn thes i s  a f t e r  t h e  second a c t i v a t i o n ;  t h i s  i n d i c a t e s  t h a t  

l o s s  of c a t a l y s t . a c t i v i t y  was much slower than i n  t h e  case of  tes t  

TWR-1. A f t e r  675 hours of  ope ra t ion ,  product gas  of 900 Btu per  SCF 

hea t ing  va lue  was  be ing  produced a t  402O C maximum c a t a l y s t  tempera- 

t u r e ,  300 p s i ,  and 600 SCFH f r e s h  feed rate. The inc rease  i n  catalyst  

l i f e  i n  experiment TWR-2 is a t t r i b u t e d  t o  t h e  r e p r e s s i o n  of  n i c k e l  

ca rb ide  formation which is d iscussed  la ter .  

- 2 1  Heating va lues  are based on N2- 0,-free gas wi th  SCF taken  a t  60' F, 
30 i n .  Hg. and dry.  
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The second a c t i v a t i o n  of  t h e  c a t a l y s t  i n  experiment TWR-2 ' 

improved the  c a t a l y s t  a c t i v i t y  s i g n i f i c a n t l y ,  as is indica ted  by 

r e s u l t a n t  i nc reases  i n  t h e  hea t ing  va lue  of t he  product gas. For . 

example, as shown i n  f i g u r e  5 ,  befo re  t h e  second a c t i v a t i o n  a t  

964 hours ,  t h e  product gas  hea t ing  va lue  w a s  690 Btu/SCF f o r  a feed 

gas r a t e  of 2400 SCFH; a f t e r  t he  second a c t i v a t i o n  and a t  1055 hours, I 
t he  hea t ing  va lue  increased  t o  765 Btu/SCF f o r  t h e  same feed gas r a t e .  

The c a t a l y s t  l i f e  i n  experiment TWR-2 might have been longer  had t h e  
, 

c a t a l y s t  been a c t i v a t e d  t o  70  p c t  i n i t i a l l y  r a t h e r  than 50 p c t .  

Dirksen and  Linden (6) i nd ica t ed  t h a t  a t  a c t i v a t i o n  of  a t  l e a s t  

65 p c t  of t h e  c a t a l y s t  i s  requ i r ed  f o r  long catalyst  l i f e .  

Although t h e  system had charcoa l  t r a p s  t o  remove organic  s u l -  

f u r  from the  f r e s h  s y n t h e s i s  gas ,  s u l f u r  concent ra t ions  of up t o  

0.8wt pct were determined on samples o f  the  used c a t a l y s t  i n  expe r i -  

ment TWR-2. This  sugges ts  t h a t  s u l f u r  poisoning con t r ibu ted  t o  t h e  

decrease  i n  c a t a l y s t  a c t i v i t y .  

Heat removal and c o n t r o l  of c a t a l y s t  temperature by means of 

t h e  Dowtherm coo lan t  was e x c e l l e n t .  I n  both  experiments,  t h e r e  

were no runaway tempera tures  a t  any t i m e .  

Conversion and Gas-Feed Rate 

As shown i n  t a b l e s  1 and 2,  i n  t h e  f i r s t  p a r t  of experiment 

TWR-1, conversion o f  CO + H2 w a s  as high a s  99 pct a t  a gas feed 

r a t e  of  approximately 600 SCFH; and 97.9 pc t  a t  approximately 1200 

SCFH. I n  comparison, convers ion  of CO + H2 dur ing  t h e  e a r l y  p a r t  

I 
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of experiment TWR-2 w a s  lower; f o r  example, a t  7 1  hours  conversion 

was 95.5 p c t  a t  about 1200 SCFH feed gas rate.  This r e l a t i v e l y  

lower conversion i n  experiment TWR-2 was  caused by t h e  excess  of  

hydrogen i n  t h e  feed  gas ,  as shown by t h e  H2:C0 r a t i o s  g r e a t e r  

than 3:1. Such hydrogen excess  lowers t h e  hea t ing  va lue  of  t h e  

product gas by a c t i n g  as  a d i l u e n t ,  bu t  a t  t h e  same t i m e ,  f avo r s  

CO usage. 

The comparatively lower va lues  o f  CO i n  t h e  product gas of  

experiment TWR-2 are no tab le .  Such high usage o f  CO i s  d e s i r e d  

because i t  r ep res ses  ca rb ide  formation, i n d i c a t e s  good c a t a l y s t  

a c t i v i t y ,  and provides  a p i p e l i n e  gas of low t o x i c i t y .  

A s  gas  feed r a t e s  were increased  t o  about 2400 SCFH o r  106 SCFH 

per  s q  f t  c a t a l y s t  s u r f a c e ,  CO + H 2  conversion decreased s i g n i f i -  

c a n t l y .  For example, i n  experiment TWR-2 a t  7 1  hours and 267 hours,  

r e s p e c t i v e l y ,  conversion dropped from 95.5 p c t  at  1216 SCFH feed  

rate t o  89.4  pc t  a t  2432 SCFH feed ra te .  Th i s  performance is con- 

s ide rab ly  lower than  t h a t  achieved i n  e a r l i e r  bench-scale experiments 

(10) on a s ign le - tube  tube-wall  r e a c t o r  where conversions of g r e a t e r  

than 98 pc t  were sus t a ined  f o r  more than  1200 hours a t  gas  feed r a t e s  

of 105 SCFH per  sq f t  c a t a l y s t  s u r f a c e .  Two o t h e r  p o s s i b l e  reasons  

( i n  add i t ion  t o  t h e  presence of  excess  hydrogen) for the  lower pe r -  

formance i n  t h e  mul t i t ube  reactor are t h a t  d i f f u s i o n a l  d i s t a n c e s  

from t h e  bulk  gas t o  t h e  c a t a l y s t  s u r f a c e  f o r  t h e  mul t i t ube  u n i t  

were seve ra l - fo ld  g r e a t e r  than for t h e  s i n g l e  tube u n i t  and t h a t  

t u rbu len t  mixing i n  the  l a r g e  mul t i t ube  u n i t  was poorer  than i n  t h e  
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highly  ba f f l ed  bench-scale u n i t .  

tube r eac to r  w i l l  improve these  two f a c t o r s .  

Carbide Formation 

Future  modi f ica t ions  t o  the  mul t i -  

In  experiment TWR-1, formation of n i c k e l  ca rb ide  and f l a k i n g  

of t h e  c a t a l y s t  from t h e  su r face  are suspected of c o n t r i b u t i n g  t o  

t h e  rapid dec l ine  i n  c a t a l y s t  performance. Nickel carb ide  formation 

was v e r i f i e d  by X-ray ana lyses  of samples  scraped from the  su r face  of  

t h e  spent  c a t a l y s t  tubes .  The ana lyses  showed i n  o rde r  of d e c l i n i n g  

abundance: N i 3 C ;  N i ;  aluminum n i c k e l  c a t a l y s t  (cubic  F.C.); and 

N i x C  ( x s ) .  Nickel c a r b i d e  predominated a t  both  t h e  gas o u t l e t  and 

. i n l e t  ends of t h e  c a t a l y s t  tubes and i n  c a t a l y s t  p a r t i c l e s  a c c m u -  

lated i n  the  r e a c t o r  bottom. Formation of  n i cke l  carb ide  wag t h e  

r e s u l t  of too much exposure of t h e  c a t a l y s t  t o  CO a t  temperatures 

favor ing  carb ide  format ion ,  l e s s  than  370' C .  

Experiment TWR-2 was conducted wi th  t h e  a i m  o f  r ep res s ing  ca rb ide  

formation and ach iev ing  h igher  c a t a l y s t  performance than was achieved 

i n  TWR-1. One s t e p  taken  t o  minimize ca rb ide  formation was t o  ge t  t he  

c a t a l y s t  temperature above the  carb ide  formation reg ion  as soon as 

poss ib l e  (within 1 hour) dur ing  s tarc  o f  s y n t h e s i s  and t o  main ta in  t h e  

c a t a l y s t  temperature above 390' C throughout s y n t h e s i s .  

s t a r t - u p  was achieved by p rehea t ing  t h e  r e a c t o r  and feed gas t o  

h ighe r  temperatures than  those  used i n  experiment TWR-1. Another s t e p  

The quick 

' I  
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taken to i n h i b i t  ca rb ide  formation w a s  t o  use a feed gas t h a t  con- 

ta ined  excess  hydrogen. These approaches proved e f f e c t i v e ,  as 

shown by X- ray  ana lyses  o f  t h e  c a t a l y s t  su r f ace  a t  t h e  conclus ion  

of t he  experiment. F r e e  n i c k e l  was t h e  major c o n s t i t u e n t  found on 

the  c a t a l y s t  su r f ace ,  while n i c k e l  ca rb ide  (NiSC) was found t o  a 

l e s s e r  e x t e n t .  No ca rb ide  was found a t  t h e  gas o u t l e t  end o f  t h e  

c a t a l y s t  tubes.  

C a t a l y s t  Bonding 

Inspectiori  o f  t h e  tube  bundle a t  t h e  conclus ion  of test TWR-1 

showed t h a t  l a r g e  segments of  t h e  c a t a l y s t  had f l aked  from t h e  tubes.  

F igure  6 is a photograph of a s e c t i o n  where f l a k i n g  occurred .  Such 

f l a k i n g  was not  ev ident  a t  t h e  end of test TWR-2. A suggested explana- 

t i o n  of t h e  more s t a b l e  bond i n  test TWR-2 is  t h a t  Khe lower percent 

a c t i v a t i o n  of  t h e  c a t a l y s t  wi th  c a u s t i c  s o l u t i o n  r e s u l t e d  i n  l e s s  

i n i t i a l  d i s tu rbance  of  t h e  bond between c a t a l y s t  and tube  than  had 

occurred i n  t e s t  TWR-1. 

Temperature P r o f i l e  and Heat Removal 

Temperature p r o f i l e s  measured a long  t h e  c a t a l y s t  tubes  i n d i -  

ca ted  t h a t  t he  amount of  r e a c t i o n  occur r ing  a long  t h e  l e n g t h  o f  t h e  

c a t a l y s t  tubes was dependent upon t h e  following: v e l o c i t y  and d i r e c -  

t i o n  of  gas flow, d i s t a n c e  from po in t  of  gas  e n t r y ,  and l o c a t i o n  o f  

b a f f l e  p l a t e s .  
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Figure  7 shows a t y p i c a l  temperature  p r o f i l e  of one of  t he  

c a t a l y s t  tubes (tube F) i n  experiment TWR-1 a f t e r  50 hours  of  

ope ra t ion ;  feed gas  rate is about 600 SCFH and r ecyc le  r a t i o  is 1:l. 

The d i r e c t i o n  of gas flow was p a r a l l e l ,  r a t h e r  than normal, t o  t he  

tube sur face  a t  t h e  p o i n t s  of temperature  measurement. On tube F ,  

temperature  peaks g e n e r a l l y  co inc ide  wi th  t h e  l o c a t i o n  of a b a f f l e  

p l a t e .  Temperature p r o f i l e s  o f  some of the  o t h e r  tubes showed peak 

temperatures  a t  eve ry  o t h e r  b a f f l e  p l a t e .  No s a t i s f a c t o r y  explana- 

t i o n  of t hese  p a t t e r n s  has  been e s t ab l i shed .  

that average tube temperatures  may vary  by up t o  5' C from tube t o  

tube .  

It has been noted 

Dowtherm tempera tures  remained r e l a t i v e l y  cons tan t  a long  t h e  

l eng th  o f  t h e  c a t a l y s t  tube .  Typica l ly ,  a t  532 hours  ope ra t ion  i n  

experiment TWR-2, Dowtherm temperatures  a s  measured i n  tube  G were 

386' C a t  t h e  bottom, 386O C at t h e  middle, and 3 8 7 O  C a t  the  top. 

This  i nd ica t e s  t h a t  Dowthenn c i r c u l a t i o n  was good. Based on a 

hea t  r e l ease  of 65 Btu  p e r  SCF syn thes i s  gas  converted du r ing  the  

532-hour per iod.and a d i f f e r e n c e  of 18.2' F between the  average 

tube su r face  temperature  and t h e  average Dowthenn temperature ,  t h e  

ca l cu la t ed  o v e r a l l  hea t  t r a n s f e r  c o e f f i c i e n t  o f  t h e  r e a c t o r  is 

182 Btu per hour pe r  sq f t  pe r  ' F .  

as t h e  value of 275 Btu pe r  h r  p e r  sq f t  per  

3 - f t  s ing le  tube bench-scale u n i t  (10). 

This  i s  o f  t h e  same magnitude 

F repor ted  f o r  a 

I 
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C onc 1 us i o n  

A p i lo t -p l an t  s ize  tube-wall  methanation r e a c t o r  has  been 

opera ted  s a t i s f a c t o r i l y  i n  two tests, provid ing  e x c e l l e n t  tempera- 

t u r e  c o n t r o l  and needing a modicum of  gas r ecyc le .  

and y i e l d s  of product gas were n o t . a s  g r e a t  as h s e  achieved i n  

prev ious  bench-scale tests. However, use of h igher  tempera tures  

and excess  hydrogen i n  t h e  second test i n h i b i t e d  ca rb ide  formation 

C a t a l y s t  l i f e  , 
I 

\ 

l and increased  c a t a l y s t  l i f e  s i g n i f i c a n t l y  over  t h a t  o f  t h e  f i r s t  

t es t .  I n  f u t u r e  tests, a f u r t h e r  i nc rease  i n  c a t a l y s t  l i f e  should 

be achieved by a more r igorous  removal of s u l f u r  from t h e  feed  gas  

and a more complete a c t i v a t i o n  of t h e  c a t a l y s t .  A s a t i s f a c t o r y  

900 Btu per SCF product gas was y ie lded  a t  a s p e c i f i c  feed  rate 

of about 54 SCFH pe r  sq f t  c a t a l y s t .  A r educ t ion  i n  excess  hydro- 

gen f e d , +  I t h e  r e a c t o r  and ,poss ib ly ,  a n  improvement i n  con tac t ing  

o f  t h e  gas  and c a t a l y s t  are needed t o  y i e l d  a s a t i s f a c t o r y  product  

gas  a t  t h e  h ighe r  gas  feed rate o f  105 SCFH per  sq f t  of c a t a l y s t  

s u r f a c e ,  formerly achieved i n  t h e  Bureau of  Mines bench-scale units 
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I 
T A B U  1. - Selec ted  o p e r a t i n g  r e s u l t s  a t , v a r i o u s  t imes i n  

Experiment WR-1 

S y n t h e s i s ,  hours . .  ............. 
System p r e s s u r e ,  p s i g  ....... i 
Fresh gas rate, SCFH ......... 
Fresh  g a s l c a t a l y s t  area, ' 

sc FHI f t 2  .................... 
V o l .  recyc le /vol .  f r e s h  g a s , .  . 
Vol. product gas/vol .  f r e s h  gas 

H&O i n  f r e s h  gas ............ 
C a t a l y s t  temperature ,  O C: 

Average ............ ;....... 
. . Conversion, p c t :  

Hz .......................... 
CO -t H 2  .................... co ........................... 

Product gas composition, 
v o l .  p c t  (N,-free): 

H 2  ......................... 
co ... , ..................... 
c 0, ........................ 
'C& ........................ 
c2Hg ....................... 

Product a s  hea t ing  v a l u e ,  
BtuISCF .? J.. .................. 

Product water ,  lb /hr  .. ;...... 

22 

. 300 

677 

30.1 

0.86 

0.27 

2 .40  

380 

99.0 
98.7, 
99.0 

2.9 
1 .3  
3 . 6  

92.2 -- 

948 

4.17 

48 145 

300 300 

607 1214 

27.0 54.6 

0.87 1.11 

0.267 0.276 

2.43 2.93 

393 399 

98.8 97.0 
100.0 99.8 
99.0 97.9 

3.5 7.9 
0.0 0.2 
4.8 3.8 

91.7 88.1 -- -- 

941 919 

3.91 14.5 

192 

300 

2383 

106.2 

1.04 

0.406 

2 59 

398 

76.5 
78.0 
76.9 

42.2 
14.2 

3.0 
40.2 

0 . 4  

598 

13.3 

312 

400 

1213 

54.0 

1.94 

0.406 

2;59 

398 

77.8 
72.2 
75.9 

38.1 
21.2 

2 . 4  
38.2 

0.1 

581 

11.4 

336 

400 

614 

27.3 

1.97 

0.343 

2.73 

400 

86.2 
85.5 
-86.0 

28.5 
12.4 
1 . 3  

57.7 
0.1 

720 

5.45 

- 11 SCF based on 60° F and 30 i n .  Hg., d ry  
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Figure 2. Multitube Reactor for Synthesis 
of High-Btu Gas 
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figure 4. operating conditions - Experiment T W R - ~  
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Figure 6 0  Section of Reactor Where Flaking Occurred 
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DESULFURIZATION OF RESIDS 

H .  D. Radford, and R, G. Rigg 

Research'and Development Department, American Oil Company, Whiting, Indiana 

INTRODUCTION 

f c r  the past several years there has been an increasing incentive to 
develop suitable technology for removing sulfur from petroleum residua(1,2,3,4,5). 
New York City now specifies a 1.0% maximum allowable sulfur concentration for its 
fuels(6), and similar restrictions have been, or soon will be, adopted in other 
metropolitan areas. However, typical sulfur concentrations in the resids from 
several important crude sources are: 

Characteristics of Resids 
Crude Source Type Vol% on Crude Wtl Sulfur 

Domestic Vacuum 0 - 20 1.0 - 4.0 
Caribbean Atmospheric 56 2.6 
Middle East Atmospheric 50 2.5 - 5.0 

Consequently, the need for desulfurized fuels is expected to increase rapidly in 
the near future. 

Anticipating this need, American Oil Company has developed a fixed-bed 
catalytic hydrodesulfurization process that is now ready for commercialization. 
Among its unique features is a stable catalyst that resists poisoning by sulfur, 
nitrogen, metals, coke-forming materials, and other troublesome constituents of 
resids. 

The process was developed in various bench-scale units, and then com- 
mercial feasibility was demonstrated in a fully integrated pilot plant having a 
maximum feed rate of 2 B/SD. 
to simulate all operations required in a full-scale unit. As a result, the 
evaluations cover the effects of anticipated variations in catalyst performance 
and life, types of feedstocks, and desired desulfurization levels. Work has also 
been started on a process model for the prediction of plant size and process 
conditions for the most economical desulfurization of any given feed. 

Whenever possible, experimental runs were designed 

EXPERIMENTAL. 

Equipment 

Figure 1 typifies the bench-scale units. The smaller ones have reactors 
varying in capacity from 20 to 250 cc of catalyst with allowable pressures up to 
3500 psig. Operations were based on once-through gas and oil flow, batch-type 
product accumulation, and continuous gas release. Larger units capable of 
containing 1000 cc of catalyst and having gas scrubbing and recycle systems were 
also used. 

The 2-B/SD pilot plant is shown schematically in Figure 2. The reactor 
section, which is 30 feet long and has an internal diameter of 2 inches, allows 
mass velocities about 50% as high as those anticipated for commercial design. 
Operation is adiabatic. Several separately controlled gas quenches are located 
along the reactor wall for the automatic injection of cooling gas to compensate 
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f o r  t h e  t empera tu re  r i s e  i n  i n d i v i d u a l  c a t a l y s t  beds .  
p a s s e s  a x i a l l y  through t h e  r e a c t o r  t o  measure t h e  comple te  t empera tu re  p r o f i l e  
w i t h i n  t h e  beds .  

A t r a v e l i n g  thermocouple  

A t y p i c a l  p r o f i l e  i s  shown i n  F i g u r e  3 .  

The p i l o t  p l a n t  a l s o  i n c l u d e s  s e p a r a t o r s  and f r a c t i o n a t i n g  towers .  
The o n l y  i n p u t s  a r e  raw r e s i d u a l  o i l ,  hydrogen ,  and wa te r  f o r  c o o l i n g  and gas -  
s c r u b b i n g .  
f r a c t i o n ,  and a gas stream which  i s  c o n t i n u o u s l y  moni tored  by g a s  chromatography. 
I n  a d d i t i o n ,  t h e  p l a n t  c o n t a i n s  i t s  own g a s  r e c y c l e  and s c r u b b i n g  f a c i l i t i e s  
and  i s  t y p i c a l l y  ope ra t ed  on p r e s s u r e  c o n t r o l .  
added t o  compensate f o r  hydrogen  consumption and s o l u h i l i t y  l o s s e s .  

Outputs  a r e  a d e s u l f u r i z e d  and s t a b i l i z e d  r e s i d u a l  o i l ,  a naphtha  

Only enough f r e s h  hydrogen is 

F e e d s t o c k s  

Tab le  I l i s t s  t h e  p r o p e r t i e s  o f  t y p i c a l  r e s i d s  and c r u d e s  used i n  t h e  
p r o c e s s  e v a l u a t i o n s .  They c o v e r  a wide  r ange  of p r o c e s s i n g  d i f f i c u l t y .  The 
a tmosphe r i c  r e s i d s  from t h e  Middle  E a s t  a r e  examples.  Those  d e s i g n a t e d  B 
(Kuwait) and C a r e  c o m p a r a t i v e l y  h i g h - g r a v i t y ,  l o w - v i s c o s i t y  m a t e r i a l s  t h a t  a r e  
r e l a t i v e l y  e a s y  t o  p r o c e s s .  A t  t h e  o t h e r  ex t reme,  Res id  A i s  h i g h l y  v i s c o u s ,  
c o n t a i n s  5 . 2  w t %  s u l f u r  and 18-20 w t %  a s p h a l t e n e s  (hep tane  i n s o l u b l e s ) ,  and h a s  
a 9.5"API g r a v i t y .  

CATALYST EVALUATIONS 

Over 140 p o s s i b l e  c a t a l y s t s  were'  J l u a t e d  f o r  t h e  p r o c e s s .  C r i t e r i a  
i n c l u d e d  : 

y '  
1. low c o s t  

2 .  h igh  i n i t i a l  a c t i v i t y  f o r  removing s u l f u r  

3 .  good a , c t i v i t y  ma in tenance  

4 .  a b i l i t y  t o  r e s i s t  po i son ing  by s u l f u r ,  n i t r o g e n ,  m e t a l s ,  and 
o t h e r  harmful  c o n s t i t u e n t s  o f  pe t ro l eum r e s i d s .  

The c a t a l y s t  s e l e c t e d  a p p e a r s  t o  have  an optimum combina t ion  of t h e  above 
a t t r i b u t e s .  1 

The d e p o s i t i o n  of m e t a l l i c  contaminants ,  e s p e c i a l l y  vanadium and n i c k e l ,  
w i t h i n  t h e  c a t a l y s t  s t r u c t u r e  c a n  be a n  e s p e c i a l l y  s e v e r e  problem i n  d e s u l f u r i -  
z a t i o n  p r o c e s s e s .  Hence, p a r t i c l e  s i z e  i s  i m p o r t a n t ;  t h e  most s a t i s f a c t o r y  
c a t a l y s t s  have a high r a t i o  o f  e x t e r n a l  s u r f a c e  a r e a  t o  t o t a l  volume w i t h i n  t h e  
l i m i t a t i o n s  o f  p r e s s u r e  d rop  c o n s i d e r a t i o n s .  

> During some e v a l u a t i o n  r u n s ,  t h e  accumula t ion  o f  vanadium and n i c k e l  
i n  used c a t a l y s t  p a r t i c l e s  was g r e a t  enough t o  a lmos t  doub le  t h e  o r i g i n a l  we igh t  
of t h e  f r e s h  ca ta lys t .  However, t h e  h i g h e r  c o n c e n t r a t i o n  o f  m e t a l s  was a lways  
found n e a r  t h e  o u t e r  s u r f a c e ,  and  c o n s i d e r a b l e  i n t e r n a l  volume o f  t h e  c a t a l y s t  
p a r t i c l e  s t i l l  had o n l y  a small c o n c e n t r a t i o n  o f  metals. The d i s t r i b u t i o n  of 
metals l o n g i t u d i n a l l y  th rough  t h e  c a t a l y s t  bed also showed a d i s t i n c t  p a t t e r n .  
C a t a l y s t  p a r t i c l e s  removed from t h e  lower  zone a lways  c o n t a i n e d  c o n s i d e r a b l y  
less vanadium and n i c k e l  t h a n  t h o s e  t a k e n  from t h e  t o p  zone a d j a c e n t  t o  t h e  
f e e d  e n t r a n c e .  

I 

Coke fo rma t ion  w a s  n e v e r  a problem when p r o p e r  t empera tu re  p r o f i l e s  
and hydrogen  p a r t i a l  p r e s s u r e  were ma in ta ined  i n  t h e  r e a c t o r  sys tem.  I n  
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c o n t r a s t  t o  t h e  d e p o s i t i o n  p a t t e r n  o f  m e t a l s ,  ca rbon  was f a i r l y  e v e n l y  d i s t r i b u t e d  
th roughou t  t h e  c a t a l y s t  par t ic le .  

PROCESS PARAMETERS 

Produc t ion  o f  a m a t e r i a l  c o n t a i n i n g  o n l y  1 w t %  s u l f u r  f rom any g iven  
f e e d s t o c k  was t h e  c r i t e r i o n  f o r  s u c c e s s  i n  t h e  a p p l i c a t i o n  of t h e  p r o c e s s .  
However, t h e  f e e d s t o c 4  i t s e l f  s t r o n g l y  i n f l u e n c e s  t h e  p r o c e s s  s e v e r i t y  r e q u i r e d  
t i t  r e ach  a g iven  le-,el  o f  d e s u l f u r i z a t i o n .  

WLth s u i t a b l e  v a r i a t i o n s  i n  p r o c e s s  c o n d i t i o n s ,  a l l  t h e  f e e d s t o c k s  i n  
Tab le  I were d e s u l f u r i z e d  t o  t h e  d e s i r e d  l e v e l .  T a b l e  I1 shows t y p i c a l  d a t a  f o r  
R e s i d s  A and C ,  where t h e  y i e l d s  co r re spond  t o  t h e  p r o d u c t i o n  of a 1 w t %  s u l f u r ,  
350+'F r e s i d .  There  i s  ve ry  l i t t l e  c o n v e r s i o n  t o  m a t e r i a l s  t h a t  must be removed 
t o  p e r m i t  t h e  p roduc t  t o  meet f l a s h  s p e c i f i c a t i o n s  f o r  a r e s i d u a l  f u e l .  
r e s u l t ,  hydrogen consumption i s  a l s o  low (shown as a n e g a t i v e  y i e l d  i n  t h e  t a b l e ) .  
Fo r  bo th  r e s i d s ,  g r a v i t y  i n c r e a s e d ,  v i s c o s i t y  d e c r e a s e d ,  and s u l f u r ,  n i t r o g e n ,  
and metals c o n t e n t s  were a l l  reduced .  I n  a d d i t i o n ,  carbon r e s i d u e  d e c r e a s e d  by 
abou t  50%. 

E f f e c t  of Reac to r  Volume on D e s u l f u r i z a t i o n  Leve l  

A s  a 

F i g u r e  4 shows t h e  e f f e c t  o f  r e a c t o r  volume on t h e  s u l f u r  c o n t e n t  o f  
r e s i d s  A and B a t  c o n s t a n t  p r e s s u r e ,  t e m p e r a t u r e ,  and c a t a l y s t  a c t i v i t y .  The 
r e l a t i v e  r e a c t o r  volume i s ,  o f  c o u r s e ,  p r o p o r t i o n a l  t o  t h e  r e c i p r o c a l  o f  space  
v e l o c i t y  i n  volumes o f  o i l  p e r  h o u r  p e r  volume o f  c a t a l y s t .  S u l f u r  c o n t e n t  o f  
t h e  p roduc t  i s  i n t e n t i o n a l l y  p l o t t e d  on a l o g a r i t h m i c  scale t o  show t h a t  r e s i d  
d e s u l f u r i z a t i o n  d e v i a t e s  s h a r p l y  from f i r s t - o r d e r  k i n e t i c s ,  which would r e s u l t  
i n  a s t r a i g h t  l i n e  on such a p l o t .  

A comparison o f  t h e  p o i n t s  a t  which t h e  c u r v e s  p a s s  th rough  t h e  1 w t %  
s u l f u r  l e v e l  (dashed l i n e )  i n d i c a t e s  t h a t  Res id  A r e q u i r e s  a r e a c t o r  almost 
t h r e e  times as l a r g e  as t h e  one r e q u i r e d  by Res id  B t o  r e a c h  t h e  1 wt% s u l f u r  
l e v e l  S i m i l a r  c u r v e s  f o r  v a r i o u s  f e e d s t o c k s  can  be  deve loped  and r e l a t e d  
q u a l i t a t i v e l y  t o  t h e  p h y s i c a l  and chemica l  p r o p e r t i e s  o f  i n d i v i d u a l  r e s i d s .  

Although such c u r v e s  can  be f i t t e d  by pseudo second-order  k i n e t i c s ,  
t h i s  approach  i s  n o t  c o n s i d e r e d  a p p r o p r i a t e  because  d e s u l f u r i z a t i o n  o f  l i g h t e r  
i n d i v i d u a l  mo lecu le s  h a s  been  shown t o  be  f i r s t  o r d e r ( 7 ) .  T h e r e f o r e ,  F i g u r e  
4 p robab ly  r e f l e c t s  a s e r i e s  o f  f i r s t - o r d e r  d e s u l f u r i z a t i o n  r e a c t i o n s  w i t h  r a t e  
c o n s t a n t s  t h a t  depend on t h e  chemica l  s t r u c t u r e  i n  which the s u l f u r  atoms r e s i d e .  
T h i s ,  i n  e f f e c t ,  e x p l a i n s  t h e  bending  o v e r  o r  f l a t t e n i n g  o f  t h e  c u r v e  as t h e  
s u l f u r  l e v e l  i s  reduced  and m o r e - d i f f i c u l t - t o - r e m o v e  s u l f u r  atoms a r e  encoun te red .  

E f f e c t  o f  D e s u l f u r i z a t i o n  on Produc t  P r o p e r t i e s  

As shown i n  T a b l e  11, h y d r o d e s u l f u r i z a t i o n  p ro found ly  a f f e c t s  t h e  
v i s c o s i t y  o f  a r e s i d u a l  f u e l .  Al though only a s m a l l  amount o f  a tmosphe r i c  r e s i d  
i s  c o n v e r t e d  t o  l o w e r - b o i l i n g  materials d u r i n g  d e s u l f u r i z a t i o n ,  t h e  v i s c o s i t y  of  
t h e  d e s u l f u r i z e d  r e s i d  i s  more r e a d i l y  c o r r e l a t e d  w i t h  t h e  conve r s ion  t o  a 
p a r t i c u l a r  b o i l i n g - r a n g e  material t h a n  w i t h  t h e  s u l f u r  l e v e l  o f  the p r o d u c t .  
T h i s  e f f e c t  i s  i l l u s t r a t e d  i n  F i g u r e  5 which shows t h e  p roduc t  v i s c o s i t i e s  o f  
s e v e r a l  t y p i c a l  d e s u l f u r i z e d  r e s i d s  as f u n c t i o n s  o f  t h e  amount of 65W"F r e s i d  
c o n v e r t e d  t o  m a t e r i a l  b o i l i n g  below 650°F. 
and D ,  i t  was p o s s i b l e  t o  p roduce  a l o w - s u l f u r  material mee t ing  No. 6 o i l  
v i s c o s i t y  s p e c i f i c a t i o n s .  I n  o t h e r  cases, such  as R e s i d s  A and G, o v e r - c o n v e r s i o n  
o f  t h e  r e s i d s  would b e  r e q u i r e d  t o  meet s p e c i f i c a t i o n s .  T h i s ,  o f  c o u r s e ,  would 

In some cases, such  as  R e s i d s  B ,  C ,  



G r a v i t y ,  "MI 
S u l f u r ,  W t %  
N i t r o g e n ,  ppm 
Ramsbottom Carbon, 
Pour  P o i n t ,  "F 
V i s c o s i t y ,  SSF a t  
M e t a l s ,  ppm 

N i c k e l  
Vanadium . . 

H 2  
H2S + NH, 
'1-'4 
C, -350°F 
35W"F 
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TABLE I1 

DESULFURIZATION DATA FOR RESIDS A AND C 

P r o p e r t i e s  o f  Feed and P r o d u c t  
Res id  C Res id  A 

T o t a l  T o t a l  
Feed L i q u i d  P roduc t  Feed L i q u i d  P r o d u c t  

17 .2  
4 . 3  

1600 

65 
W t %  . a  

122°F 101 

9 
32 

23.7 
1 .0  

1300 
4 

55 
60 

4 
9 

9 . 5  
5.2 

4100 
17 

14000 

58 
167 

a5 

19.5 
1 .o 

2 600 
8 

20 
90 

22 
50 

D e s u l f u r i z a t i o n  Y i e l d s  
Res id  C Res id  A I 

W t %  Vol% S u l f u r ,  W t %  

-0.8 -- -- -1 .2 -- -- I 

W t %  Vol% S u l f u r ,  W t %  -- -- 

3 . 6  -- -- 4 . 8  -- -- 
0.8 -- -- 1 . 2  -- -- 
1 . 7  2 . 1  0.05 1 .0  1 . 3  0.01 

94.7 98 .5  1 . 0  94.2 101 .3  1 .o -- -- 
100 .0  100 .6  100 .0  102 .6  

Hydrogen Consumption = 480 SCFB Hydrogen Consumption = 760 SCFB 

I 
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r e su l t  i n  t o o  h igh  a hydrogen  consumption and t h u s  a h i g h e r  p r o c e s s i n g  c o s t .  In 
t h e s e  cases, d i l u t i o n  w i t h  c u t t e r  s t o c k  i s  u s u a l l y  a b e t t e r  way t o  meet v i s c o s i t y  
s p e c i f i c a t i o n s .  

M e t a l s  removal i s  n o t  p a r t i c u l a r l y  s i g n i f i c a n t  i n  t h e  p r o d u c t i o n  o f  a 
r e s i d u a l  f u e l .  However, i t  i s  i m p o r t a n t  w i t h  r e s p e c t  t o  o v e r a l l  economics 
because  d e p o s i t e d  m e t a l s  u l t i m a t e l y  l i m i t  t h e  u s e f u l  l i f e  o f  t h e  c a t a l y s t .  
F i g u r e  6 shows t h e  r e l a t i o n s h i p  between d e m e t a l a t i o n  and d e s u l f u r i z a t i o n  f o r  
s e v e r a l  f e e d s t o c k s .  Al though t h e r e  i s  a d i s t i n c t  r e l a t i o n s h i p  f o r  each  f e e d ,  
t h e  o v e r a l l  p a t t e r n  s u g g e s t s  t h a t  a g e n e r a l i z e d  c o r r e l a t i o n  i s  p o s s i b l e .  

SUSTAINED OPERATION 

The commercial f e a s i b i l i t y  o f  t h e  r e s i d  d e s u l f u r i z a t i o n  p r o c e s s  
depends p r i n c i p a l l y  on how w e l l  t h e  c a t a l y s t  pe r fo rms  i n  s u s t a i n e d  o p e r a t i o n s  
ove r  s i g n i f i c a n t  p e r i o d s  o f  t ime .  F i g u r e  7 shows t h e  350+"F p r o d u c t  s u l f u r  
c o n t e n t  p l o t t e d  a s  a f u n c t i o n  o f  t ime-on-o i l  f o r  t h e  d e s u l f u r i z a t i o n  of Res id  
C i n  a con t inuous  o p e r a t i o n  i n  bench- sca l e  equipment .  
t o  y i e l d  a 350+'F p r o d u c t  c o n t a i n i n g  l e s s  t h a t  1 w t %  s u l f u r .  
p e r i o d ,  no problems were  encoun te red  i n  m a i n t a i n i n g  t h i s  s u l f u r  l e v e l .  

C o n d i t i o n s  were  s e l e c t e d  
Over a 60-day 

F i g u r e  8 shows t h e  r e s u l t s  of a c o n s i d e r a b l y  more d i f f i c u l t  con t inuous  
o p e r a t i o n  i n  which Res id  A was d e s u l f u r i z e d  i n  t h e  2 B/SD 
Over a p e r i o d  o f  abou t  t h r e e  months,  t h e  350+"F p r o d u c t  showed a l e v e l  o f  no 
more than  1 t o  1 . 2  w t %  s u l f u r .  Fo l lowing  t h i s  o p e r a t i o n ,  samples  o f  c a t a l y s t  
were removed from t h e  r e a c t o r  and used  i n  subsequent  b e n c h - s c a l e  s t u d i e s  o f  
c a t a l y s t  l i f e  w i t h  a v a r i e t y  o f  r e s i d  f e e d s t o c k s .  Thus,  t o t a l  o n - o i l  t i m e  f o r  
t h i s  c a t a l y s t  w a s  ex tended  t o  o v e r  seven  months.  

i n t e g r a t e d  p i l o t  p l a n t .  

U l t i m a t e l y ,  s u s t a i n e d  o p e r a t i o n  depends  o n  how c a t a l y s t  a c t i v i t y  is 
a f f e c t e d  by b o t h  t h e  m e t a l s  c o n t e n t  o f  t h e  f e e d s t o c k  and t h e  s e v e r i t y  of  ope ra -  
t i o n  r e q u i r e d  t o  r e a c h  a p a r t i c u l a r  s u l f u r  l e v e l .  As a r e s u l t ,  g e n e r a l  numbers 
f o r  c a t a l y s t  l i f e  canno t  be  quo ted .  However, t h e  r e s u l t s  i n  F i g u r e s  7 and 8 
i n d i c a t e  t h a t  c a t a l y s t  l i f e  w i l l  be  i n  e x c e s s  o f  one y e a r  f o r  t h e  d e s u l f u r i z a t i o n  
of  a material l i k e  Res id  C t o  t h e  1 w t %  s u l f u r  l e v e l ,  and a t  least  s i x  to  e i g h t  
months f o r  a m a t e r i a l  l i k e  R e s i d  A .  

PROCESS MODEL 

Work i s  now under  way t o  deve lop  a p r o c e s s  model f o r  p r e d i c t i n g  
p r o c e s s  r equ i r emen t s  f o r  t h e  d e s u l f u r i z a t i o n  o f  any g i v e n  f e e d .  
c e n t e r s  i n  f i r s t  s e p a r a t i n g  pe t ro l eum r e s i d s  i n t o  o i l s ,  res ins ,  and a s p h a l t e n e s - -  
t h e  t h r e e  f r a c t i o n s  common t o  a l l  r e s i d s .  Nex t ,  r e a c t i o n  r a t e s  are de te rmined  
f o r  each  f r a c t i o n  from v a r i o u s  r e s i d s .  
c o n s t r u c t e d  on t h e  b a s i s  o f  t h e s e  ra tes .  

The approach  

F i n a l l y ,  a g e n e r a l i z e d  p r o c e s s  model i s  

Reac t ion  r a t e s  f o r  t h e  same f r a c t i o n s  from a v a r i e t y  o f  r e s i d s  are 
p rov ing  t o  b e  remarkably  similar.  
o v e r a l l  conve r s ion  o f  t h e  r e s i d  a r e  g iven  i n  F i g u r e  9 .  
t h e  behav io r  o f  t h e  t h r e e  f r a c t i o n s  as w e l l  as  t h e  650-1000°F g a s  o i l  d u r i n g  t h e  
hydroprocess ing  of Res id  C. 
s i g n i f i c a n t  q u a n t i t i e s  o f  s u l f u r ,  r e a d i l y  d i s a p p e a r ;  however,  t h e  o i l s ,  which 
are more p a r a f f i n i c  and c o n t a i n  less s u l f u r ,  d i s a p p e a r  a t  a s i g n i f i c a n t l y  lower 
r a t e .  The c u r v e  f o r  a s p h a l t e n e s  i s  similar t o  t h a t  f o r  r e s i n s  b u t  h a s  a f l a t t e r  
s l o p e ,  i n d i c a t i n g  t h a t  a s p h a l t e n e s  are  s i g n i f i c a n t l y  less r e a c t i v e .  The c u r v e s  
b e i n g  developed  f o r  o t h e r  f e e d s t o c k s  w i l l  be i n c o r p o r a t e d  i n  t h e  p r o c e s s  model 
f o r  r e s i d  d e s u l f u r i z a t i o n .  

T y p i c a l  c u r v e s  of p r o d u c t  compos i t ion  v e r s u s  
These  c u r v e s  i l l u s t r a t e  

The r e s i n s ,  which a r e  h i g h l y  a r o m a t i c  and  c o n t a i n  

I 
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ECONOMICS 

The h y d r o d e s u l f u r i z a t i o n  p r o c e s s  i s  s t i l l  r e l a t i v e l y  expens ive  by 
pe t ro l eum p r o c e s s i n g  s t a n d a r d s .  The c a p i t a l  i nves tmen t  f o r  l a r g e  r e a c t o r s  
which o p e r a t e  a t  h i g h  p r e s s u r e s  and h i g h  t e m p e r a t u r e s ,  t h e  consumption o f  
hydrogen d u r i n g  the p r o c e s s i n g ,  and t h e  u s e  o f  l a r g e  volumes o f  a c a t a l y s t  
w i t h  a r e l a t i v e l y  s h o r t  l i f e  a l l  c o n t r i b u t e  t o  t h e  c o s t s .  Moreover,  p r o c e s s i n g  
c o s t s  a l s o  depend on t h e  f e e d s t o c k .  A s  a n  example,  Tab le  I11 shows t h e  d i f f e r e n c e  
i n  c o s t s  f o r  d e s u l f u r i z i n g  Res id  B and t h e  more d i f f i c u l t - t o - p r o c e s s  Res id  A t o  
t h e  same 1 w t %  s u l f u r  l e v e l .  The compar ison  i s  based on  Gulf Coas t  i n s t a l l a t i o n  
c o s t s  and f u e l  a t  46 p e r  FOE g a l l o n ,  power a t  $0.004 p e r  KWH, and steam a t  $0.45 
p e r  1000 l b .  These d a t a  show c o n c l u s i v e l y  t h a t  even  w i t h  f e e d s  o f  similar s u l f u r  
c o n t e n t s  which are d e s u l f u r i z e d  t o  similar l e v e l s ,  s i g n i f i c a n t  d i f f e r e n c e s  i n  
p r o c e s s i n g  c o s t s  e x i s t .  C a p i t a l  c h a r g e s  and c a t a l y s t  c o s t s  va ry  w i t h  t h e  r e a c t o r  
s i z e  r e q u i r e d .  U t i l i t i e s  c o s t s  depend on  hydrogen  consumption and would be 
s u b j e c t  t o  f u r t h e r  v a r i a b i l i t y  i f  a d i f f e r e n t  f u e l  v a l u e  were  used .  Consequen t ly ,  
s p e c i f i c  c o s t  e s t i m a t e s  must b e  based on  a s p e c i f i c  f e e d ,  a s p e c i f i c  d e s u l f u r i z a - .  
t i o n  l e v e l ,  a s p e c i f i c  p l a c e  o f  i nves tmen t ,  and a s p e c i f i c  f u e l  v a l u e .  

CONCLUSION 

A p rocess  f o r  t h e  removal  o f  s u l f u r  from a wide v a r i e t y  o f  r e s i d -  
c o n t a i n i n g  m a t e r i a l s  has  been developed .  S u s t a i n e d  o p e r a t i o n  h a s  been s u c c e s s f u l l y  
demons t r a t ed  i t 1  p i l o t  s c a l e  equipment  u s i n g  a p r o p r i e t a r y  c a t a l y s t .  A p r o c e s s  
model which w i l l  allow t h e  p r e d i c t i o n  o f  p r o c e s s  per formance  f o r  any f e e d s t o c k  
under  any s e t  o f  p r o c e s s i n g  c o n d i t i o n s  i s  now b e i n g  developed .  
r e s i d  d e s u l f u r i z a t i o n  i s  a t t r a c t i v e  f o r  s u l f u r  emis s ions  c o n t r o l ,  u s e  o f  t h i s  
p r o c e s s  and a t t e n d a n t  model w i l l  a l l o w  d e s i g n  and o p e r a t i o n  o f  commercial  u n i t s .  

Where d i r e c t  

TABLE I11 

COMPARISON OF DESULFURIZATION COSTS 
FOR 50,000 B/SD OF RESIDS A AND B 

Basis: 1 W t %  s u l f u r  i n  t h e  350+'F produc t  

C o s t s ,  C / B  o f  r e s i d  
U t i l i t i e s  
C a t a l y s t  and Chemica ls  
A l l  o t h e r  d i r e c t  and  o v e r h e a d  
C a p i t a l  cha rge  

T o t a l  

S u l f u r  C r e d i t  
Vanadium C r e d i t  

D i f f e r e n c e  i n  u p g r a d i n g  costs ,  #/B of r e s i d  

Economics 
C o s t s  f o r  R e s i d  A minus B 

3 . 7  
4 . 3  
4 . 5  

1 2 . 4  

2 4 . 9  

- 

- 3 . 2  
- 1 . 4  - 
2 0 . 3  

/ 
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FIGURE 1 

BENCH-SCALE UNITS FOR R E S I D  
DESULFURIZATION 
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FIGURE 2 

2 B/SD PILOT PLANT FOR RESID DESULFURIZATION 
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F I G U R E  3 

TYPICAL TEMPERATURE P R O F I L E  IN  2 B/SD PILOT PLANT 
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FIGURE 4 

EFFECT OF REACTOR SIZE ON DESULFURIZATION LEVEL 

OF RESIDS A A N D  B 
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F I O U R E  6 

RELATIONSHIP BETWEEN DEMETALATION AND DESULFURIZATION 
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F I Q U R E  9 

HYDROPROCESSING OF RESID C 

t 
0 
3 
0 
0 
a 
a 

3 0  

OILS 

20 

10 

I N C R E A S I N G  CONVERSION OF RESID * 



- 6 5 -  ' 

DEMETALLATION, DEACTIVATION AND BEDPLUGGING 
IN RESIDUUM HYDRODESULFURISATION 

Esmond J. Newson 

Technical University of Denmark 
Instituttet for Kemiteknik 

Bygning 229, 2800 Lyngby, Denmark 

The reduction of sulfur oxide emissions resulting from the use 
of high-sulfur crudes has recently become of increasing importance. 
High sulfur petroleum fuel oils contribute to thc problems of eir 

pollution. The conversioii of high sulfur crudes to synthetic crudes 

low in sulfur, would increase the supply of limited natural re- 
sources. 

One method of reducing the suli;ir content in crude o i l s  and re- 
sicha is residuum hydrodesulfurisation in trickle-bcd reactors. 
Total operating costs for this process can b e  divided into three 

components i.e. catalyst costs, hydrogen consumption costs ami 

utilities plus investFent charges. Catalyst; costs represent a sig- 

nificnnt fraction of t h e  total operating costs and also control thc 
hyd-ogcn aid investnrnt costs. 

The factors contributing to catalyst utilisation will be the 

subject of this paper. These factors are classificd broadly into 

two cntegories. Intraparticle diffusion leading to pore plugging and 

I-apic? catalyst dcact ivct ion. S cc ondly, int crpart ic lc, react io-i lead' y: 

to bed-plugging. The possibilitics T o r  iiici-cnsine cctclyst utilisa- 
tiop in these two respects will also bc considcrcd. 
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From recent  papers ('-'I on residuum hydrodesulfurisation, the  

m a j o r  conclusion is that metals contents o r  the  feeds e s sen t i a l ly  

control  ca ta lys t  u t i l i s a t i o n .  Analysis o f  porc d i f fus ion  problems 

w i l l  therefore  be l imi ted  t o  a pore plugging deact ivat ion mechanism 

which progressively r e t a r d s  mass t r ans fe r  o f  the sulfur-containing 

molecules t o  the  i n t e r i o r  port ion of the ca ta lys t  p e l l e t .  This me- 

chanism has been r e c o p i s e d  f o r  some time ( 6 - 8 )  but l i t t l e  quanti- 

t a t i v e  information is  avni lable  f r o m  journals  or patent l i t e r a t u r e .  

a r e  s ign i f i can t ly  l e s s  than l.o!') Assuming typ ica l  values of  l i q u i d  

hourly space ve loc i ty  (1.0) and desul fur i sa t ion  conversion (7$) a 

corresponding dcmetal la t ion conversion r e s u l t s  ( 7 5 s )  Catalyst  

p a r t i c l e  size can now be p lo t t ed  agajnst  the e f f ec t ive  d i f f u s i v i t y  

f o r  demetallation with s f fcc t ivcness  f ac to r  as a pnrameter. I= 
Figure 1, f o r  an ef fec t ivcness  f a c t o r  of 0.75, wi%h a ca ta lys t  par- 

t i c l e  s i z e  of 1/16 inch diameter, a midmusl d i f f u s i v i t y  of 5-10 
cm /sec. is required. An effect iveness  fac tor  o f  0.5 c l l o w s  the  mini- 

tnum d i f fus iv i ty  t o  be as l o w  as 2 * l 0 - ~  CCI /sot. A f i r s t  order reac- 

t i o n  has been assumed together with a spherical  p a r t i c l c  shape. 

Effectiveness f a c t o r s  f o r  dcmetallation of vanadium compounds 

-7 
2 

2 

Figure 2 shows est imates  f o r  values of  the e f f ec t ive  d i f fus iv i ty  

as a function of molecular weight. Thc Stokes-Einstein equation w a s  

used t o  estimate l iqu ic '  d i f f u s i v i t i c s  f o r  large t o -  

ge ther  with a c a t a l y s t  poros i ty  of 0.5. Tnc parameter i n  Figure 2 

i s  the. t o r tuos i ty  factor with values o f - 2 ,  5, l o  and 20. The i n i t i a l  

value i s  close t o  t h a t  f o r  loosely paclczd b e d s  <and probabiy i-epre- 

s en t s  a m i n i m  f o r  a formed ca t a lys t  p a r t i c l e  such' cs an cxtnidate.  

The f i n a l  value o f  20 may r e f l e c t  the accumulation of n e t a l  su l f ides  

and coke i n  pores of the  ca-talyst  particE1arI.y Ln an ouIcr anulus of 

t he  p e l l e t .  From Figure 2,  us ing a to r tuos i ty  f a c t o r  of 5,  a effec- 

t i v e  d i f f u s i v i t y  of  3.5 lom7 cm2/scc. i s  estimated f o r  a compow-d 

.of molecular weight 4000. The l a t t e r  value i s  towards the lower ecd 

of the spectrum of asphzltene molecular .weights f o r  A r a b i ? ?  I Icavy  , 

atmospheric residuum.('* 3 ,  L. prs1iri:inmy cor,clusion from f igures  3. 

and 2 based on pore di$fusion theory and Z:I avors inpl i f ied  nolccular 

p i c t u r e  i s  that e f fec t iveness  f a c t o r s  o f  about 0 . 6  are probably 

a t t a i n a b l e  i n  demctnllation of a feec S&;T i l s  Safaniyn t o  1 weight 

per  cent prbduct sul.fur. 
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pellet was extremely s tcep  but the p e l l e t  diameter was 5 1x3. A= effec- 

tive di f f t l s iv i ty  f a r -  v22adiun of 2 * l 0 - ~  c%l'/scc. Was estinat,c?. This 

vdue  i s  a l s o  p lo t t ed  on Figure 1. 

p r o f i l e s  i n  a spent ca t a lys t  pclle&'! A n  e f fec t ive  d i f f u s i v i t y  of 

l*10-~ cn /sec.  w a s  estimated f o r  vanadium during the desulfurisa- 

t i o n  o f  an A r a b i a n  Light feedstock, l7.5 'API.  Correlating the above 

cstiinates f o r  e f f ec t ive  d i f f u s i x i t y  with feed g rav i ty  suggests an 

order of magnitude vnluc of 3010 cm /see. f o r  vmadium when desul- 

f i r i s i n g  Safaniya t o  75% conversion at r? space ve loc i ty  of 1.0. 

This value i s  indeed lower than the uppsr bound of 2 * l 0 - ~  cm /sec. 

suggested from desul f u r i  sat ion  d2.t a, 

More recent da t a  i s  ava i lab le  by means of e lec t ron  micro-probc 

2 

-8 2 

2 

Referring t o  .the ninimun d i f f u s i v i t y  plot for domotnllztion, 

Figure 1, an ef fec t iveness  f a c t o r  of about 0.1 i s  obtained f o r  a 

Safaniya feed. I n  the  saiilc way, m ef fec t iveness  f a c t o r  of 0 .3  i s  

obtained f o r  an Arabi,m Light feed. 

Catalyst  U t i l i s a t i o n  

The only aspect of ca ta lys t  l i f e  t h a t  i s  baing consideredis the 

a b i l i t y  of t h e  ca t a lys t  t o  accept metals within i t s  pores yet main- 

t a i n  dcsu l fu r i sa t ion  conversions o f  npproximntely 75%. T h i s  degree 
of desu l fur i sa t ion  corresponds t o  approximately 75$ dene ta l ln t io6  1) . 

The ca t a lys t  metals loading n t  end-of-run i s  determined by the 

e f fec t iveness  f a c t o r  f o r  demetallation associated with a pa r t i cu la r  

feedstock. A pore pluggi-lg mechnnisrn combined with effectiveness 

f a c t o r s  l e s s  t h a i  1.0 m e c ? n s  t h a t  t h c  ca t s lys t  pore volume available 

for deposit ion of metcrl su l f ides  i s  reduced f r o m  t he  f r e sh  ca ta lys t  

value. For exmple ,  Lan ef fec t iveness  f a c t o r  € o r  demetallbtion of 

0.1 means t h a t  a c a t a l y s t  r:hose p o r e  volume i s  0.5 cc/gran w i l l  only 

provide 0.05 cc/gram o f  pore volunc f o r  deposit ion of metal s u l f i d e s  

and coke i n  the par t  o f  the  ca t a lys t  where the  pore-plugging mcchaa 

nism i s  c r i t i c a l ,  C o k e  i s  considered t o  deposit uniformly throughout 

t he  p a r t i c l e  but w i l l  pl2.y a minor r o l e  i n  the  pore plugging mecha- 

n i s m .  A value o f  l o  weight per cent coke has been assumed deposited 

on the spent ca t a lys t  together with a coke density of 1 gm/cc. This 

i s  about one-half the  i d e a l  value si:ico the  coke formed on a hctero- 

geneous ca t a lys t  sur face  i s  un l ike ly  t o  occur i n  i t s  idea l  s tn t e .  

S imi la r  reasoning a l l o w s  the  use o f  3 grrJcc ns thc n icke l  a i d  vann- 

diEm s u l f i d e s  density. 
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BED-PLUGGING nr RESIDUUM DESUL~FURISATIOM 

111 a d d i t i o n . t o  c a t a l y s t  deact ivat ion by the  metals a second 

major  uroblem i n  residuum processing i s  bed-pl~gging!1'.~) Desalting 
alone i s  not eriough t o  prevent t.he build-up o f  i n t e r s t i t i a l  material. 

This mater ia l  reduces bed voidage, especial ly  at the top of a trickle'- 
bed r eac to r ,  end cause; a s i g n i f i c k t  increase i n  overal l  react'or 

pressure drop. The i n t e r s t i t i a l  deposits are composed, mainly . o f .  the  

s u l f i d e s  of iron, n i c k e l  . .  and They a r e  c o n t a i n e d . i n , r e - .  . 
siduum st'ccks i n  orgzno-metallic compoLcds and in  the  case of iran., 

i t s  feed concentra.t;ion may obviously be supplemented by corrosion . " 

processes i n  l i n e s  ahead o f  the r eac to r ,  Bickel and varadiurn 

su l f ides  deposit ing O:I t h e  exte-nal surface o f  the  ca t a lys t  p e l l e t .  . . 
a r e  probzbly h a l d  only weaicl3- as nickel-  and vanadium 'in micelle- . , 

type s t ructures .  Their  r a t e  of reactfon i s  probably greater than 
' ' 

t h e  n icke l  anC vanadium deposited. within the  c a t a l y s t  pe l l e t .  Coke 

deposi ts  w i l l  a l s o  occur both in s ide  the p a r t i c l e  and intorsti . t ia1.ly.  

Predict ion o f  Bed-plugging 

. -  
. .  

Estinlation o f  piugging l i v e s  i n  t r , i c l l e - b e d - r e a c t ~ r s  can be 

made a5, a function o f  facd metals' concentration react ing.  external ly ,  

with r a t o  c o c s t a t  as a parameter. A f i rs t  order react ion has been 

assumed. I n t e r s t i t i e l .  deposi ts  a r e .  con,sic'rei-ed t o  occur i n  the  , t op  
, .  

205 of .the trickle-bed-reactor!') Vsing the '  E r g u n  equation, (15) 

pressure drop increase z sa ins t  decSeasing bed voidage cCm be plot ted 

i n  a dimensionless form Figure (5 ) .  Tdcingnfk tor  of 5-10 increase 

i n  ove ra l l  pressure drop as 3. c r i t e r i o n  f o r  the  plu'gging l i f e  ( e  
.the corresponding volume o f  i n t e r s t i t i c l  deposi ts .  can the:= bc cal- 

culated.  This i s  t r a n s l a t e d  t o  grams o f  i n t e r s t i t i a l  metal sulf ides '  

Per cc of reactor  if a metal ' sulf ide densi ty  of 3 ,gm/cc i s  assumed. 

This  value is  aboufh one-half t h e  i d e a l  c r y s t a l l i n e  s u l f i d e  dens i t i e s  

. bu t  i n  a t r i c k l e  bed reac tor  ne tn l  su l f ides  formed a re  unl ikely t o  

oc.cur. i n  t h e i r  well-ordered, i d e c l  s t a t e s .  AssumiDg f o r  example, . 
first  order r a t e  constant;; from 1-lc ,  plugging l i v e s  may be 
estimated, Figure 6. ' 

' 
PLUG' 

. .  

. .  

.. 

Once =.?in, t h e  problcis  of proccssi?rg Mid-Cast res idua are 

1 
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Fixed Be&: If ti:c fixctl bed concept o f  epcrr t ion i s  rc tz incd ,  

then graded cn ta lys t  bods c a  bc uscd t o  r c l i evc  the  interstitial 

bed-plugging problcn. Graded ca t a lys t  beds a r c  a l ready being 

i n  dcasphaltcd o i l  I- .> on2x. 

Grndcd ca t a lys t  bcds incorporot c t hc  pr inc ip les  assoclnt  cd 

with the  spcc i f i c  szrfacc of  v-riously sixod p c r t i c l c s  and lsar t tc lc  

shcpcs with low prcssurc drop cha rzc t c r i s t i c s .  1tings.inpcd cn ta lys t s  

have bccn used 2.2 nc?hzmol oxiCatioX16) t o  dscrcasc t h o  pressure 

a r?p  across the ronctor.  Tho presence 03 i n t o r s t i t i a l  deposi ts  re- 

ac t ing  f r o m  thc Scctl malccs th i s  r.pL3roac!I p a r t i c u l r r l y  usoful .  sincc? 

thc  void volurnc per  =?it qroluac o f  rcac tor  hcs bccn increase2 51 

comparison t r J  cy l indr ica l  par t ic l ,>s .  The surfnce arc?. or" 2. criznlys t 
p a r t i c l c  per u n i t  v o l ~ ~ ~ c  o r  xwactor i s  invorscly proport ional  t o  

the  dicimter s o  t h a t  l a rge  p a r t i c l e s  ilt 'ihc top  of  c t- icklc-bed 

r cac to r  w i l l  reduce thc  E?vailnblc surface f o r  tbc  i n t c r s t i t i 3 1  

rcactioii  and spread thc  metals f u r t h e r  A o w n  t h c  5cd. 

C ONC LUS I 014s 

Approginate nethods have bcen out l ined f o r  t he  predict ion of 
ca ta lys t  l i v e s  i n  f ixcd  bod r e s i d u m  dcsul fur i sa t ion .  Prcdictcd 

ca t a lys t  l i v c s  were consis tent  with t rends iil current  RDS l i t c r a -  

turo.  A pore-plugging nochazisrn due t o  rnctals deposi t ion was 
assumefl t o  bo the causc of ca t a lys t  dewztivation f c r  dcsulfur isa-  

t i on ,  Donetallation effect ivcness  f a c t o r s  l e s s  than 0 . 5  are con- 

s idered  typ ica l  f o r  1:iddlc E a s t  * rosiduc. Ilethods o f  dccrcasing 

the  pore diffusion problem are r e l a t e d  t o  spec ia l  ca t c lys t  prc- 

parat ions and the usc of unusual ca t a lys t  shapcs. 

Approximate clctiiods have n lsc  bcen nut l ixcd  f o r  the  predic- 

t i o n  o f  f ixed bed plugging i n  RDSi  Plugging l i v e s  l e s s  th,an 8000 
hours are  considered l i k e l y  for Kiddlc lkst residua. For Venezuc- 

Ian stocks 1000 hours nay bc typ ica l .  IsJovel ca tn lys t  shapcs could 

again bo useful .  Deviation from plug-flow is  expected with ebulla- 

t i n g  ca t a lys t  bcds par t i cu la r ly  with 200 ncsh s i z c  pn r t i c l c s .  

More oxporinentz.1 da ta  and more rigorous theo rc t i cn l  t r e a t -  

r.ients arc' required t o  ir.iprovc predict ions,  

\ 
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FICLliE 2 : EFFECTIVE DIFFUSIVITY vs. KOLECULAR WEIGHT. 
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FICrJS ' '  3 : CATALYST L I E  vs. iGTALS X P O S I T I O N  I N  RESIDUUM DESULFLJRISATION. 
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FICmE 5 : EFFECT OF DECREASING BED.VOIDAGE ON FIXED BED PREVURE DROP. 
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HYDROGEN PROCESSING O F  COAL AND THE KINETICS O F  DESULFURIZATION 
* 

Marvin L .  Vestal ,  Robert H.  Essenhigh and Wm. H .  Johnston 

Scientific Research Instruments Corporation 
6707 Whitestone Road, Baltimore,  Maryland 

INTRODUCTION 

The desulfurization of coal by hydrogen in the interests  of abatement of a i r  
pollution, is a process with a potential for  90% sulfur removal o r  bet ter ,  depend- 
ing on the details of reac tor  design to cut down resorpt ion back-reactions, and on 
other factors  such a s  hydrogen concentration and reactor  residence or contact 
time. 
combustion of the coal - which i s  the dominant cur ren t  use  of coal - and there  
a r e  in general  two approaches to abatement. 
ides f rom the combustion gases  af ter  formation. 
their formation by pr ior  desulfurization of the coal. 
general drawback that even high S percentages in coal become very small per -  
centages after dilution in a i r  converted to combustion products. 
handling large volumes of g a s  containing smal l  quantities of pollutant. Even on 
a weight basis the dilution i s  substantial: a given weight of S ( s a y  0.05 lb) in one 
lb. of coal becomes about the same weight in about 12 lbs .  of combustion pro-  
ducts. 
therefore ,  has the appeal of handling substantially smaller quantities of mater ia l ,  
either by weight o r  volume, together with the advantage that the component con- 
centrations a r e  also proportionately higher, thus improving chances of achieving 
a given ta rge t  fo r  efficiency of removal. 

The pollutant problem of course,  is that of SO, and SO, formation during 

F i r s t ,  removal of the sulfur ox- 

The f i r s t  approach has  the 
Second, the prevention of 

This means 

Direct  removal of the S f rom the coal by hydrogenation to f o r m  H,S, 

Desulfurization by hydrogen, however, is not a straightforward process 
since the H,S formed in the f i r s t  instance is very  rapidly resorbed on carbon. 
Since the resorption is accentuated by higher temperatures and longer residence 
t imes ,  this generally means that net efficiencies of removal fall with increasing 
temperature and larger  quantities of coal being processed. In considering r e -  
actor  designs, which is the pract ical  t a rge t  of these desulfurization investiga- 
tions, this chemical behavior means that an efficient reactor  should operate a t  
not too high a temperature, and that e i ther  the sweep gas should be at a very 
high velocity o r  else that a preferent ia l  absorber should be available in close 
proximity to the coal during hydrogenation, A s  a fur ther  consideration it is 
a l so  evident that a suitable reac tor  design would either b e  a batch unit ( such  a s  
a fluid bed) , o r  a continuous counterflow, so that the terminal  discharge of the 
almost cleaned coal should be  in contact with a high hydrogen and low H,S con- 
centration. 

The physical s ize  of and retention time in any reactor  a r e  then determined 
by the desulfurization kinetics both in the presence and the absence of any prefer-  
ential absorber .  In a previous paper ( 1) we have already described most  of 

I) 
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what we now know of the chemistry and kinetics of the hydrodesulfurization of 
coal, obtained by adaptation of the Juntgen ( 2 )  "non-isothermal" method of 
experiment and analysis. This paper is concerned with discussing these and 
additional results of such experiments on S removal from coal, and H,S cap- 
ture  by coal char, carbon, and CaO ( a s  a possible preferential absorber )  
particularly as  these relate to reactor design. This includes a brief outline 
of a possible reactor complex and a Sankey (Energy Flow) Diagram for s u c h  
a system. 

NON -ISOTHERMAL KINETICS 

The non-isothermal'method of Juntgen was extended theoretically and 
applied experimentally to the hydrodesulfurization of ten bituminous coals 
ranging from 1 to 570 ( 3 ) .  This powerful method overcomes the difficulties 
of partial achievement of equilibrium conditions of temperature,  by treating 
temperature a s  a controlled variable. Essentially continuous measurements of 
reaction products i n a flow system provide experimental  functions whose theoret- 
ical interpretation identify se t s  of chemical reactions which a r e  responsible for 
desulfurization. 
for  satisfactorily by five chemical reaction systems.  
tion energies and frequency factors for each chemical reaction. 

The kinetics of desulfurization of all ten coals are accounted 
This method gives activa- 

We may summarize these chemical reactions and the rate  data of coal d e -  
sulfurization in hydrogen atmospheres by listing the measured kinetic parameters  
for the five major reactions and the two back reactions, as  shown in Table I. 
Non-isothermal studies were a l so  made of the removal of all  H,S by calcined 
dolomites and limestones and some regeneration kinetics of the resulting calcium 
sulfide as shown in Table 11. 

> TABLE I 

CHEMICAL REACTIONS AND RATE DATA OF COAL DESULFURIZATION IN 
HYDROGEN ATMOSPHERES 

: 

No. Reaction - 
1 ( Org-S) 1 t H 2  + HZS 
2 (Org-S)II  t H2+ H,S 
3 FeS, t H2* H,S t FeS 
4 FeS t Hz+ Fe tH2S 
5 (C-S)  t H, --3 H,S 
6 F e  t H,S + H, t F e S  
7 Coke t H2S - ( C-S) t H, 

/mole - k0 Ekcal 

34.5 3. I x 10" ( a t m  H,) min- '  
41.5 2 . 8 ~  10" ,I 

47 2 .8  x l o x 2  11  

55 2 . 1  ioL3 1 1  I t  

52 2 x io1,  II , I  

18 
32 . 2.3 x lo8  I 1  I ,  

6 . 5  x lo6 ( a h  H,S) -' min-'  

TABLE I1 

8 
9 

GaO t H,S - CaS t H,O 
CaS t H,O + CaO t H,S 

3 8  
55 

4.7 x i o L 3  ( a t m  H,S) - 1  min-' 
1. o x 1 0 ' ~  ( a tm H,O) - 1  min-1 

10 CaCOJ CaO t CO, 58 3.0 x 10" min- '  
11 CaO t CO, CaCO, 17 5.0 x lo4 ( atm,CO,) - I  min-'  

, 
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The significance of these results to conditions of sulfur control can be seen  

by expressing them as rate constants versus  temperature over the range of en- 
gineering interest. 
400°C to 1000°C in Figure 1. 
encompasses the desulfurization reactions which account for the hydrodesulfur - 
ization of the ten bituminous coals studied. 

The rate  constants fo r  these reactions a r e  shown from 
There emerges  a desulfurization band which 

REACTOR SELECTION FOR HYDRODESULFURIZATION 

The requirement that  back reaction of H,S with carbon is to be suppressed 
by a combination of f a s t  removal of product (H,S) , preferential absorber ,  and/ 
or maintenance of high H, and low H,S concentrations at  termination of the r e -  
action means that suitable reactors  seem to be restricted t o  the fluid bed o r  
some counterflow unit. 
reactor is  a better choice. There  a r e ,  however, some simple general con- 
siderations on relative sizing that a r e  pertinent and will be discussed f i rs t .  

In this paper we suggest that a continuous counterflow 

Relative Sizing of Reactors 

Suppose any reactor  has a t rue  or effective capacity of C lb/hr .  of mat- 
er ia l  being treated. If the reactor volume is V cu. ft., the reaction t ime r e -  
quired i s  t ( h o u r s ) ,  and the average mater ia ls  density 's/" ( lb / cu .  f t . )  then 
these factors a r e  related by 

c =/zV/t ( 1) 

The specific capacity can then be defined a s  

These two simple equations can now be used to provide estimates of the relative 
size of any pretreatment reactor for coal subsequently being burned in a boiler. 
If subscripts zero refer  to  the boiler, we f i r s t  have the condition that the pre-  
treatment and boiler capacities must  be equal: s o  

o r  

c = p v / t  =Po Vol to  

V I V O  = (po / td  / p / t  ) = c:/cv 

Consequently, if we want a pretreatment reactor .say 1070 of the boiler vol- 
ume, the corresponding specific capacity must  be  ten times greater .  
ing next that 

Consider- 

then, for the same reaction t imes,  the mater ia ls  density must be ten times 
greater  in the pre t rea tment  reactor .  
to is  about 2 s e c . ,  a n d P o  is ,  therefore, about 0 . 0 2  oz/cu. f t .  The pretreat-  
ment reactor density would then be about 0.2 oz/cu. ft. which corresponds to 
a fairly dense cloud. 
clear that the reaction t imes a r e  more  likely to l ie in the range f rom 20 to 200 
sec. ,  S O  that the pretreatment reactor densities must l ie between 2 and 20 oz/ 
CU.  f t .  (or g / l i t r e ) .  Since this latter figure is st i l l  below what is found in 
fluidized beds, such density loadings a r e  possible, but these estimates also 

In a boiler,  C," averages 2 lb/hr .  cu. f t . ,  

F r o m  our non-isothermal experiments f 1, 3 ) ,  it is 
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illustrate the magnitude of the problem in t e rms  of the solid loadings required. 
The fluid bed, however, has the disadvantage that i t  is a batch, not a continuous, 
process.  On the other hand a continuous process that will provide the neces- 
sa ry  particle loadings and sti l l  allow the potential for rapid exchange of gases 
with a preferential absorber would only seem to be provided by the cascade re -  
actor (described below) , unless the preferential absorber  is mixed with coal 
which then creates problems of separation. 

The Cascade Reactor 

The cascade reactor  is  a vertical  tube containing inclined shelves o r  plates 

It is based on the Cascade Heat Exchanger (4 )  , 
to break the fall of particles cascading down from the top of the tube, against a 
rising current  of reactive gas. 
which is a device intended to promote efficient heating of a gas by a solid ( o r  
vice versa)  by covnterflow, with advantage being taken of the relatively high 
heat exchange coefficient and large surface a r e a  of fine particles.  One could, 
in principle, also obtain such exchange simply by pouring the particles into the 
top of a tube, but the nominal effectiveness of such a system i s  almost com- 
pletely nullified by two factors .  If the upward gas flow is slow, the particle 
shower can quite w e l l  create  its own path by what is known a s  a 'Chute-en- 
Masse" effect whereby the particles descend a t  very much higher velocities 
than in free fall of a single particle through a viscous fluid. 
in the cloud is dragged with i t ,  and incoming gas is likely to be shor t  circuited 
through a more  o r  less particle f r e e  region. 
is quite high, the fastest  velocities are a t  the center of the channel, which can 
pick up fines and car ry  them out of the system, while the velocity gradients throw 
the larger  particles to the walls where they wi l l  fall a t  their  g rea tes t  speed. 
the particle concentration is  also high a t  the walls the Chute-en-Masse effect may 
accelerate the rate of fall st i l l  further.  

Gas !'contained" 

Alternatively, if the gas velocity 

If 

The purpose of the cascade plates can be described a s  a device for breaking 
the fall of the dust so  that the retention time, and, therefore,  the t ime available 
for heat exchange, is increased. The plates, therefore,  prevent the dust plum- 
meting down the center of the tube or the wal l  region. 

The use of the cascade heat exchanger as a reactor  is not known to have 
been proposed before. 
the cascade heat exchanger, with the possible gains to be achieved from break- 
ing the fall of the dust to increase the retention t ime, but using the device f o r  
promoting reaction between a gas and a finely divided solid. The proposed r e -  
actor is intended to t rea t  raw coal of appropriate fineness,  with the objective of 
removing sulfur, delivering sulfur-free char and pyrolysis g a s  a s  pr imary out- 
put products, with H,S as  a potential source of sulfur a s  a by product (or co- 
product) . 

A s  a reactor i t  utilizes the counterflow operation of 

The basis of the method is low-temperature (700°C) hydrogenation, using 
a recycled fraction of the pyrolysis gas,  during which: ( 1) a sulfur-containing 
pyrolysis gas is evolved for cleaning in a la te r  o r  parallel  stage; and ( 2 )  the 
coke formed is also rendered sulfur-free by direct  heterogenous reaction bet- 
ween hydrogen and the sulfur in the coke, generating H,S. 
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To estimate the mean velocity of the particle s t ream through the reactor 

designated as  v m ,  w i l l  be crucial  in all subsequent analyses of all purposes the 
reactor may be used for .  

i 

In such a system'the chute-en-masse effect is likely to override all other k 

/I 
f ac tors ,  such a s  viscous drag  through the gas. 
be responsible for entrainment of gas in the same direction as  the dust flow. 
This can be thought of a s  an  ejector  action helping to stimulate a cyclic flow. 
In the l imit ,  therefore, the par t ic les  a r e  most  probably close to f ree  fall under 
gravity without significant retarding forces .  

In fact, the viscous drag can 

I 

The simplest condition, therefore, i s  for the particle s t ream to fall ver -  
, 

ticalty f rom the tip of one plate to the t ip  of the next. It is assumed to acceler-  
a te  a t  g from zero velocity to  a maximum which is again reduced to zero on im- 
pact. In fact, of course,  there  will be a horizontal component after impact, 
but this will be considered l a t e r .  Suppose, therefore, a cascade element has a 
depth d,  so the free-fall-distance apar t  of the plate tips is (d /2)  : then 

I 

If 
( d / 2 )  = ( 1 / 2 )  g tZ imp (61 ,  

where timp is the time to impact ;  o r  

The mean velocity vm i s ,  therefore f 

The velocity var ies  only slowly with the cascade depth( d ) .  If d=l f t .  
(p la te  spacing 6 i n . )vm = 2 . 8  f t l s ec .  
vm = 1 f t / sec .  
This would be adequate for many laboratory scale  studies but handling 100 
tons /hr .  would be difficult. 

If d=6 in, vm=2 f t . / s ec .  If d=1,5  in., 
This l a s t  is ve ry  narrow; the plate spacing is only 0 .75  in. 

It should, however, be emphasized that the calculations given above 
assume close to the worst  conditions, and a r e ,  therefore ,  ra ther  pessimistic. 
Average velocities of 1 / 2  to 1 f t / s ec  for plate spacings of 4 to 6 in,  may be 
real is t ic  with proper design. 
fore ,  be possible with a unit 30 f t .  high. 

A 30 to 60 sec .  retention time should, there-  

Cascade Reactor: Simple Analysis 

The reactions involved in the cascade desulfurizer include the coal py- 
rolysis ( initially assumed to be independent of the hydrogenation react ions) .  . 

Fer initial ani lysis  purposes this can be treated as f i r s t  order  reaction 
using operational velocity constants. 
obtained directly as a function of time independent of the mater ia l  location in 
the reactor .  
f r o m  the throughput velocity. 

The ra te  of reaction can, therefore, be 

The location of the mater ia l  in the reactor  is then obtainable 
This is valid for  a plug flow system,. 
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Assume that the rate of loss of pyrolysable mater ia l  is  proportional to 

the pyrolysable fraction. 
of solid,then 

Let the pyrolysable fraction a t  any time t be Vlbllb 

d V / d t =  -kV ( 10) 

where k, the velocity constant, may be the real velocity constant a t  a specified 
temperature, particle s ize ,  etc. ; o r  i t  may be an "operational" velocity con- 
stant representing an effective or average constant that is valid to a specified 
margin of accuracy for  a number of competing o r  consecutive reactions,  pos- 
sibly including changes in particle size and temperature.  The variation of V 
with time (a t  constant tempera ture)  is 

V = Vo exp( - k t )  (11 )  

where Vo  i s  the maximum pyrolysable fraction. 
then given by 

The relation to distance is 

z = vmt 

where z is  the distance travelled through the reactor in a given t ime t ,  if Vm is 
constant, where v, is the mean velocity. Equation ( 11 ) becomes 

-kz 
V=Vo exp [ - (  k/vm) z] = Voe 

showing that the slower the mater ia l  travels through ( s m a l l  vm) , the larger  the 
"distance constant, (k' ) I '  and the more  complete the reaction. 
obvious but equation (13)  makes the point explicitly. 
anything that can be done by way of reactor design to reduce vm can provide 
m o r e  effective control of the completeness of reaction. 

This is quite 
This re-emphasises that 

Consider now the throughput a t  two different planes. Take z=O and z=z .  
At z=O, if the specific m a s s  ra te  of input, lb.  per hour per sq. ft.  of reactor 
cross-section is Mo, then the rate of input of pyrolysable solids is  (V&) ; 
and the rate of input of non pyrolysable solids is ( 1-Vo)M. Similarly,  a t  
z = z, the mass  ra te  offlow of non pyrolysabLe solids is (1-V)M. 
state this quantity must  be constant right through the reactor so  

At steady 

( l - V o )  Mo=(  1-V)M ( 14) 

(15)  o r  (M/Mo)  = ( 1-Vo) / (1-V) = ( 1-Vo) / (1-Voe -kt) 

These equations can be rearranged in the form of a reactor efficiency. 

Suppose Mc is the m a s s  flow rate  in an infinitely long reactor when 
pyrolysis is  complete ( i .e .  the m a s s  flow rate  a t  any point of non-pyrolysable 
solids) then 

- 

M, =Mo ( 1-Vo) ( 16) 

Now suppose that for  a finite length reactor the reaction i s  not complete, but 
the m a s s  flow rate is Mexit. So 
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Mexit = M, ( 1-v0) / (  l-Vexit) = Mc/(  1yVexit) 

Now defining reactor efficiency, n ,  as  

In t e rms  of the mass flow rates  this can be written 

n = ( l-Mc/Mo) / (l-Me,it/Mo ( 19) 

Since only mass  flow rat ios  a r e  involved the efficiency is independent of mass  
flow except to the extent that  this might possibly affect the mean velocity through 
the reactor .  

Reactor Efficiency Compatabilities 

The information developed by the above analysis can now be combined with 
the kinetic data se t  out in Tables I and II and Figure 1 to estimate possible re- 
actor efficiencies. 
estimates but this is sufficient for  our immediate purpose in demonstrating the 
reasonableness, o r  otherwise,  of using the Cascade Reactor for a t  least  some of 
the reactions involved in  the desulfurization process.  Pr imari ly  we are inter- 
ested in estimating reac tor  temperatures a t  which reasonable reactor efficiency 
can be achieved; and to establish these ( a s  es t imates)  le t  us assume 9970 effic- 
iency in each reaction. 

The values obtained a r e  essentially order  of magnitude 

In Equation ( 18) w e ,  therefore,  have 

exp( -kt) rJ lo-’ (20) 

-kt/ 2.3 as the cri terion for  such efficiency. 
and since the reactor retention time is estimated (above) to be 1 / 2 to 1 min.,  
the values of the velocity constant, k, to meet  the cr i ter imof Equation c20)  is 
that: 

Since exp( -kt) can be written a s  10 

k N  5 to 10 or greater  (min)  (21) 

Referring now to Figure 1 we find listed values of rate constants with di- 
since all the reactions a r e  a l l  f i r s t  o rder  with respect mensions (a tm.  min) 

to a reactive gas ( H,. H,S etc.  ) . If the reactive gas concentrations a r e  in 
large excess and in the region of 0 .1  atm. then multiplying all the values of 
the ra te  constants given by 10- 
constants for comparison with the cr i ter ia  of Equations (20)  and (21)  . 
the values of k to lie between 5 and 10 the t rue rate  constants must lie between 
50 and 100. 
sulfurization band of roughly 600 to 700°C. If the reactive gas concentrations 
a r e  0.01 atm.,  the r a t e  constants then required ( fo r  99% reaction efficiency) 
are raised to the range ( roughly) of 700 t o  900°C. 
trations of 0.001 atm. the required temperatures would be in the range 900 to 
1200°C. 

changes them in effect to pseudo first order  
For  

F r o m  Figure 1, this corresponds to temperatures in the de- 

With reactive gas  concen- 

Summarizing, therefore ,  what we have estimated here:  we have used the 
1 
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cascade reactor retention times (est imated by the f ree  fall assumptions) in 
combination with the reactor analysis for  a f i r s t  o rder  reaction, to estimate 
the temperature ranges required for 'the reactor  to be operated a t ,  if reaction 
efficiency is to be 99%. To do this, the second order  ra te  constants given in 
Figure 1 have been treated as  pseudo f i r s t  o rder  constants by multiplying by 
0.1, 0.01, and 0.001 atm.  to represent average concentrations of the reactive 
gas involved; and for  the desulfurization reactions the temperature range is 
found to be 700 to 800°C for an average reactive gas concentration of 0.01 atm.  

This, it mus t  be emphasized, i s  no more  than a rough es t imate  to deter-  
mine whther the cascade reactor may be a possible rational choice in any com- 
plete desulfurization scheme; and from the estimates obtained here  it would 
seem that it probably i s .  

A REACTOR COMPLEX FOR HYDROGEN PROCESSING O F  COAL 

Although the pr ime purpose of this paper is to  initiate analysis of suitable 
generalized reactors  for  desulfurization, by hydrogenation, of coal in te rms  of 
the kinetic behavior of known mechanisms (with par t icular  attention, of course, 
to the cascade r eac to r ) ,  a brief look a t  a possible complete scheme for con- 
tinuous hydrogen processing is not out of place. 
inter-relationships that have to be developed quantitatively between component 
parts of any such scheme, particularly as  this influences choice of any given 
type of reactor .  

This br ings into focus the 

Schematic for Continuous Processing 

As already mentioned above, one of the principal problems in desulfuriza- 
tion by hydrogenation i s  the speed of the back reaction as  H2S is resorbed on 
carbon (react ion 7 in Table I) a s  this then necessitates either the rapid physical 
removal of the H,S (high throughput velocities) o r  the presence of a preferential 
absorber  such a s  CaO (react ion 8 in Table n) for  chemical removal.  
unately, mixing the absorber  with the coal introduces subsequent problems of 
separation. 
a l  possibility that i s  something of a compromise between both alternatives: 
that the coal and absorbent s t reams can be kept separate  while 
a r e  common. 
with two sets  of plates to separate the solid s t r eams ,  but with arrangements to 
cross-mix the rising gas s t reams by suitable baffles. 

Unfort- 

The Cascade Reactor,  however, would seem to permit  an addition- 

the gas s t reams 
The method would be to operate two cascade reac tors  side by side 

The workability of such a proposal has yet to be demonstrated physically, 
but the advantages accruing from it ,  should it prove workable, a r e  s o  substan- 
tial that it encouraged analysis to establish the energy requirements for  a com- 
plete scheme based on this cross-mix reactor .  The gross  energy require- 
ments have been examined by constructing a Sankey (Energy Flow) Diagram 
for the system ( s e e  below) . 
the cross-mix reactor ,  but regeneration of the CaO with sulfur recovery is 
a l so  included by incorporating two additional reactors :  ( 1) for conversion of 
Cas to CaCO, and ( 2 )  for  calcination to reform CaO. 

The complete scheme is based, a s  explained, on 

The complete scheme is illustrated in the block diagram of Figure 2.  
This diagram shows a total of six chambers comprising one preparation unit 

i 
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for  drying and preoxidation, and four reac tors .  

- RO: Drying and Preoxidation (Prepara t ion  unit) . 
- R1: Pyrolysis and Hydrogenation of sulfur-containing-coal, and including g a s  

preheat of recycled fuel-gas by cooling char .  
R2: Calcination of CaC03 to fo rm CaO for  H2S absorption. 
R3: Absorption of H2S car r ied  ac ross  f rom R1, by CaO. 

a design such that the gases in R1 and R3 have equal access  to both reactors 
while the coal and absorbent s t reams remain separate.  CaS is formed by 
absorption . 
Regeneration of CaS formed by H2S absorption in R3, utilizing reaction of 
steam and CO, to r e fo rm CaC03 which i s  then cycled back to R2 after sep- 
aration from reformed H2S. 

Their functions a r e  a s  follows: 

- 
The concept requires - 

- R4: 

In selecting reactor types for  all these operations, Reactors R1 and R3 
are assumed to be Cascades.  F o r  the r e s t ,  however, the analysis leading to 
the Sankey Diagram is valid when any continuous counterflow reactor is used. 

SANKEY DIAGRAM ASSUMPTIONS 

In performing the Sankey Analysis a number of assumptions about the 
system and materials were made,  as follows: 

Sulfur Content and Removal 

The coal fo be treated i s  assumed to contain 5?0 sulfur by weight. This i s  
assumed to be totally removed in Reactor R1 a s  H2S by hydrogenation; absorbed 
in R3 as Cas ,  regenerated in R4 a s  H2S, followed by recovery by the Claus 
P rocess .  

Coal Pyrolysis 

The maximum temperature of the coal is assumed to reach 700°C s o  py- 
rolysis corresponds to low temperature carbonization. Fo r  a 40?0 V . M .  coal 
a 3070 pyrolysis/hydrogenation, loss  is  assumed of which 5% is  sulfur as H2S. 
If the coal i s  such that the pyrolysis/hydrogenation loss  is  l e s s  than this the 
majori ty  of the calculated energy flows in reac tors  R2, R3, and R4 a r e  reduced 
approximately prorata.  
coke that can be assumed t o  be  of higher reactivity than a full coke. 

The balance of material ( n o t  pyrolyzed) is a semi- 

Temperature Profiles . 

In reactors R2, R3, and R4 the temperature profiles a r e  simple,  either 
rising o r  falling monotonically f rom one end to the other ,  with the counterflow 
mater ia l  temperature falling or rising correspondingly. The reactor R 1  pre-  
sents a different problem. Its temperature is highest a t  the center,  for both 
counterflowing mater ia l s ,  s o  an overall  heat balance shows a relatively small  
net  supply of heat, Q3, sufficient for  the sensible heats of coal char and pyroly- 
sis products and the heat of pyrolysis. This is  the heat supply that has been 
calculated. It is assumed to be car r ied  ac ross  from reactor R3 to R1 partly 
by hot gas t ransfer ,  and partly by conduction where the temperature differen- 
tials will allow this. In addition, there i s  a sizable quantity of heat, not in- 
cluded in the diagram, required for  the initial sensible heat of the,coal to heat 

- 
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i t  f rom input temperature to reactor temperature (700°C) . 
in the hot-gas/pyrolysis-products transfer f rom R1 to R3, so i t  recycles con- 
tinuously. I t  has to be assumed, however, that the appropriate heat t ransfer  
mechanisms will so operate that this necessary heat flow cycles properly. 
is  a substantial assumption. 

This i s  recovered 

This 

REACTOR CONSIDERATIONS 

Reactor Capacities and Reaction Times 

These,  of course,  a r e  not yet determined. The calculations a r e  based on a 
coal supply of 100 lb. If the process capacity is to b e  100 lb/hr.  then the mat-  
e r i a l  and energy flows shown in the diagram become flow rates ( l b / h r .  of mat-  
e r i a l  CHU/hr.  energy) . The reactor duty is then specified, and the reactor 
capacity can be calculated from the reaction time so that the appropriate duty 
is attained. 
It s eems  probable that the reaction time for  absorber regeneration in R4 a t  the 
temperature specified is too long for  a cascade reactor to be feas ib le .  
the temperatures are such that a tunnel reac tor ,  with a bel t  conveyor in counter- 
flow to the reactant gases,  may be possible, o r  even an a r r a y  of fluidized beds. 

On the other hand, this may well affect the final choice of reactor.  

However, 

Losses  and Source of Energy 

Losses  a r e  initially neglected. The prime source of energy into the r e -  
actor se t  is  by combustion of par t  of the cleaned pyrolysis products leaving r e -  
actor R3. This supplies some sensible and mainly potential heat to the reactor 
RZ. On combustion m o s t  of this heat enters the CaO which ca r r i e s  i t  into R3. 
Some of this heat then exchanges with the cooler recycle gas and pyrolysis pro- 
ducts.  The balance ( the  majority) is assumed to be car r ied  into reactor RI 
as sensible heat where it is used for  pyrolysis. Some of the hea t  of combustion 
in R2 leaves in the product gases which are cycled to  R4, to  provide the COz and 
par t  of the H,O required fo r  reaction there.  The r e s t  is absorbed in the endo- 
thermic calcination in RZ, but this i s  recovered again a s  heat of reaction, a 
l i t t le in R3 but m o s t  in R4. 
sible hea t  re fer red  to in Temperature Profiles above. At present  it seems 
necessary to assume that much of this is  supplied by conduction through the con- 
struction mater ia l s  of the dual R1 and R3 reac tors ,  and is returned again to  R3 
by the pyrolysis products exchange. 

In addition, there  i s  the internal cycling of s e n -  

Losses  (wal l ;  reactor exchange etc.) can then be included at  any time by 
requiring an appropriate increase in the fraction of pyrolysis products burned 
in RZ, with the heat thus generated assigned to losses .  

Sankey Diagram Analysis 

The Sankey Analysis is a heat and m a s s  balance on each individual reac tor .  
Based on the assumptions listed above, some of the inlet and exit temperatures 
could be preselected, a s  follows: 



- 9 4 -  
R1: Tma,: ( near center)  not to exceed 70OoC. 

Tinlet: assumed to be 50°C (following drying and light preoxidation) . 
Toutlet: unspecified - to be determined ( T c )  . 

R2: Tinlet: selected a s  500°C to match outlet temperature of R4 ( s e e  R4) . 
Toutlet: 

- R3: Tinlet: selected a s  1000°C to  match outlet temperature of R2. 
Toutlet: unspecified - to be determined ( Te) . 

- R4: Tinlet: Selected to match outlet temperature of R3 after this (R3) deter -  
mination (T,) . 

Toutlet: because of the heat of reaction this exceeds Tinlet. Because of 
reaction req uirements the peak temperature (which is Toutlet) 
must be lower than 6 0 0 " ~ .  
for calculation to allow some margin for  adjustment. 

- 

- 
specified as 1000°C to assure  adequate calcination rate of CaCO,. 

A temperature of 500°C was selected 

In then setting up the energy balances for  the individual reactors there a r e  
four equations, one for  each reac tor ,  but with a total of five unknowns, only two 
of which a r e  the unknown temperatures  listed above. 

1. Tc: the exit temperature  of the semi-coke leaving R1. 
2. Q,,: the heat t ransfer red  f rom reactor 3 to R1. 
3. 

4. M: the solids quantity cycling round reactors  R2, R3, and R4, to attemper- 

5. 

Te: 
CaS, CaO, and iner t .  

the exit temperature  of the solids leaving R3 to enter R4, the solids being 

ate  R4 and supply heat f rom R2 to  R3. 
the quantity of pyrolysis gas required to heat the CaC03 and inert in R2 to  
1ooo"c. 

P: 

The four reac tors  a r e  treated separately. In all  calculations input and out- 
put enthalpies a r e  determined with respect to 0°C a s  zero. 
s u r e  is assumed so specific heats a r e  all  a t  constant pressure ,  where this is 
relevant. 

Atmospheric pres -  

Completing the heat and m a s s  balances then led to sufficient information to 
complete the Sankey Diagram when a final i tem of information was included since 
the system was otherwise indeterminate with five unknowns but only four equations. 
The calculations showed that, if the physical mechanisms would allow it ,  heat 
could flow either f rom R1 to R3, or  f rom R3 to R1. 
temperatures  in R1 m u s t  always be less  than those in R3 since otherwise net 
heat would not flow f rom R3 to R1, and the system would not work. If the mech- 
anism of hea t  t ransfer  i s  by conduction through the brickwork of the adjacent re -  
actors .  then a substantial temperature difference must  be maintained between the 
two. 
l e s s  (determined by the ahalysis) ; indeed it must  be substantially less  than 225°C 
if the temperature difference between the two reactors  is a l so  to  be substantial. 
This restriction is l e s s  stringent, however, if  the heat exchange between the 
two reactors  is mainly convective. 
between the two reac tors  i s  extremely fast  - which is also highly desirable f rom 
the absorption point of view - the gas temperatures can be almost equal ( t he  
"s t i r red reactor"  condition) , and this i s ,  in fact ,  the condition assumed. It is 
possible under good design conditions for this to-be not unrealistic, a t  least  for 
the lower half of each of the two reactors  (R1 and R3) , though it will not be true 

However, we know that the 

This immediately l imits  the exit temperatures  of R l  and R3 to 225°C or  

In the limit, in fact ,  if gaseous exchange 
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at  the top of each reactor .  
and iner t  enter hot ( 1000°C) and this i s  expected to provide sufficient tem- 
perature differential to generate the heat flow required to hea t  the incoming 
coal to  700°C. 

Here,  the coal enters  cold ( 5 0 ° C )  and the CaCO, 

Adopting the "s t i r red reactor" or equivalent temperatures condition for 
Te and Tc, these have equal values a t  225°C. 
about 150 lb/100 lb.  coal, and P is 3.8 lb. of volatiles/100 lb. coal. Finally, 
the net heat flow required for the coal pyrolysis a t  a coke exit temperature  of 
225°C is 32,500 CHU. 
unknowns a r e  a s  follows: 

1. and 2. 
3. M = 150 lb. inert/100 lb. coal. 
4 .- P = 3.8 lb. volatiles / 100 lb. coal. 
5. 

The value of M required is then 

In summary,  therefore ,  the values adopted for  the five 

Te = Tc =225"C 

Q31= 32, 500 CHU/100 lb. coal. 

These a r e  the values used for constructing the Sankey Diagram. 

THE SANKEY DIAGRAM 

The specific objectives in constructing the Sankey Diagram a r e  restated 
below: 

1.  
2. 
3. 

To determine the process feasibility in t e rms  of the energy requirements .  
To establish the expected reactor  temperatures .  
To establish the mater ia l  flow requirements.  

The prime conclusion drawn from the diagram is  that the mater ia l  and 
energy flows a r e  acceptable and compatible with real is t ic  reac tor  temperatures ,  
so long as  the simplifying assumptions a r e  not too unrealistic. 
to some extent in the following commentary. 

This i s  assessed 

1. 
ports the feasibility of the proposed process .  
made a r e  real is t ic ,  then the quantities of mater ia ls  to be handled a r e  not ex- 
cessive, the temperatures involved a r e  reasonable and well within limits of 
many current  industrial processes .  Perhaps most  important of all ,  the en- 
ergy self-consumption of the process is relatively small .  As calculated it is 
under 1370 of the energy of the cleaned pyrolysis products, and about 4% of the 
total potential thermal energy in the raw coal. This must ,  of course,  be a 
somewhat optimistic estimate since the analysis excludes heat losses  and power 
requirements for fans, pumps, t ransfer  machines e tc .  
an increase of 5070 in the self-consumption, then this becomes 6% of the pot- 
ential energy. 

2. This estimate of 670 self-consumption may a t  f i r s t  sight s eem a little high 
compared with the typical figure for a modern power station of 4 to 5%. This 
means that an additional 6% could be too high a penalty to pay; however, of the 
670, only 2 or 3% represents  unrecoverable losses .  This will be clear  from 
examining the Sankey Diagram where the bulk of the 33,000 CHU supplied to 
the system by burning 3.8 lb.  of pyrolysio products reappears  in three ways: 

Taken a t  its face value the Sankey Diagram summarizing the calculations sup- 
Specifically, if  the assumptions 

Allowing for these by 

i 
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( 1) as sensible heat of the pyrolysis products, totalling 8, 500 CHU; ( 2 )  a s  
sensible heat of the char ,  totalling 6 ,300  CHU; and ( 3) as enthothermic heat 
of pyrolysis, totalling 20,000 CHU, but which reappears a s  slightly increased 
heat of combustion pe r  pound of both char and pyrolysis products s o  i t  is r e -  
covered on combustion ( T h e s e  a r e  the figures for Reactor R1 above: a further 
2,300 CHU are  supplied by the sensible heats of coal and hydrogen, and the 
H,/S heat of reaction) . 

This means that about 213 of the energy supplied by combustion of the 
pyrolysis products i s  automatically recoverable on combustion of the cleaned 
output. 
be burned immediately without any wastage from cooling since this will recover 
most  of the sensible heat in the output. The system is,  therefore, potentially 
conservative from the energetics point of view. 

Even more can be  recovered if the char and pyrolysis products can 

3. 
outputs. 
two since the gases only have to be mixed with a i r  to provide a stable flame - 
a t  1000°C flame holding is no  problem - so these could be burned directly in a 
boiler.  
high temperature gases till they enter the boiler.  Some degree of pre-cooling 
might, therefore,  be required to a temperature where the gases can be handled 
in metal  pipes. There might even be some reason to cool the gases completely 
and use  them a s  a make-up source  fo r  pipeline gas (although the Btu/cu. ft. 
volume-is a l i t t le low for  t h i s ) .  

There might s t i l l  be problems in recovering the sensible heats in  the two 
For the pyrolysis products this should be the simpler problem of the 

Problems would a r i s e  primarily as mater ia l s  problems in confining the 

4 .  
a r e  initially very much lower .  
the coal is  originally introduced. 
crushed. The char will,  therefore,  be  relatively coarse  and certainly unsuit- 
able for  immediate use in a conventional pulverized coal boiler: indeed, even if 
fine enough, conventional belief is  that there would then be flame holding prob- 
lems. 
axial-fired cyclone combustor,  but this is  only possible if the ash  fusion charac- 
te r i s t ics  a r e  also appropriate.  

The problems in handling the char could be grea te r  although the temperatures 

If the reactor is a cascade, the coal should be 
The char should be in much the same form that 

The char would otherwise be nominally suitable for  d i rec t  use in an 

This,  unfortunately, indicates that some other combustor may  have to be 
devised. 
with water-cooled cascade plates ,  to burn the char in; however, this would re -  
qu i re  the development of an entirely new technology. The alternative is  only 
a little better since i t  again requires a new technology. The char would be 
suitable for  combustion in a fluid bed. 
developed. It is  not yet commercial ,  but it is  now in a usefully advanced r e -  
s ea rch  stage. 

One interesting possibility would be  to  construct another cascade unit, 

Here  the necessary technology i s  being 

5. Development of new technology of a fair ly  complex character is  also a factor 
militating somewhat against  the proposed scheme. 
borne ir? m-ind is that cu r ren t  utility planhfor the mos t  par t  have a high rel ia-  
bility, and utility engineers for the most  par t  a r e  likely to expect additions to 
existing plantsof s imi la r  reliability. 
in view of the current sma l l  margin of reserve  .generating capacity over in- 
creasing demand. 

The problem that should be 

This i s  a l so  likely to be a serious matter 

Unscheduled outages at  peak demand could result in brown- 

I 

i 
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outs or black-outs over appreciable regions. F o r  these reasons it would ob- 
viously be desirable to develop the cleaning sys tem in s tages .  
mean completing reactors  R1 and R2, using precalcined l ime and not attempt- 
ing sulfur recovery and regeneration in the f i r s t  place. Recovery can then be 
developed on an open cycle bas i s ,  and if this proves successful,  the closed cycle 
operation can be completed. 

This would 

6 .  The success  of the whole concept, however, is predicated upon certain key 
assumptions !&at a r e  st i l l  somewhat marginal  in our present  s ta te  of information. 
The most  important of these is the assumption that the gases  will exchange with 
sufficient speed between reactors  R1 and R3 that H,S absorption by CaO will be 
reasonably rapid after the H,S has been formed,  and that resorption by coke will 
always be a minor  process .  If this is t rue  then it is a l so  likely to satisfy the 
second assumption that the temperatures  in R1  and R3, at leas t  i n  the bower 
sections of the two reac tors ,  are much the same .  A third cr i t ical  assumption 
is that the reactors can be built tal l  enough, but without being excessively high, 
for the residence times to be long enough for both desulfurization and desorption. 
Finally, there a r e  the closely related assumptions ( 1 )  that  the heat exchange 
between R1 and R3 assumed to take place in the upper sections, that provides the 
sensible heat for the coal to reach 70O0C, will take place; and likewise ( 2 )  that 
the heat recovery in the lower sections that will reduce the material temperatures  
to 225°C will a l so  be possible. 

Definitive information on these assumptions 'is st i l l  'lacking. This will re-  
If ,  however, experiments should show quire experiments on cascade operation. 

them to be valid, then the cleaning process  cansbe operated a t  laeast on an open 
cycle basis.  Energetically this m a y  be less satisfactory,  but as mentioned above, 
the technological complexity will be reduced substantially. 

7. 
complete : 

( a )  As already mentioned, sensible heat required to  ra i se  ,the incoming coal to 
700°C will be recovered f rom R1 and returned to R3 ( i f  the aasumed energy r e -  
covery in the lower sections occurs)  . Since this is continued exchange from 
R3 to R1 and back again, it  should appear on the diagram as a closed Loop of 
sensible heat. The actual quantity required for  this is not v.ery h igh  16,250 
CHU/100 lb .  coal; and its omission is  notmechanistically important i f  the sys- 
tem works as envisaged, 
exchange does not occur ,  then the system has failed as s o  far descr ibed.  
however, should only mean that.alternative methods of injecting the necessary 
energy into R1 m u s t  be used. 
should sti l l  be operable although the overall  energy balance may not look quite 
so  good. 

There a r e ,  finally, two respects  in which the Sankey Diagram is not quite 

F o r  if it  works, then this .exchange occurs ,  Lf the 
This ,  

Appropriately modified for  this,  the scheme 

( b )  The second omission is again a closed loop, this time of mater ia l .  To  
make sure  that sulfur i s  removed a t  an adequate rate the R1 reactor  should con- 
tain as high a hydrogen concentration a s  possible, particularly in the lower s e c -  
tions for  sulfur recovery f rom H,S resorbed by the coke. 
volatiles (containing the hydrogen) w i l l  be released near  the center of the re -  
ac tor ,  and will then r i se ,  the lower section is likely to be deficient. An 
appropriate fraction of the cleaned pyrolysis products mus t ,  therefore ,  be 

Since mos t  of the 
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cooled ( t o  allow handling) and injected into the bottom of reactor R1. 
this i s  a mass ,flow cycling internally there is  no net decrease in the volatiles 
output; for  complete representation, however, the diagram should include a 
closed loop to  represent this  recycle.  

Since 

CONCLUSIONS 

F r o m  the considerations discussed above, desulfurization of coal by 
hydrogenation before combustion appear to be feasible, energetically and 
materially.  
a r e  quite adequate fo r  making preliminary estimates of reactor s ize .  F r o m  
these it would appear that the reaction times for the desulfurization and for the 
H,S absorption may be compatible with residence times in a reasonably sized 
cascade reac tor .  The regeneration and calcination on the other hand is prob- 
lematical, but for  these m o r e  conventional methods such as shaft reac tors  may 
be quite suitable. The possibility of making such judgments, therefore,  illum- 
inates the value and necessity of adequate kinetic data ,  such as were obtained 
by the non-isothermal method, to enable design of reac tors  in the rapid develop- 
ment of a new technology. 
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PROCESS RESEARCH ON DESULFURIZATION OF PETROLEUM COKE 

by 

R. D. Ridley 

Garrett Research and Development Company., Inc.. 
La Verne, California 91750 

The individual and combined effects of sodium hydroxide, so- 
dium carbonate, hydrogen, and hydrogen sulfide on desulfurization 
of petroleum coke have been reported on the literature many 
times (1-5). Hutchings (1) shows that essentially complete de- 
sulfurization is obtained using a high ratio of NaOH to coke, 
a temperature of 750-865OF, and a 7-1/2 hour residence time. 
Lukasiewicz and Johnson (2) desulfurized delayed petroleum coke 
with sodium carbonates and determined an optimum temperature 
of 1,400'F. They obtained up to 67 percent desulfurization using 
Q.28 gm NazCOs/gm coke. Seventy percent of the sulfur removed 
was recovered as a sodium sulfide wash solution. The balance came 
off as HzS. Mason ( 3 )  demonstrated that hydrogen was relatively 
ineffective for desulfurization of fluid coke. Almost 6 hours 
were required for a 50 percent sulfur reduction at 1,300°F. Mason 
also showed that the sulfur content of fluid coke could be increased 
by reaction with a HzS-HZ mixture. Gorin (4) and others (5) 
have also shown the deleterious effect of H2S on char desulfuriza- 
tion. And finally Johnson (6) discovered the combined effect of 
sodium hydroxide and hydrogen for desulfurization of calcined 
coke. 

This paper presents data on desulfurization of fluid 
petroleum coke with hydrogen, with sodium hydroxide and hydrogen 
and, as an outgrowth of this work, sodium sulfide and hydrogen. 
A screening study wherein over 80 potential sulfur acceptors were 
reacted with ground fluid coke at 1,400°F, identified NaOH and 
KOH as effective reagents and, in general, confirmed the con- 
clusion of previous workers. 
small amounts of NaOH with fluid coke was found to be a highly 
efficient desulfurization route. As with all sodium hydroxide 
or carbonate systems, most of the sulfur was recovered as soluble 
sodium sulfur compounds, primarily Hans. Some sulfur was also 
recovered from the off gases, both as HnS and COS. Experiments 
wherein the sodium sulfide product was substituted for the 
sodium hydroxide reactant gave substantial desulfurization resulting 
in significant simplification of the commercial process concept 
as described in U. S .  Patents 3472622 (7) and 3472624 ( 8 )  assigned 
to Tidewater Oil Co. (now Getty Oil Company). 

essentially spherical, dense particles. Ninety-five percent 

The use of hydrogen and relatively 

Fluid coke is a petroleum coke produced as small, low surface, 
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f a l l s  i n  t h e  p a r t i c l e  s i z e  range  of  1 4  t o  2 0 0  mesh. Table 1 shows 
t y p i c a l  p r o p e r t i e s .  The s u l f u r  c o n t e n t  i s ,  of  c o u r s e ,  dependent 
upon t h e  s u l f u r  c o n t e n t  of  t h e  r e s id ium feed  t o  t h e  f l u i d  coker .  
Coke used i n  t h i s  work varied from 3 . 7  t o  7 . 2  p e r c e n t  s u l f u r .  Oxygen 
c o n t e n t  and s u r f a c e  area are f u n c t i o n s  of p a r t i c l e  S i z e  a s  shown 
i n  Table  11. One s t e p  i n  f l u i d  coking  is  t h e  r e h e a t i n g  o f  coke t o  
r e a c t i o n  t empera tu res  by burn ing  wi th  a i r .  This  is  accomplished 
i n  t h e  coker bu rne r ;  p roduct  coke i s  a l so  withdrawn from t h i s  
vessel .  Thus t h e  l a s t  r e a c t i o n  i n  f l u i d  coking i s  an o x i d a t i o n  
and i t  is  n o t  s u r p r i s i n g  t o  f i n d  oxygen i n  t h e  product .  Nor i s  
it  s u r p r i s i n g  t o  f i n d ' m o r e  oxygen on t h e  smaller p a r t i c l e s  which 
have more goemetr ic  s u r f a c e  area p e r  u n i t  weight.  The measured 
s u r f a c e  a r e a  (BET) a l s o  i n c r e a s e s  wi th  dec reas ing  p a r t i c l e  s i z e .  
F igu re  1 i s  a photomicrograph of two t y p i c a l  coke samples and shows 
t h e  e s s e n t i a l l y  s p h e r i c a l  form o f  each p a r t i c l e .  The b a s i c  
s t r u c t u f e  is shown i n  F i g u r e s  2 and 3 .  Coke is l a i d  down i n  t h i n  
l a y e r s  o r  "onion s k i n s "  w i t h  burn ing  occur r ing  between laydown of  
l a y e r s .  These onion  s k i n s  are q u i t e  e v i d e n t ,  and i n  F iqure  3,  
a seed  p a r t i c l e  i s  a l s o  e v i d e n t .  This  s t r u c t u r e  was desc r ibed  
p r e v i o u s l y  by  Dunlop, G r i f f i n ,  and Moser ( 9 ) .  

D e s u l f u r i z a t i o n  w i t h  hydrogen a lone  w a s  found t o  be d i f f u s i o n  
l i m i t e d  as i n d i c a t e d  by a d i r e c t  r e l a t i o n s h i p  w i t h  s u r f a c e  
area as shown i n  F i g u r e  4 .  F l u i d  coke w a s  s c reened  t o  o b t a i n  
t h e  d i f f e r e n t  p a r t i c l e  s i z e  f r a c t i o n s  and r e a c t e d  a t  1,400°F 
€ o r  1 hour  w i t h  hydrogen gas  f lowing  through t h e  bed. Maxim-m 
s u l f u r  removal w a s  approximate ly  4 0  p e r c e n t ;  d e s u l f u r i z a t i o n  
of unscreened coke under  t h e  same c o n d i t i o n s  is  approximately 
15  p e r c e n t .  

I n  another  series o f  exper iments ,  f l u i d  coke w a s  r e a c t e d  
wi th  an e q u a l  weight  of NaOH a t . l , 2 0 O 0 F  €or  1 hour and wi thou t  
a sweep gas .  The p roduc t  mix w a s  cooled ,  e x t e n s i v e l y  washed 
wi th  water, and ana lyzed  f o r  s u l f u r .  E s s e n t i a l l y  complete 
d e s u l f u r i z a t i o n  w a s  o b t a i n e d .  F i g u r e  5 i s  a photomicrograph which 
shows t h a t  t h e  coke p a r t i c l e  i s  l i t e r a l l y  t o r n  a p a r t  by t h e s e  
s e v e r e  cond i t ions .  Unfo r tuna te ly ,  s u r f a c e  area on t h i s  t rea ted  
coke w a s  n o t  measured, b u t  from o t h e r  w o r k ,  it is  e s t i m a t e d  
t o  b e  c l o s e  t o  1 0 0  mz/gram. Thus, NaOH obvious ly  e i t h e r  
e l i m i n a t e d  or d r a m a t i c a l l y  reduced t h e  d i f f u s i o n  b a r r i e r  e v i d e n t  
fo r  d e s u l f u r i z a t i o n  w i t h  hydrogen a lone .  I f  a reduced NaOH 
c o n c e n t r a t i o n  would "open up" t h e  coke s u r f a c e ,  more e f f i c i e n t  de- 
s u l f u r i z a t i o n  w i t h  hydrogen would be a n t i c i p a t e d .  

Experiments w i t h  N a O H ,  H z  and coke were made over t h e  
o p e r a t i n g  range of 8 0 0  t o  1,600°F and 0 . 0  t o  0.40 #NaOH/#coke.  
Aqueous NaOH ( u s u a l l y  50 p e r c e n t  s o l u t i o n )  was sprayed o n t o  
coke p a r t i c l e s  i n  a l i q u i d s - s o l i d s  b lender .  T h i r t y  grams of t h e  
mix w a s  p laced  i n  a q u a r t z  t ube ,  hydrogen f low w a s  s t a r t e d  and 
t h e  mix brought  t o  r e a c t i o n  tempera ture .  A f t e r  a run ,  t h e  
samples w e r e  coo led ,  washed t o  remove sodium compounds - most ly  
s u l f i d e s  - 2nd t h e  coke ana lyzed  f o r  s u l f u r .  F igu re  6 shows t h a t  

/ 
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1,200°F t o  1,400°F i s  t h e  optimum tempera ture  range;  F igu re  7 
t h a t  90 pe rcen t  d e s u l f u r i z a t i o n  can be ob ta ined  w i t h  0.13 #HaOH/ 
#cqke a t  1,220°F, w i th  a 1 hour r e a c t i o n  t i m e .  The cokes from t h e s e  
runs  w e r e  i n d i s t i n g u i s h a b l e  from r a w  coke under t h e  same micro- 
scope used f o r  t h e  e a r l i e r  photomicrographs.  D a t a  f o r  t h e s e  runs  
i s  shown i n  Table  111. Res idua l  sodium a n a l y s e s  w e r e  n o t  made 
on t h e s e  d e s u l f u r i z e d  cokes;  however, later work showed t h a t  sodium 
on coke t r e a t e d  i n  t h i s  manner normally assayed 0.1 t o  0.7 w t .  
pe rcen t .  

Experiments w i th  a 6.0 p e r c e n t  s u l f u r  coke showed s i m i l a r  
r e s u l t s  a l though t h e  pe rcen tage  d e s u l f u r i z a t i o n  w a s  somewhat 
reduced. F igu re  8 and T a b l e  I V  shows d a t a  from t w o  series of  
experiments;  one run  as i n d i c a t e d  f o r  t h e  earlier exper iments ,  
t h e  o t h e r  u s ing  a l a r g e r  r e a c t o r ,  a f l u i d  bed, and a d i f f e r e n t  
system f o r  a d d i t i o n  o f  t h e  hydroxide.  F ive  hundred s i x t y  grams of 
coke w e r e  loaded  i n t o  t h e  r e a c t o r ,  f l u i d i z e d  wi th  n i t r o g e n ,  and 
hea ted  t o  1,200°F. A t  t h i s  p o i n t ,  gas  f low w a s  swi tched  t o  
hydrogen and a 50 p e r c e n t  aqueous s o l u t i o n  of NaOH admi t ted  t o  t h e  
bed s l o w l y  through an a tomiz ing  nozz le .  Addi t ion  of t h e  d e s i r e d  
q u a n t i t y  r equ i r ed  22 t o  33 minutes  a f t e r  which t h e  r e a c t i o n  was 
cont inued  f o r  one hour.  
ob ta ined  f o r  t h e  two systems.  

f u r i z a t i o n  was p r i m a r i l y  due t o  t h e  s t r o n g  g e t t e r  e f f e c t  of 
sodium f o r  s u l f u r  and t h a t  hydrogen s imply f a c i l i t a t e d  t h e  
t r a n s f e r  of s u l f u r  from t h e  coke t o  t h e  sodium. It  appeared 
t h a t  t h e  g e t t e r  w a s  necessa ry  to  minimize t h e  p w t i a l  p r e s s u r e  
of  H2S; wi thout  it, d e s u l f u r i z a t i o n  would be  s e v e r e l y  r e s t r i c t e d .  
P r i m a r i l y  t o  test  t h i s  t heo ry ,  s e v e r a l  runs  w e r e  made i n  which 
sodium s u l f i d e  was s u b s t i t u t e d  f o r  sodium hydroxide.  These runs  
w e r e  mostly c a r r i e d  o u t  i n  t h e  l a r g e r  r e a c t o r  u t i l i z i n g  560 
grams o f  coke and va ry ing  amounts o f  sodium s u l f i d e .  The sodium 
s u l f i d e  came from two sources .  Wash s o l u t i o n s  from d e s u l f u r -  
i z a t i o n  runs wi th  NaOH w e r e  sp ray  d r i e d  t o  o b t a i n  an  e s s e n t i a l l y  
anhydrous product  having a sodium t o  s u l f u r  mole ratio o f  
2.14 t o  1. For o t h e r  r u n s ,  vacuum dehydrated sodium s u l f i d e  
t r i h y d r a t e  was used. The dehydra t ion  was accomplished i n  n i c k e l  
c r u c i b l e s  a t  a p r e s s u r e  of  200 microns w i t h  a maximum tempera ture  
of 360°F reached i n  6 t o  8 hours .  The t r i h y d r a t e  i s  t h e o r e t i c a l l y  
40.9 pe rcen t  water ;  37.7 p e r c e n t  w a s  recovered ,  i n d i c a t i n g  t h a t  
3.2 pe rcen t  wa te r  was n o t  removed. When d r i e d  s lowly  t h e  t r i h y d r a t e  
remained as f l a k e s  which w e r e  e a s i l y  ground t o  -40 mesh. I f  
dehydra t ion  proceeded t o o  r a p i d l y  t h e  f l a k e s  would m e l t  and form 
a fused  mass u n s u i t a b l e  for  f u r t h e r  use.  A l l  d r i e d  Na2S w a s  s t o r e d  
i n  a d ry ,  i n e r t  atmosphere.  

E s s e n t i a l l y  t h e  same r e s u l t s  w e r e  

A t  t h i s  p o i n t  i n  t h i s  development it appeared t h a t  desu l -  

Needless t o  say  t h e  d e s u l f u r i z a t i o n  r e s u l t s  w e r e  n o t  what 
w e r e  expected.  S u l f u r  r e d u c t i o n  d i d  d rop ,  b u t  less t h a n  
a n t i c i p a t e d .  T a b l e  V shows comparisons between t h e  NaOH and 
Na2S systems f o r  bo th  cokes.  For t h e  h ighe r  s u l f u r  coke desul -  
f u r i z a t i o n  dropped from 76 t o  45 p e r c e n t .  For t h e  lower 
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s u l f u r  coke, d e s u l f u r i z a t i o n  dropped from 9 1  p e r c e n t  t o  6 4  per-  
c e n t ;  however, a d d i t i o n a l  r e s idence  t i m e  i n c r e a s e d  d e s u l f u r i z a t i o n  
wi th  Na2S a s  shown i n  F igu re  9 .  

The s i g n i f i c a n t  p o i n t  i n  t h i s  d i scovery  is i t s  e f f e c t  on 
an o v e r a l l  p r o c e s s  concept .  A l l  s u l f u r  removal i s  a s  
v o l a t i l e  s u l f u r  compounds, i . e . ,  H2S and COS. These can be 
recovered  e a s i l y  from t h e  gas  s t ream.  Sodium s u l f i d e  can be 
s e p a r a t e d  from t h e  coke by washing, sp ray  d r i e d  and r ecyc led  
d i r e c t l y  wi thout  conve r s ion  back t o  t h e  hydroxide form. This  
i s  shown i n  F igu re  1 0 .  

The wash s t ep  i s  s t i l l  undes i r ab le .  For  one t h i n g  i t  i s  
c o s t l y ,  f o r  ano the r  i n e f f i c i e n t  as it does n o t  remove a l l  t h e  
sodium added. T y p i c a l  r e s u l t s  show 0 . 1  to  0 . 7  w t .  pe rcen t  r e s i d u a l  
sodium. One more approach was a t tempted  t o  s u b s t i t u t e  s i z e  
c l a s s i f i c a t i o n  f o r  washing. Coke was sc reened  t o  o b t a i n  two 
s e p a r a t e  f r a c t i o n s :  60 t o  80 mesh and 1 5 0  to  200 mesh. The 
1 5 0  t o  200 mesh sample was impregnated w i t h  NaOH and r e a c t e d  
t o  conve r t  i t  t o  t h e  s u l f i d e  form. The recovered p a r t i c l e s  were 
n o t  washed. One hundred f o r t y  grams were mixed wi th  2 9 0  g r v s  
un reac ted  6 0  t o  80 mesh coke. This  m i x  was r e a c t e d  wi th  hy- 
drogen a t 1 , 2 0 0 ° F  f o r  two hours .  A f t e r  r e a c t i o n ,  t h e  60 t o  80 
mesh coke w a s  s e p a r a t e d  and analyzed.  It was then  washed and 
reana lyzed .  R e s u l t s  are shown on Table  V I .  As can be  seen  some 
sodium was t r a n s f e r r e d  t o  t h e  l a r g e r  p a r t i c l e s ,  t h u s  n e c e s s i t a t i n g  
t h e  wash. Thus t h i s  exper iment  f a i l e d  t o  f i n d  a way t o  
e l i m i n a t e  t h e  washing s t e p .  However, t h e  C e s u l f u r i z a t i o n  r e s u l t s  
w e r e  cons ide rab le  b e t t e r  t han  obta ined  wi th  Na2S and e q u a l l y  
as good a s  w i t h  N a O H .  S i x t y  n ine  pe rcen t  d e s u l f u r i z a t i o n  
w a s  ob ta ined .  This  69 p e r c e n t  compares t o  6 6  p e r c e n t  ob ta ined  i n  
one  hour wi th  NaOH and an e s t i m a t e d  50-55 p e r c e n t  t h a t  would have 
been ob ta ined  w i t h  t h e  same q u a n t i t y  of  Na2S.  

A c l e a r  p i c t u r e  of t h e  r e a c t i o n  mechanism f o r  coke desul -  
f u r i z a t i o n  w i t h  sodium compounds and hydrogen has  n o t  r e a l l y  
evolved a l though c e r t a i n  i t e m s  a r e  known. The g e t t e r  e f f e c t  
of NaOH i s  h e l p f u l  b u t  u n e s s e n t i a l  excep t  where v i r t u a l l y  complete 
d e s u l f u r i z a t i o n  is  r e q u i r e d .  
of sodium is t o  e l i m i n a t e  o r  reduce  t h e  d i f f u s i o n  l i m i t a t i o n  
which p reven t s  e f f e c t i v e  d e s u l f u r i z a t i o n  wi th  hydro en  a lone .  

t o  1 0 - 1 2  m2/gm on t h e  r a w  coke. 
H?S, obvious i n  o t h e r  work on coke and c o a l  c h a r s ,  i s  n o t  
l i m i t i n g  when sodium i s  p r e s e n t .  
H 2 S  p l u s  COS had to occur  i n  t h e  i n i t i a l  s t a g e s  of r e a c t i o n .  Some 
sodium e i t h e r  r e a c t s  w i t h  t h e  coke p a r t i c l e  or mig ra t e s  i n t o  
it t o  such a p o s i t i o n  t h a t  it cannot  be removed by washing. 
However, no d i r e c t  r e l a t i o n s h i p  w a s  found between pe rcen t  de- 
s u l f u r i z a t i o n  and r e s i d u a l  sodium. While n o t  d e t a i l e d  i n  t h i s  
r e p o r t ,  t h e r e  i s  ev idence  t h a t  t h e  amount of sodium l e f t  on t h e  
coke i s  a f u n c t i o n  of  t h e  p a r t i a l  p r e s s u r e  of water  vapor dur ing  
t h e  r e a c t i o n .  

It  appears  t h a t  t h e  pr imary r o l e  

Sur face  areas i n  d e s u l f u r i z e d  cokes w e r e  30 t o  60 m 9 /gm compared 
The p a r t i a l  p r e s s u r e  e f f ec t  of 

Concent ra t ions  up t o  5 pe rcen t  
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I n  summary, t h e  d a t a  obta ined  i n  t h i s  s t u d y  i s ,  c o n s i s t e n t  
w i t h  t h a t  r e p o r t e d  by o t h e r  i n v e s t i g a t o r s  of NaOH and HaOH-HZ 
systems. Up t o  9 7  p e r c e n t  d e s u l f u r i z a t i o n  w a s  o b t a i n e d  when pro- 
c e s s i n g  wi th  t h e  NaOH-HZ route, .  However, t h i s  d a t a  a l s o  shows 
up t o  7 4  p e r c e n t  s u l f u r  removal i n  a Na2s-H~ system. Eighty  t o  
90 p e r c e n t  d e s u l f u r i z a t i o n  i s  b e l i e v e d  a t t a i n a b l e  by t h i s  r o u t e  
wi th  f u r t h e r  process  o p t i m i z a t i o n .  
of  HzS t h a t  o c c u r s  i n  t h i s  Na2S-H2 system does n o t  appear  t o  Sigr 
n i f i c a n t l y  r e t a r d  s u l f u r  removal. 
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Ultimate Analysis , wt. % 

Carbon 
Hydrogen 
Nitrogen 
Sulfur 
Oxygen 
Ash 

Physical Properties 
Density, gm/cc 
Surface Area, m2/gm 
Screen Analysis 
+14 Mesh 
+6 0 
+80 
+ l o o  
+150 
+200 
-200 

"Varies with particle size 

87.83 
2.08 
1.34 

(3.8-7.2) 
1.33* 
0.2 

1.524 
1.0- 12 * 

3.7 
26.4 
61.6 
75.7 

91.3 
98.5 
1.5 

I 
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TABLE I1 

Properties of Fluid Coke Size Fractions 

Surfye Area 
Tyler Mesh , m /gram . Oxygen, wt.% 

-35+60 8 1.19 

-60+80 10 1.25 

-80+100 16 1.33 

-100+150 23 1.31 

-150+2 00 38 1.48 

-200 1.39 

. .  . . .. . ..- . . .. . -  
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TABLE 111 
I D e s u l f u r i z a t i o n  of F l u i d  Coke with NaOH and 112 

I 
Temp. 

Run N o .  OF 

Feed Coke - 

5 3 D  

63D 

7 OA 

3 1B 

4 4A 

3 3B 

34B 

4 1 A  

4 OB 

3 4A 

3 5A 

3 5B 

3 6A 

3 6B 

4 2A 

42B 

1 I 200 

1 , 4 0 0  

1 , 600 

1 ,220 

1,220 

1 , 245 

1,210 

1,220 

1 ,225  

1 , 210 

1 , 0 3 0  

1 ,020 

1 , 0 4 0  

1 ,030 

1,030 

1,035 

=H/Coke H2 Time, Min. 
w t . J X - 7  V m . -  P r e l i e a t  Reac t ion  

- 
Effect of Temperature  

0.10 530 8 

0 . 1 0  530 8 

0.10 530 8 

Effect of NaOH/Cokc a t  1,22OoF 

0 . 2 5  530 90 

0 .25  530 90 

0.15 530 90 

0.05 530 90 

0.05 530 90 

0 .05  530 90 

0.00 530 90  

Effect of NaOH/Cokc a t  1,03O0F 

0 . 4 0  530 90 

0.25 530 90 

0.15 530 90 

0.05 530 90 

0 . 0 5  530 90 

0.00 530 90 

- 

60 

60 

60 

60 

60 

60 

60 

60 

60 

60 

60  

60  

60 

60  

60 

60 

3.713 

0.51 

0.60 

2.14 

0.10 

0.22 

0.32 

1 . 5 1  

1 .37  

1.10 

3.01 

0.16 

0.36 

0.67 

2.25 

2.38 

3.51 

I 
! 
I 

I 

- 

86.5 I 

I 84.2 

43.7 
1 
I 

A 97.4 

94.2 

60.3 91-5 E 
I 

95.8 

90.5 

82.4 

I 
I 

37.4 

1 

1 
I 

f 

i S u l f u r  B Desui- 
I__- w t . %  f u r i z a t i o n  , 



Run No. 

3 7A 

37B 

3 EA 

38B. 

4 3B 

4 3A 

53A 

53B 

53c 

5 3D 

- log - 
TABLE I11 (cont.) 

Desulfurization of Flu id  Coke w i t h  NaOIi and H2 

Temp. N_aOH/Coke Time , Min . Sulfur % Desul- 
OF Preheat Reaction wt.% furization 

Effect of NaOH/Coke at 820°F 

820 0 .40  530 90 60 0.73 80.8 

830 .0 .25 530 ? O  60 0.94 75.3 

815 0.15 ' 530 90 69 1.20 68.4 

8.30 0.05 530 90 

815 0.05 530 90 

820. I 0.00 530 9 0 ,  

Effect of Time 

1,200 0.10 530 8 

1,200 0.10 530 8 

1,200 0.10 530 8 

1 , 200 0.10 530 8 

60 

60 

60 

15 

30 

'60  

120 

2.84 

3.18 

3.78 

0.96 

0.87 

0.51 

0.47 

25.3 

16.3 

0 . 1  

74.7 

77 .1  

8 6 . 6  

87.6 
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TABLE IV 

Desu l fu r j . za t io$ i  of F l u i d  Coke w i t h  NaOM and H2 . . -- 
Quartz Tube Pi l o t  FJ a n t  

143 - 142 141 -12- CD 13 CD 16 - Run No. 

React ion  Temp., O F  1 , 2 0 0  1,190 1 , 2 0 0  1,200 1,200 1,200 

Time, Miqutes 
NaOH A d d i t i o n  - - 28 22 33 

60 React ion  T i m e  
T o t a l  Time 60 60 60 88 82 93 

H2 F l o w  R a t e  V/V/IIr .  1,510 1 , 5 1 0  1,510 1,640 1,640 915 

NaOH/Coke w t  . / w t  . 0 .05  0.10 0.15 0.065 0.078 0.147 

- 60 - 60 - 60 - 6Q - 60 - 

S u l f u r  Analyses ,  w t .  % 

Raw Coke 6 . 0  6.0 6.9 6.0 6.0 6.0 
D e s u l f u r i z e d  Coke 

* * * * B e f o r e  Wash 4 .O 5.0 
A f t e r  Wash 2.02 1.55 1.28 F.99 1.87 1.42 

% D e s u l f u r i z a t i o n  66 74 79 67 69 76 

A f t e r  Wash, wt.% 0.63 0.86 * 0.43 0.46 0.71 
R e s i d u a l  Sodium, 

I 

I 

*Not determined 

I 



TABLE V 
Desulfurization of Fluid Coke 

Comparison of NaOB-H2 and Na2S-H, Systems 
Coke A Coke B 

Run No. CD-78 

Reactant Na2S 

Reactant/Coke, wt./wt.0.135 

Reaction Temp. OF 1 , 220 
€I2 Flow, V/V/Hr. 780 

Sulfur Analyses, wt.% 

Raw Coke 6.0 

Desulf' Coke, Washed 
After 30 min. 4.25 

60 3-30 
90 2.50 

120 - 
% Desulf @60 min. 45 

% Desulf @90 min. 58 

Residual Sodium, 
@ 60 min., After Wash 0.68 

Na/S Mole Ratio in Wash 2.49 

* Not Determined 
** Estimated 
***Average 12 runs 

CD-81 - CD-16 

NaOH NaZS 

0.147 0.15 

1,200 1,250 

915 1,780 

6.0 3.8 

'1.75 
1.42 1.35 

1.15 
1.00 

76 . '64 ~ 

79* *  70 * * 

0.71 0.80 

2.29*** 2.39 

33B* 
7 

NaOH 

0.15 

1,245 

530 

3.8 

0.32 

91 

94** 

* \ 

* 

.. , 
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TABLE VI 
__-__I 

~esul .€ui : j .znt~ .cn  o f  F1uj.d Cokc 
Use of Sodiuili Su1fi.de C a r r i e r  

Raw Coke, -601-80 3/1es1i1 6 . 0 %  S, grants 

Reacted Coke with  Na2S, -1501-200 Mesh, grams 

Na2S/Rnw Coke , w t  . / w t .  

Reaction Temperature, OF 

Reaction Time , hrs . 
Sulfur  A n a l y s e s ,  -60+80 Mesh, wt.% 

Raw Coke 

Before Wash 

A f t e r  Wash 

% D e s u l f u r i z a t i o n  

290 

140 

0 . 0 5 6  

1 ,200  

2 

6 . 0 .  

2 .?O 

1 .86  

" 6 9  

1 Sodium Analyses ,  -150+200 Mesh, Recycle  Coke,  w t . %  

S t a r t  of Run $ . E l  

End of Run 1,40 I 
I c 
1 

I 
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PLATE 1 

i Figure 1. Fluid coke particles, untreated. 

Figure 2. Fluid coke particle showing 
"onion skin" structure. 
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PLATE 2 

Figure 3 .  Fluid  coke p a r t i c l e  showing 
"onion sk ins"  and seed p a r t i c l e .  

Figure 5. F lu id  coke a f t e r  r eac t ion  a t  
1 , 2 0 0 ° F ,  1 hour, and with 1 . 0  gm NaOH/gm 
coke. 
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PLATE 3 

Figure 10. Flow diagram for f l u i d  coke  
desulfurization with NaZS and H2. 

I 

I 
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DESULHJRIZING FUEL VIA METAL OXIDES 

R. K. Rhada and W. L. Sage 

The Babcock & Wilcox Co. 
Research Center 
Alliance, Ohio 

INTRODUCTION 

? 

One concept for  desulfurization of fuel involves conversion of the sulfur 
t o  hydrogen sulfide via par t ia l  oxidation w i t h  subsequent removal by reaction 
w i t h  a metal oxide to form a m e t a l  sulfide. The sulfide could then be regen- 
erated with preheated air t o  prohce a stream of concentrated sulfur dioxide. 
This scheme is i l lus t ra ted  in Figure 1. Such a scheme may be used in  several 
processes. One such process for  a two-stage combustion power cycle is i l l u s -  
trated i n  Figure 2. 

While the concept appears a t t ract ive,  very little is known about the 
reaction rates and limitations of desulfurization and regeneration. In order 
to obtain some preliminary data regarding these, bench-scale experiments were 
made using a synthetic gas. 
Based on results of these bench-scale experiments, a small p i lo t  plant w a s  
bu i l t  and tested employing coal gasification and a cyclic sulfur renK)val system. 
Iron oxide was selected because of its low cost and ease of avai labi l i ty .  
ever, other oxides, such as zinc oxide, would probably be jus t  as effective. 

This paper describes our experiments and the i r  results pointing t o  the 
u t i l i t y  of this desulfurizing concept. 

Temperature and gas flow velocity were varied. 

How- 

APPARATUS AND PROrnLlRE 

Bench-Scale Experiments 

A schematic diagram of the bench-scale experimental system is shown i n  
Figure 3. 
cycle) flows a t  a controlled and measured ra te  through a quartz preheater into 
the reactant furnace. 
described later)  is maintained so that the reactant surface temperature is 
constant a t  a predesigned value. The ex i t  gases are cooled, analyzed, and 
vented through a stack. 

t o  trace the temperature prof i le  through the system: 
reactant furnace, surface of reactant, ex i t  of reactant furnace, and ex i t  of 
cooler ( just  prior t o  analysis). The f l a w  ra te  i s  measured before preheating. 

The hydrogen sulfide or sulfur dioxide is analyzed by a colorimetric method 
(modified Reich method) where the H2S or  SO2 is reacted w i t h  a s l ight ly  acidic 
iodine solution. Additionally the other gaseous constituents of interest  such 
as sulfur tr ioxide,  carbon monoxide, carbon dioxide, and oxygen are periodically 
analyzed. 

Gas or a i r  (depending on whether it is an absorption or regeneration 

The furnace containing the reactant c e l l  (details 

High-temperature thermocouples are imbedded in  the folluwing f ive places 
preheater, i n l e t  t o  
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Tho reactant materials were uti l ized: (1) sintered iron powder and (2) 
plain carbon s teel .  
form of cel ls  of 0.25-inch inside diameter and reacting surface area of approxi- 
mately 0.06 square foot. 
powder using a carbon rod t o  create the bore. 
furnace a t  70 F and raised to  1800 F a t  a ra te  of about 900 F per hour. 
cel ls  were held at 1800 F for 3 hours and then cooled gradually for  16 hours. 

The sintered iron powder surface was fabricated in  the 

Each cel l  was formed by packing a tube with f ine iron 
The cel ls  were then placed i n  a 

The 

The plain carbon-steel surface was tested in  two arrangements. The first 
arrangement was i n  the form of an annulus, and the second was in  the form of a 
long single tube with three passes i n  the furnace. 
a 3/8-inch diameter threaded rod i n  a 1/2-inch inside diameter pipe and was 
21 inches long; the active surface w a s  approximately 0.38 square foot. The 
second arrangement was 6.5 f ee t  long, made of 0.269-inch inside diameter pipe; 
the reactant surface was thus approximately 0.45 square foot. 

A l l  tes ts  were s tar ted w i t h  the oxidation cycle. 
( se t  so that  the velocity i n  the reactant c e l l  was between 5 and 30 fps) was 
s tar ted through the system. The preheater temperature was then slowly raised, 
followed by raising the reactant furnace temperature. 
continuously monitored. The cooling water was regulated t o  hold the stack gas 
temperature below about 150 F. After a sufficient oxidation period (greater 
than 1 hour), the a i r  was turned off,  and the gas was started.  
gas, containing* approximately 1% HzS, 1 2 %  CO, 8% COz, 1% CHq, and the balance 
N 2 ,  was s tar ted through the system a t  a controlled rate  (set  for a fixed velocity 
through the reactant ce l l ) .  
and a record was also maintained of the temperature readings of the'various 
thermocouples, the flow ra te ,  and the CO and C02 contents of the exi t  gas. The 
synthetic gas flow was  maintained unt i l  an appreciable breakthrough of H2S w a s  
observed, usually about 1 hour, af ter  which the gas was switched off and the 
a i r  f low was started for  regeneration. 
temperatures, flows, and oxygen content were monitored intermittently. 

After the regeneration, the absorption cycle could be started again. 
Several absorption and regeneration cycles were conducted i n  series to  obtain 
some idea of the effect  of cycling and continuous operation. 
the tes t s ,  the reaction ce l l s  were cut open and examined. 

The first arrangement had 

A i r  a t  a controlled rate  

A l l  thermocouples were 

A synthetic 

The ex i t  gas was continuously analyzed for HzS, 

SO2 was analyzed continuously, and 

A t  the end of 

Pi lot  P l a n t  Tests 

The t e s t  equipment used i s  shown schematically 
graph is shown in  Figure 5. 

i n  Figure 4, and a photo- 

Coal is charged to  a gasification chamber of 1-foot diameter and 10-foot 
The make- length. 

gas from the gasifier passes through a one-stage cyclone chamber with an 
expected efficiency of 80 t o  90% f o r  particulate removal. 

* Essentially the same composition as that of a synthetic gas from a gasifier.  

This chamber is refractory lined to  minimize heat losses. 
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The removal of hydrogen sulfide from products of combustion i s  accomplished 
by reaction on the iron oxide surface. 
employing a carbon-steel surface, t o  handle approximately 400 lb  of gas flow 
per hour. 

The arrangement of an absorbent ce l l  is shown on Figure 6. 
face is made of 0.25-inch diameter carbon-steel rods. 
long rods i n  each ce l l  providing 116 square feet  of surface. 
staggered on 0.375-inch centers covering a 12-inch by 12-inch opening 18 inches 
deep. 
heat loss. 

The absorption ce l l s  were designed, 

The grid sur- 
There are 1780 1-foot 

The rods are 

The cel ls  are refractory lined with 2 inches of Kaocrete "D" t o  reduce 

A secondary furnace and combustor receives sufficient a i r  t o  complete the 
The heat combustion of make-gas, unreacted carbon, and auxiliary natural gas. 

from the flue gas is absorbed by an air heater before the gases pass out the 
stack. 

A i r  flow to  the gasif ier ,  secondary combustor, and ce l l  regeneration is 
controlled by remote pneumatically operated dampers. 
by or i f ice  meters, pressures by manometers o r  gages , and temperatures by well- 
type themcouples.  natural gas by 
or i f ice  meter and coal from a calibration of feeder speed versus coal ra te .  

The method o f  gas analysis was the same as that  i n  the bench-scale tes t s .  
Additionally the Barton Electrolytic Titrator w a s  used for  hydrogen sulfide 
detection a t  the ex i t ,  and a W sulfur dioxide detector w a s  used t o  closely 
follow the regeneration. 

Combustion a i r  t o  the primary combustor was  set a t  a controlled r a t e  t o  main- 
ta in  a desired gas flow through two absorbent ce l l s  un t i l  steady-state condi- 
tions were established. 
placing the secondary combustor i n  service and then the primary. 
combustion a i r  temperature was raised, the desired operating parameters were 
set i n  preparation for  gasification and the absorption cycle. 
a i r  temperature to  the secondary and primary combustors was limited by the 
available a i r  heater surface, resulting i n  a steady-state a i r  temperature of 
650 t o  700 F during gasification. The pulverized coal was fed a t  approximately 
50 pounds per hour for  gasification. This gasification coal was transported 
by compressed air flowing a t  approximately 100 pounds per hour. 

The gas leaving the absorption ce l l s  was continuously analyzed fo r  HzS, 
and the resulting data was recorded unt i l  significant breakthrough o r  satura- 
t ion w a s  apparent. 
ce l l  was placed in  service on the absorption cycle. 
were continuously on absorption while one of the three was on regeneration. 

After the regeneration, the absorption cycle could be s tar ted again i f  
desired. Absorption and regeneration cycles were conducted i n  paral le l  i n  
order to  obtain a bet ter  idea of the effect  of cycling and continuous operation. 

Flow rates are determined 

The fuel feeds are determined as follows: 

A l l  shakedawn and preliminary tes ts  were s tar ted with the oxidation cycle. 

The uni t  was heated up using natural gas by first 
As the 

The combustion 

After this occurred, regeneration was s tar ted,  and the idle 
Normally, two o f  the cel ls  
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RESULTS 

Bench-Scale Experiments 

The following parameters were examined with the sintered iron oxide cel ls :  

Cell dimensions: 
Cell surface temperature: 
Gas velocity: 

0.25-inch inside diameter and 10.5 inches long 
825 and 1200 F 

7 t o  18 f p s  

With the carbon-steel surface (annular and tubular arrangements), the following 
were the parameters: 

- Cell dimensions: 

1. 

2.  

3/8-inch threaded rod i n  1/2-inch pipe, 2 1  inches long for  
the annular arrangement 
0.269-inch inside diameter and 6.5 f ee t  long for  the 
tubular arrangement 

Cell surface temperature: 
Absorption gas velocity: 

1200 and 1600 F 
7 to  20 f p s  

Time, temperature, and gas composition were obtained and are summarized 
i n  Tables 1 and 2. 

The data in Tables 1 and 2 does not include intermediate sulfur concentra- 
tions during absorption and during regeneration.* For one s e t  of parameters 
(1200 F cell temperature and 0.064 scfm flaw during adsorption using the 
tubular heater of 0.45-square-foot surface) the concentration-time curves 
are  shown in  Figures 7 and 8; these are typical resul ts  and are similar to  
the behavior observed under other operating conditions. 

cut open af te r  an absorption cycle. 
iron sulfide was formed, and i f  so, whether the reaction was primarily at the 
surface o r  throughout the wall. 
the reaction was primarily a t  the surface, as evidenced by Figure 9. 

An odd phenomenon was observed a t  1600 F ce l l  temperature, both during 
absorption and during regeneration. I t  w a s  found during absorption that  more 
than 99% of the H2S w a s  absorbed with no breakthrough (or reactant saturation), 
even after 2 hours of absorption. However, regeneration with a i r  w a s  unsuc- 
cessful since surface deformation o r  deposition cawed the flow passage to  be  
blocked. An unusually large amount of internal heat caused the reaction tube 
t o  bend. 

* Periodic Orsat gas analysis shaved no change in  composition of the other 
gas constituents during absorption, nor did it show any oxygen i n  the 
regenerated stream during the peak period of regeneration. 

A microscopic examination w a s  also made of the specially-prepared tube, 
The main purpose was  t o  determine whether 

The microscopic examination revealed that 
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Pilot  P l a n t  Tests 

A plot  of pertinent data for a typical cycle employing c e l l  NO. 1 With a 
f u l l  grid and cell No. 2 with a half grid is  shown on Figure 10. 
area through the grids w a s  0.33 square foot per grid. Make-gas flows were 
obtained by summing the air flow t o  the gasif ier ,  the natural gas, and 50% of 
the coal. On this  basis make-gas flows ranged from 350 t o  500 l b h r .  
assumed make-gas temperature of 1000 F resulted i n  gas veloci t ies  of 5 t o  8 fps 
using two grids or  10 t o  16 f p s  using one grid,  both ranges being well above 
the gas velocities employed for  e lectrostat ic  precipitators. In le t  H2S con- 
centrations were varied from 1000 t o  7500 p p m  by volume using sulfur addition 
for  the higher values. 
sulfur coal (based on 50% theoretical a i r ) .  

The free flow 

An 

These concentrations would be obtained from 0.6 t o  4.5% 

The efficiency* of H2S removal is plotted i n  Figure 11, which indicates 

1. 
2. Removal increases w i t h  contact time. 

that : 

Removal efficiency is favored by operation a t  higher temperatures. 

curves are i n  the order of 0.25 sec fo r  two cells, 0.12 sec for  
one cell, and 0.06 sec using half of the grids i n  one cell. 

Note: 

Contact times f o r  the three 

Since to t a l  gas flow was constant the upper and center curves 
show a 2 t o  1 velocity effect; however, the middle and lower 
curves have only retention t ime .  

The cells were normally regenerated using preheated ail- (500 to  650 F) a t  
flows ranging from 90 t o  165 l b h r .  The grids appeared dark in color following 
the H2S r e m o v a l  cycle and seemed t o  have some carbon deposition on the surface. 
Following regeneration the surface assumed a reddish, rust colored appearance. 
Using the l a s t  120 minutes of data shown on Figure 10 and calculating on the 
basis of 6500 ppm removed from a gas throughput of 450 lb/hr,yields an hourly 
removal ra te  of 40 scf of H2S. On the basis of the 90 lb/hr regeneration r a t e  
employed, an average 3.3% SO2 content would provide a sulfur  balance. 
value appears t o  be a reasonable summation of the area under the  SO2 regeneration 
curves. 

This 

CONCLUSIONS 

The following pertinent conclusions may be drawn from the results of the 
bench-scale and the larger-scale experiments: 

1. The concept of absorption of HzS by iron oxide and subsequent 
regeneration as a concentrated (12 t o  15%) stream of SO2 is technically 
feasible i n  the temperature range of 800 to  1200 F. 
does not decrease due t o  carbon par t ic les  i n  the gas. 
avoid pluggage it is desirable to  operate the absorption unit a t  
1100 t o  1200 F. 

The absorption 
However, t o  

~ ~~ 

* Efficiency is defined as H2S removed/HZS inlet x 100. 
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2 .  The overall desulfurizing reaction, HzS + FeO + FeS + H20, i s  extremely 
rapid and occurs a t  the iron oxide surface. 
limited only by surface saturation. 
above 25 scf of H2S per 100 square feet  of surface. 
and saturation limit are favored by the higher temperatures. 

The overall regeneration reaction, FeS + 02(in a i r )  + FeO + SO (in a i r )  
is  also extremely rapid i n  the temperature range of 800 to 1208 F. 

The reaction appears 
This saturation l i m i t  lies 

Reaction rate  

3. 

On the whole the preliminary experiments reported i n  this paper indicate 
that  the absorption and regeneration reaction rates are rapid. 
rather than reaction, w i l l  control the design parameters. 
t ion limit w i l l  determine the cycling period. 

Diffusion, 
The surface satura- 

DISCUSSION 

The in i t i a l  intent of this  work was t o  establish the technical feasibi l i ty  
of th i s  concept of controlling sulfur emission from fossil fuel f i red  power 
plants. The second objective was to  
obtain sufficient performance data to  permit making a conceptual plant design 
and an economic evaluation. 
t o  establish the precise reaction mechanism o r  the kinetics of the reactions. 

This feas ib i l i ty  has been established. 

These are  currently underway. No attempt was made 
f 
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TABLE 1. SlJhMlRY OF RESULTS WITH SPECIALLY-PREPARED SURFACE 

Exit Gas 

Dim, 
Cycle inches 

Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 

Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 

0.25 
0.25 
0.25 
0.25 
0.25 
0.25 
0.25 
0.25 
0.25 
0.25 

0. 25 
0.25 
0.25 
0.25 
0.25 
0.25 
0.25: 
0.25 

C e l l  Wall 

F 

1200 
1200 
1200 
1200 
1200 
1200 
1200 
1200 
1200 
1200 

825 
825 
825 
825 
825 
825 
825 
825 

Temp Y 

Flow 
Rate , 
scfm 

0.112 
0.111 
0.114 
0.117 
0.114 
0.114 
0.064 
0.064 
0.064 
0.064 

0.064 
0.064 
0.064 
0.064 
0.114 
0.114. 
0.114 
0.114 

- 

Velocity 
i n  Cell, 

fps 

17.5 
17.4 
17.8 
18.3 
17.8 
17.8 
10.0 
10.0 
10.0 
10.0 

7.75 
7.75 
7.75 
7.75 

13.8 
13.8 
13.8 
13.8 

kngth Sulfur Concentration** 
of Cycle, A t  S ta r t ,  A t  End, 

min ppm ppm 
7 
3 
7 
2 
7 
3 

10 
5 
9 
3 -  

. 270 H S 
Large 42" 
-200 H2S 

Large SO2 
-200 H2S 

29000 SO2 
*ZOO HzS 

330 H2S 
Large SO2 

Large s o 2  

9 220 H2S 
3 Large SO2 
9 220 H2S 
2 Large SO2 
6 460 H2S 
2 Large SO2 
6 640 H S 
2 Large d2 

1870 H S 

3300 H2S 
0 332 

5000 H2S 
0 9 2  

3170 H2S 
0 so2 

1650 H2S 
0 332 

0 s o 2  

0 so2 

0 s o 2  

0 s o 2  

0 42 

1700 H2S 

710 H2S 

1780 H2S 

1900 H2S 

* Due t o  rapid evolution of SO2 it was not possible t o  measure exact amount. 

** In le t  sulfur concentration was 10,000 ppm H2S during absorption and approxi- 
mately 0 ppm SO2 during regeneration. 
SO2 e x i t  concentration shown w a s  after an initial transient period. 
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TABLE 2. SlJiMWY OF BENCH-SCALE RESULTS WITH STEEL SURFACE 

Cycle 

Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regenerat ion 
Absorption 
Regeneration 
Absorption 
Regeneration 

Absorption 
Regeneration 
Absorption 
Regene rat ion 
Absorption 
Regeneration 
Absorption 

. Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 
Absorption 
Regeneration 

Cell 

Annular 
I I  

I 1  

I t  

11 

I I  

I 1  

I 1  

I t  

I 1  

I 1  

11 

Tubular 
1 1  

I t  

I1  

I t  

1 1  

I t  

1 1  

I 1  

11 

I t  

I I  

I I  

I t  

Cell Wall Flow 
Temp, Rate, 
F scfm 

1200 0.120 
1200 0.026 
1200 . 0.060 
1200 0.026 
1200 0.060 
1200 0.026 
1200 0.120 
1200 0.027 
1200 0.120 
1200 0.027 
1615 0.060 
1615 0.027 

1200 0.064 
1200 0.027 
1200 0.064 
1200 0.031 
1200 0.064 
1200 0.032 
1200 0.062 
1200 0.028 
1200 0.120 
1200 0.038 
1200 0.120 
1200 0.037 
1600 0.120 
1600 0.027 

Velocity 
in Cell, 
fps 
10.5 
2.3 
7.0 
2.3 
7.0 
2.3 
10.5 

2 .4  
10.5 

2.4 
8.8 
4.0 

8.5 
3.6 
8.5 
4.1 
8.5 
4.2 
8.2 
3.7 
15.9 
5.0 
15.9 
4.9 
19.7 
4.4 

Length 
of Cycle, 
min 

9 
12 
33 
17 
30 
12 
8 
7 
8 
10 
128 
Large 

13 
5 
17 
5.2 

20 
5.8 
24 
8.3 

20 
12 
24 
14 
80 
Large 

Exit Gas 
Sulfur Concentration" 
At Start, At End, 

ppm ppm 
320 H2S 2760 H2S 

96500 SO2 0 SO2 
120 H2S 2740 H2S 

90 H2S 2000 H2S 

110 HzS 2660 HzS 
96000 SO2 0 SO2 
305 HzS 2200 H2S 

133000 SO2 0 SO2 

151000 so2 0 so2 

122000 s o 2  0 SO2 

<lo0 H2S No Breakthrough 
0 s o 2  o s 0 2  

65 HzS 3100 H2S 

50 H2S 1210 H2S 
13100 SO2 0 SO2 

40 HzS 1280 HzS 
13100 SO2 0 SO2 

45 H2S 1400 H2S 
12700 SO2 0 SO2 

60 H2S 1600 HzS 
14300 SO2 0 SO2 

90 H2S 750 H2S 
16000 SO2 0 SO2 

50 HzS No Breakthrough 

10100 SO2 0 so2 

0 SO2 0 so2 

* Inlet sulfur Concentration was 10,000 ppm HzS during absorption and approxi- 
mately 0 ppm SO2 during regeneration. 
SO2 exit concentration shown was after an initial transient period. 
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FIQJRE 3. SCHEMATIC D I A W  OF BENCH SCALE EXPERIMENT 
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FICURE 7. TYPICAL H S CONCENTRATION VS TIME CURVE 

DURING ABhRPTION FOR BENCH SCALE TESTS 
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FI(;URE 8. TYPICAL H S CONCENTRATION VS TIME CURVE 
DURING RE~ENFRATION FOR BENCH SCALE TESS 
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Hydrogenolysis  of  Benzo[b]thiophenes and 

Re la t ed  I n t e r m e d i a t e s  over  Cobal t  Molybdena C a t a l y s t  

BY 

Edwin N. Givens and Paul  B. Venuto 
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INTRODUCTION 

The chemis t ry  of s u l f u r  removal from h igh  molecular  weight  

h e t e r o c y c l i c  s u l f u r  compo-unds has  become o f  i n c r e a s i n g  i n t e r e s t  w i t h  

t h e  r e f i n i n g  of h igh  b o i l i n g  and r e s i d u a l  petroleum f r a c t i o l i s .  

genzothiophenes have long  been recognized  a s  majoF c o n s t i t u e n t s  of 

h e a v i e r  f r a c t i o n s .  

f ami ly  was t h e  p a r e n t  compound, beqzo[b] th iophene ,  I (1). Sub- 

sequen t ly ,  22  a lky lbenzo[b ] th iophenes  have been i d e n t i f i e d  i n  a 

200-250°C d i s t i l l a t e  of  Wasson, Texas cr-dc oil- (2 ,3 )  . Five  

compounds i n  t h i s  group,  2-methyl- (111,  3-methyl- (111) , 2,3-di-  

methyl- ,  2,4-dimethyl- and 2,7-dimethyl- benzo[b l th iophene ,  comprise 

over 80% of  t h e  benzothiophenes p r e s e n t  i n  t h e  200-250°C d i s t i l l a t e  

The f i r s t  isolated and i d e n t i f i e d  m e m b e r  of t h i s  

f r a c t i o n .  

L i t t l e  q u a n t i t a t i v e  in fo rma t ion  is available concerning 

t h e  behav io r  of t h i s  type  o f  fused  2-r ing h e t e r o c y c l i c -  s u l f u r  

molecule  under hydrogenat ive  p rocess ing  c o n d i t i o n s  ( 4 ) .  It has  

been r e p o r t e d  t h a t  t h e  hydrogenolys is  of benzothipphene I wi th  

Raney n i c k e l  (2 ,5 )  , pal lad ium on alumina ( 6 , 7 ) ,  molybdenum d i s u l f i d e  

(8 ,9 )  , and c o b a l t  molybdena (10,111 gives e thy lbenzene  and e t h y l -  

cyclohexane,  o r  a mix tu re  of t h e s e  two compounds. Over molybdenum 

d i s u l f i d e  i n  t h e  l i q u i d  phase ,  1 is conver t ed  i n  2 hours  a t  425OC 
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and 4 1  a tmospheres  t o  e thylbenzene  i n  9 0 %  y i e l d  ( 9 )  wh i l e  a t  34OOC 

and  100 atmospheres ,  a lower tempera ture  and h i g h e r  p r e s s u r e ,  I 

r e a c t s  j u s t  as e a s i l y  (93% convers ion)  t o  g i v e  e thylbenzene  i n  

8 0 %  y i e l d  and e thy lcyc lohexane  i n  8% y i e l d  ( 8 ) .  Coba l t  molybdena 

i s  e q u a l l y  a s  e f f e c t i v e ,  g i v i n g  9 1 %  s u l f u r  f r e e  p roduc t  i n  8 hours  

a t  4 O O O C  and 1 atmosphere (10,ll). I n  c o n t r a s t ,  a lmos t  no informa- 

t i o n  is a v a i l a b l e  on t h e  hydrogenolys is  of  a l k y l  benzo[b l th iophenes .  

L ikewise ,  l i t t l e  i s  known on t h e  mechanism of  t h i s  r e a c t i o n .  

Cawley c o n j e c t u r e d  some y e a r s  ago i n  comments t o  t h e  work of  Hoog, 

et .  a l .  (llb) t h a t  2 , 3-dihydrobenzo [bl th iophene  ( I V )  i s  an  in t e rmed ia t e  

i n  t h i s  r e a c t i o n  (12). There i s  as y e t  s t i l l  no ev idence  regard ing  

t h i s  s u p p o s i t i o n .  

Evidence r e g a r d i n g  t h e  r e l a t i v e  e a s e  w i t h  which thiophene 

and benzo[b ] th iophene  d e s u l f u r i z e  is c o n t r a d i c t o r y .  Landa and 

Mrnkova ( 8 )  found I was more e a s i l y  d e s u l f u r i z e d  than  th iophene .  

Yamada ( 9 ) ,  on t h e  o t h e r  hand, found t h e  o p p o s i t e ,  w h i l e  Papadopoulos 

and  Wilson (10) found t h e i r  r e a c t i v i t y  n e a r l y  e q u i v a l e n t .  

The l a c k  of in fo rma t ion  on t h e  chemical  behav io r  o f  t h e s e  

i m p o r t a n t  petroleum c o n s t i t u e n t s  has  l e d  us  t o  a n  examinat ion  of t h e  

hydrogeno lys i s  of benzo[b ] th iophenes  ove r  a commercial ly  a v a i l a b l e  

c o b a l t  molybdena c a t a l y s t .  The v a r i o u s  benzothiophenes examined 

here a r e  c l e a r l y  r e p r e s e n t a t i v e  of  t h o s e  found i n  pe t ro leum s i n c e  

a l l  were i d e n t i f i e d  i n  Wasson, Texas,  c rude  o i l  ( 2 ) .  I n  a d d i t i o n ,  

various p o s s i b l e  i n t e r m e d i a t e s  have been examined under  the same 

c o n d i t i o n s  to f u r t h e r  e l u c i d a t e  t h e  sequence of s t e p s  involved  i n  

d e s u l f u r i z a t i o n .  

L 

f 

r 
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EXPERIMENTAL 

A l l  m e l t i n g  p o i n t s  w e r e  o b t a i n e d  on a F i she r - Johns  

m e l t i n g  p o i n t  b lock .  The i n f r a r e d  s p e c t r a  w e r e  de t e rmined  w i t h  

a Perkin-Elmer Model 337 g r a t i n g  s p e c t r o p h o t o m e t e r - a s  e i t h e r  n e a t  

l i q u i d s  o r  suspens ions  i n  potassium bromide p e l l e t s .  The NMR s p e c t r a  

w e r e  determined on a Varian Model A-60 NMR s p e c t r o m e t e r ,  u s i n g  

t e t r a m e t h y l s i l a n e  as t h e  i n t e r n a l  r e f e r e n c e .  The mass s p e c t r a  were 

o b t a i n e d  w i t h  a CEC Model 21-103 mass spectrometer a t  a n  i o n i z i n g  

p o t e n t i a l  of 70 ev u s i n g  a n  a l l  glass i n l e t  system. Gas - l iqu id  

p a r t i t i o n  chromatography was performed w i t h  an F&M Model 810 g a s  

chromatograph u s i n g  a 12  f t . ,  1/8 i n .  0.13. column packed w i t h  20% 

Carbowax 20 M on Chromosorb W. P r e p a r a t i v e  s e p a r a t i o n s  w e r e  done 

e i t h e r  on t h i s  chromatograph or on a H e w l e t t  Packard Model 775 

p r e p a r a t i v e  g a s  chromatograph. 

A. M a t e r i a l s  

C a t a l y s t .  The c o b a l t  molybdena w a s  H a r s h a w  CoMo 0601 
2 suppor ted  on an  alumina s u r f a c e  ( S .  A. 160 m /g. COO, 3%; Moo3, 

1 0 . 0 % ) .  The noble  m e t a l  c a t a l y s t s  w e r e  0.298 Pd, 0.32% Rh and 

0.60% P t  on non-acidic  a lumina composi t ions  ( 1 3 ) .  The c a t a l y s t s  

were ground t o  8/14 mesh p a r t i c l e s  and p r e t r e a t e d  i n  hydrogen a t  

500-550°C f o r  t h r e e  hours  immediately p r i o r - t o  use .  

Benzo [bl th iophenes .  3-Methylbenzo [bl  t h i o p h e n e  w a s  p r e p a r e d  

by t h e  method of Werner ( 1 4 )  and B a n f i e l d  (15) .  1-Phenylmercapto- 

propanone-2 w a s  p repared  f r o m  t h i o p h e n o l  and 1-chloro-2-propanone 

and c y c l i z e d  to  3-methylbenzotbl thiophene;  n? 1.6237 [ L i t .  (16)  

n? 1 .62521;  Mw(MS) 148: s u l f o n e ,  mp 140' [ L i t .  ( 1 4 )  146-146.5Ol. 



The following compounds were also prepared by the above 

method: 

nio 1.6170) Mw (MS) 162; 2,3,7-trimethylbenzo [bl thiophene, mp 50 

(Lit. (14) mp 51-2') Mw(MS) 176: sulfone, mp 192' (Lit. (14) 190- 

191') : 3,7-dimethylbenzo[bl thiophene, bplaO 92', nio 1.6069 (Lit. 

(15) bp12 122-4, nA5 1.6090) Mw(MS) 162. 

2,3-dimethylbenzo[b] thiophene, n;' 1.6071 (Lit. (14) 

2-Methylbenzo [bl thiophene was produced from &(o-carboxyl- 

phenylmercapto) propionic acid [mp 196' (Lit. (17) mp 193-195O)I 

by the method of Hansch and Lindwall (181, mp 40' (Lit. (20), mp 

51-52), Mw(MS) 148: sulfone, mp 107' (Lit. (20) 108.5-110°). 

7-Methylbenzo [bl thiophene was synthesized by the method of 

Sunthankar and Tilak (21) : bp0.5 56', nio 1.6110 (Lit. (21) bp4 

110-115'. 2,7-Dimethylbenzo[b]thiophene was prepared in a similar 

fashion bpos3 66-67' (Lit. ( 2 0 )  bpll 132-136') n;' 1.6054, Mw(MS) 162. ' 
2,3-Dihydrobenzo[b] thiophene. Oxidation of benzo [b] thiophene c 

with hydrogen peroxide and acetic acid gave benzo[blthiophene 1,l- 

dioxide, rnp 139' (Lit. (22) 142-3') that was hydrogenated over 10% 

Pd on carbon in ethanol to give 2,3-dihydrobenzo[b]thiophene 1,l- 

dioxide, mp 9l0 (Lit. (23) mp 91-92'). This was treated with lithium 

aluminum hydride in ether to give 2,3-dihydrobenzo[b] thiophene ( 2 4 )  r 

bp5 94-96', 
f 

(Lit.' (25) bp6 93'); nD 1.6195 (Lit. (25) ni5 1.6195); 

infrared is identical with earlier data (25). ,r 

2,3,7-Trimethylbenzo [b] thiophene 1-dioxide in ethanol was r 

I 

2,3-Dihydro-2 , 3,7-trimethylbenzo [b] thiophene 

reduced over 10% palladium on charcoal at 12OOC and 750 psig hydrogen. 

The solvent was removed and the resulting material chromatographed I 
over silica gel. Non-sulfone contaminants were removed with benzene 

and the product was then eluted with 50% benzene - 509 methanol. i 

1 
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This  material w a s  t r e a t e d  w i t h  l i t h i u m  aluminum h y d r i d e  i n  tetra- 

hydrofuran  fo r  1 .5  hours .  The deoxygenated p r o d u c t  was s e p a r a t e d  

by chromatography on s i l i c a  g e l .  Two major  p r o d u c t s  were isolated 

by p r e p a r a t i v e  g a s  l i q u i d  chromatography c o n s i s t e n t  w i t h  threo-  and 

erythro-2,3-dihydro-2~3,7-trimethylbenzo[blthiophene~ 

= 1.1-1.7 
& 3-CH3 F i r s t  p roduct :  Mw(MS) 178; NMR 6 2-CH3 

5 

ppm ( 6 )  1 6 7-CH3 = 2.1-2.3 ( 3 1 ,  6 2-H = 3.2-3.8 (11, 6 3-H = 2.7-3.2 

= 8.0 H z .  Su l fone :  m p  
JH2 H3  

(11, 6 aromatic = 6-7-7.2 ( 3 1 ,  

69-69.5OC. I n t e g r a l  r a t i o s  are shown i n  p a r e n t h e s e s .  

Second product :  Mw(MS) 178; NMR 6 2-CH3 and 3-CH = 1.0-1.4 
3 

ppm ( 6 )  

('1 1 6 H a romat i c  

6 7-CH3 = 3.0-3.6 (31,  6 2 - H  = 3.2-3.8 ( 1 1 ,  6 3-H = 3.6-4.2 

= 6.8  Hz. 
JH2 H3 

= 6.7-7.2 ( 3 ) ,  

2-Ethyl thiophenol .  This  compound w a s  p repa red  by t h e  method 

of Kwart and Evans ( 2 6 ) .  The o i l  p roduc t  was d i s s o l v e d  i n  hexane and 

e x t r a c t e d  wi th  1 0 %  sodium hydroxide.  The b a s e  soluble m a t e r i a l  a f t e r  

a c i d i f i c a t i o n  and d i s t i l l a t i o n  w a s  found t o  be t h e  d e s i r e d  p r o d u c t  [bp 

208' a t  760 mm or 72O a t  5 mm ( L i t .  (27)  208O a t  1 atm.); n i o  1.56601. 

The hexane s o l u b l e  m a t e r i a l  proved t o  b e  2-e thylphenyl  

Anal .  Calcd .  f o r  C9H12S; C ,  methyl s u l f i d e ,  bp5 87'; nD 1.5700. 

71,OO; H ,  7.94; S t  21.05. Found: C,  70.74; H ,  8.03; s, 20.7. 

Benzo [b]  th iophene  , p - p h e n y l e t h y l  mercaptan ,  and e t h y l  

phenyl  s u l f i d e  w e r e  o b t a i n e d  from commercial s o u r c e s  and r e q u i r e d  n o  

f u r t h e r  p u r i f i c a t i o n .  

4,5 , 6 , 7-Tetrahydrobenzo [b ]  th iophene  w a s  p repa red  by t h e  

Clemmensen r e d u c t i o n  o f  4-keto-4,5,6,7-tetrahydrobenzo[b] th iophene;  

bp5 75O ( L i t .  (28) b p j  53-58O); nD 1.5555 ( L i t .  ( 2 9 )  n i o  1.5572) .  

B. Apparatus ,  Procedure  and Ana lys i s  

A con t inuous  f low r e a c t o r  system w a s  employed. Reac tan ts  

( d i l u t e d  t o  50% w t .  i n  hexane)  w e r e  f l a s h e d  i n t o  t h e  c a r r i e r  g a s  and 



- 140 - 
passed  through t h e  c a t a l y s t  bed.  100 mm of t h e  t u b u l a r  r e a c t o r  

l e n g t h  ( 1 4 0  mm x 2 2  nun) c o n s i s t e d  of a q u a r t z  p r e h e a t e r  main ta ined  

a t  t h e  same t empera tu re  a s  t h e  c a t a l y s t  bed. The r e a c t a n t  flow was 

mainta ined  by a s y r i n g e  pump. The reactor e f f l u e n t  was passed  

through a water  condenser  and t h e  l i q u i d  condensa te  ana lyzed .  

Product  r e c o v e r i e s  w e r e  e x c e l l e n t  w i th  l i t t l e  coke accumula t ion  

du r ing  t h e  r e a c t i o n .  

c o n t a i n i n g  f r a c t i o n s  w a s  made by g a s - l i q u i d  chromatography on a 

Carbowax 20M s u p p o r t e d  column. P o s i t i v e  i d e n t i f i c a t i o n  of t h e  

p roduc t s  was accomplished by comparing r e t e n t i o n  times wi th  a u t h e n t i c  

samples  and by o b t a i n i n g  mass s p e c t r a  of  samples  i s o l a t e d  by 

p r e p a r a t i v e  chromatography and comparing them w i t h  known s p e c t r a .  

Conversions and p r o d u c t  d i s t r i b u t i o n s  a r e  based on r ecove red  con- 

d e n s a t e ,  where d e t e c t o r  response  i s  uncor rec t ed  excep t  as determined 

Ana lys i s  o f  t h e  hydrocarbon and s u l f u r  

by expe r imen ta l  means f o r  I ,  I V  and e thylbenzene  where d e c t o r  

r e sponse  i s  p r o p o r t i o n a l  t o  molar  r a t i o s .  

RESULTS AND D I S C U S S I O N  

Both s u l f u r  c o n t a i n i n g  and s u l f u r  f r e e  (hydrocarbon)  

p roduc t s  were formed i n  t h e  gas  phase hydrogenolys is  of methyl  

and polymethyl  s u b s t i t u t e d  benzo [bl t h iophenes  a t  1 atmosphere 

and 4OOOC over  c o b a l t  molybdena. Under t h e s e  c o n d i t i o n s  benzo 

th iophene  ( I )  w a s  c o n v e r t e d  t o  e thy lbenzene  and hydrogen s u l f i l  

(Table  1). Over alumina suppor t ed  noble  metal c a t a l y s t s ,  2 , 3 -  

b l -  

e 
I 

I 
J 

dihydrobenzo[b]thiophene (IV) w a s  a l s o  a major  product .  N o  o t h e r  

s p e c i e s  ( o t h e r  t h a n  t h o s e  i n  equa t ion  1) were observed  i n  amounts 

g r e a t e r  t han  1% of  t h e  p roduc t  mix tu re .  
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I 

t .  

I 

\ 

I 

I IV 

The t r u e  c a t a l y t i c  n a t u r e  Qf t h i s  r e a c t i o n  is obvious 

from t w o  obse rva t ions .  F i r s t ,  t h e  thermal  s t a b i l i t y  of I, and 

presumably t h e  o t h e r  benzo[b l th iophenes ,  is  e v i d e n t  f r o m  t h e  

absence  o f  any r e a c t i o n  o v e r  n o n a c i d i c  alumina under  l i k e  condi- 

t i o n s  a t  400'C. Secondly,  t h e  importance of hydrogen i n  t h i s  

r e a c t i o n  i s  i l l u s t r a t e d  by t h e  l a c k  o f  any r e a c t i o n  of  I over  

cobalt molybdena i n  n i t r o g e n  a t  400OC. 

. T a b l e  1 

Hydrodesul f u r  i z a t i o n  of  Benzothiophenea 

P roduc t s  
Conversion Ethylbenzene E Other  b C a t a l y s t  

4 -- C o b a  It molybdena' 91-99 96 
d Cobalt molybdena 

Non-acidic alumina 

none 

none 

Pt on non-ac id ic  a lumina 24 - 9 2  ' 8 -- 
Rh o n  non-ac id ic  a lumina 1 4  84 1 6  -- 
Pd on non-ac id ic  a lumina 2 7 5  25 -- 
a. Condi t ions :  LHSV 0.30; H 2 / I  = 3; 400OC; samples  t aken  a f t e r  

one hour  on stream; P r e t r e a t :  3 H r s .  a t  15 cc/min/8cc 
c a t a l y s t  a t  500OC;  I charged  a Z 2 ; 0 %  by weight  hexane. 

b. For c a t a l y s t  d e s c r i p t i o n s  see Experimental .  

c. I n  a n o t h e r  r u n  wi th  H -H S p r e t r e a t  (25  cc/min. H2,  lOcc/min. 
H 2 S  a t  400OC) observe3  9?% convers ion  w i t h  same s e l e c t i v i t y .  

Run made i n  N2;  sample t aken  a t  0.5 h r .  on stream. d. 

, 
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A l l  of t h e  c a t a l y s t s  w e  t e s t e d  were reduced i n  hydrogen 

f o r  3 hours  a t  500-550°C immediately b e f o r e  use.  S i n c e  s u l f i d i n g  

had  n o  e f f e c t  on t h i s  r e a c t i o n  t h e  c a t a l y s t s  were used  i n  t h e  ox ide  

s ta te .  A s i m i l a r  l a c k  of any a f f e c t  by s u l f i d i n g  was observed  by 

Lipsch  and S c h u i t  ( 3 0 )  on t h e  th iophene  d e s u l f u r i z a t i o n .  

A t  a c o n s t a n t  hydrogen- reac tan t  r a t i o  f o r  cobal t  molybdena 

t h e  l o g  convers ion  var ies  l i n e a r l y  w i t h  LHSV (Table  2 ) .  I t  appea r s  

t h a t  t h i s  r e a c t i o n  i s  n o t  unduly compl ica ted  by d i f f u s i o n  problems 

a t  t h e  c o n d i t i o n s  used  h e r e .  N o  a p p a r e n t  a g i n g  was observed  du r ing  

t h e s e  4 hour runs  over c o b a l t  molybdena. T h i s  a g r e e s  wi th  t h e  

r e s u l t s  o f  Kolboe who found t h e  same absence  of  ag ing  f o r  th iophene  

hydrogeno lys i s  o v e r  c o b a l t  molybdena (31) .  W e  a l so  found t h a t ,  

w i t h  t h e  noble  metal  c a t a l y s t s ,  conve r s ion  of  I dropped r a p i d l y  

w i t h  t i m e  on s t r eam.  

Table  2 

E f f e c t  o f  LHSV on Benzo[b] t h iophene  Conversion o v e r  Cobal t  M o l y b d e s  

I 

0 .3  1 . 2  cc /h r .  8 cc/min 8 3  1 3  

-2- H R a t e  Ethylbenzene - - LHSV Flow R a t e  o f  I 

1.0 4.0 25 63 34 

2.0 8.0 50 44 54 

4.0 16 .O 100 18 82b 

a. C a t a l y s t ,  4cc ( 3 . 3 1  9); 4OOOC; y i e l d s  i n  mole p e r c e n t .  

b. Conta ins  2% IV. 

A. Product  C h a r a c t e r i s t i c s  

The p r o d u c t  d i s t r i b u t i o n s  from t h e s e  r e a c t a n t s  are  

dependent  on t h e  number and p o s i t i o n s  of methyl  s u b s t i t u e n t s ,  and 



- 143, - 

1 

I 

- _. 

! 

. 

become i n c r e a s i n g l y  complex a s  t h e  number o f  methyl  s u b s t i t u e n t s  

i n c r e a s e  i n  t h e  r e a c t a n t .  

1. Primary S u l f u r  Ex t rus ion  

The main hydrocarbon p roduc t s  from t h i s  r e a c t i o n  a r i s e  

from s imple ,  d i r e c t  s u l f u r  e x t r u s i o n .  This  i s  i l l u s t r a t e d  i n  

equa t ion  2 below wi th  2-methylbenzo[b]thiophene (11) which gave 

n-propylbenzene a s  t h e  major  hydrocarbon p roduc t  (Table  3 )  . 

, .  
. .  . .  

. . . .  

, . ... . _ _  -. . . . . ___. .. . 

(2.) 

2. Alkyl  Migra t ion  on Thiophene Ring 

The m a j o r  s u l f u r  c o n t a i n i n g  p r c d u c t s  a r i s e  from 1,2-methyl 

s h i f t s  on t h e  th iophene  r i n g .  For  example,  the 3-methylbenzo[bl thio-  

phene (111) produced from I1 a r o s e  by a s imple  methyl  s h i f t  from 

t h e  C-2 t o  t h e  C-3  p o s i t i o n  a s  shown i n  equa t ion  3.  

@yA N C H 3 >  @-JjCH3 (3 1 

CH3 . 
I1 I11 

3. Dea lky la t ion  From Thiophene Ring 

S u l f u r  c o n t a i n i n g  p roduc t s  a l so  a r i s e  f r o m  loss o f  

th iophene  r i n g  methyl  s u b s t i t u e n t s .  Fo r  example, I w a s  formed 



@--Jcn3 

8 Q-iJ "3 
I Roduet 

."3 
b 'I 

I 
R 

3 1  

O b  

I 

i 

Cku'gc 

15 16 

I5 11 

.. 
r. 

. .  
r 



I . .  

I '  

b ', 
- 145 - 

1, 

from I1 by s imple  d e a l k y l a t i o n  of  t h e  2-methyl s u b s t i t u e n t  a s  
I !  

! 

shown i n  e q u a t i o n  4 .  

@-A \ S 
I1 

. .  . . . . . . . _. , 

e. 

,. >m - CH3 

CH3 
I 

( 4 )  

. .  . 
. .  

These d e a l k y l a t i o n  p roduc t s  w e r e  u s u a l l y  formed i n  

smaller amounts t h a n  t h o s e  produced v i a  e q u a t i o n  3. This ,  of cour se ,  

does  n o t  app ly  where bo th  th iophene  p o s i t i o n s  are occupied  and t h e  

p a t h  i n  e q u a t i o n  3 i s  imposs ib l e .  For example, I1 and I11 found i n  

t h e  p roduc t  from 2,3-dimeth~lbenzo[b]thiophene, a s  shown i n  equa t ion  

5, r e s u l t e d  from monodemethylation r e a c t i o n s .  These were t h e  major  

s u l f u r  p roduc t s  s i n c e  s imple  1,2-methyl s h i f t s  were n o t  p e r m i t t e d  

i n  t h e  r e a c t a n t .  

1 
I 

. _ _  - - -  I- 
i . '  I 

' ,  6 p  
4 .  Secondary S u l f u r  Ex t rus ion  

@gCH3 I1 

( 5 )  

Hydrocarbon p roduc t s  r e s u l t i n g  f r o m  s imple  s u l f u r  

e x t r u s i o n  of r e a r r a n g e d  and demethyla ted  s u l f u r  p r o d u c t s  a r e  found 

i n  somewhat lesser amounts t h a n  t h e  d i r e c t l y  formed e x t r u s i o n  

p roduc t  i n  e q u a t i o n  ( 3 ) .  T h i s ' i s  i l l u s t r a t e d  by e q u a t i o n  6 where 

\ 

', 
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t h e  cumene and e thy lbenzene  formed from I1 r e s u l t e d  from s u l f u r  

e x t r u s i o n  of the me thy l  r ea r r anged  and d e a l k y l a t e d  p roduc t s ,  I11 

and I ,  r e s p e c t i v e l y .  

The same e x p l a n a t i o n  is a p p l i e d  t o  t h e  format ion  of 

n-propylbenzene and cumene from 2,3-dimethylbenzo[blthiophene 

i l l u s t r a t e d  i n  e q u a t i o n  5.  

5. R e l a t i v e  I n e r t n e s s  of  Alkyl  S u b s t i t u e n t s  on Benzene Ring 

Methyl s u b s t i t u e n t s  on t h e  benzene r i n g  of benzo[b l th io -  

phene n e i t h e r  r e a r r a n g e  n o r  d e a l k y l a t e  under .  t h e  c o n d i t i o n s  used i n  

t h i s  s tudy .  The p r o d u c t s  a r e  t h e  same as those  from non-s ix- r ing  

s u b s t i t u t e d  benzo [b l  t h iophenes  e x c e p t  t h a t  each product  bears an 

a p p r o p r i a t e l y  placed methyl  s u b s t i t u e n t .  For example, 7-methyl- 

benzo [b] th iophene  gave  o n l y  3 -e thy l to luene  ( equa t ion  7 )  . N e i t h e r  

t h e  o r t h o  or para isomer  was produced. The p roduc t  d i s t r i b u t i o n s  

i n  Table  3 ,  where t h e  7-methyl and t h e  non-s ix- r ing  s u b s t i t u t e d  

benzo[bl  t h iophenes  are compared, a t t e s t  t o  t h i s  fact. 

CN 

(T t 7'1 

CH 3 
. ... , .  
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Applying t h e s e  r e l a t i o n s h i p s  p e r m i t s  us t o  p r e d i c t  w i t h  

some c e r t a i n t y  t h e  p r o d u c t s  f r o m  hydrogenolys is  of  any o t h e r  

methyl- o r  polymethyl-benzo [b]  thiophene.  

th iophene  from Table  3 a s  an example, w e  found t h e  p r e d i c t i o n s  and 

r e s u l t s  a g r e e ,  namely: 

Using 3,7-dimethylbenzo [bl - 

1. 

2. . .  

3. 

4 .  

3- isopropyl to luene  was t h e  major hydrocarbon product  

(compare w i t h  e q u a t i o n  2) ;  

2 , 7-dimethylbenzo [b]  th iophene  and 7-methylbenzo [bl-  

th iophene  w e r e  t h e  ma jo r  s u l f u r  c o n t a i n i n g  p r o d u c t s  

(compare w i t h  e q u a t i o n s  (3)  and ( 4 )  r e s p e c t i v e l y )  ; 

lesser amounts of  3-n-propyl toluene and 3-ethyl-  

t o l u e n e  t h a n  t h e  major hydrocarbon p r o d u c t  w e r e  formed 

(compare w i t h  e q u a t i o n  (5 )  ; 

no loss or  m i g r a t i o n  of the methyl  group o r i g i n a l l y  

a t t a c h e d  to t h e  benzene r i n g  of t h e  3,7-dimethylbenzo [b] - 
th iophene  occurred .  

The same a p p l i e s  t o  o t h e r  examples chosen from Table  3. 

B. A l t e r n a t i v e  Mechanisms 

Although v a r i o u s  a l t e r n a t i v e  e x p l a n a t i o n s  may be a p p l i e d  

t o  e x p l a i n  c e r t a i n  p r o d u c t s ,  g e n e r a l l y  on close examinat ion t h e y  

are less t e n a b l e  t h a n  t h o s e  a l r e a d y  p o s t u l a t e d .  For example, i f  

e thy lbenzene ,  formed from 11, had a r i s e n  v ia  c r a c k i n g  of  n-propyl- 

benzene, t o l u e n e  should  have been an even more abundant  product  

t h a n  it w a s ,  s i n c e  such  a mechanism would have favored  t o l u e n e  over  

e thylbenzene .  The c o n c e n t r a t i o n  of e thylbenzene  i n  t h e  product  

was, i n  f a c t ,  8 t i m e s  g r e a t e r  t h a n  t o l u e n e .  An e q u a l l y  u n l i k e l y  
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mechanism i s  t h e  fo rma t ion  of e thy lbenzene  v i a  cumene c r a c k i n g  

s i n c e  benzene would have  been expec ted  as  t h e  f avored  p roduc t .  

Again,  t h e  y i e l d  of e thy lbenzene  w a s  some 8 t i m e s  g r e a t e r  t h a n  

t h a t  of benzene. 

Cumene i n  t h e  p rodue t  may have formed from I1 through 

n-propylbenzene s i d e  c h a i n  i s o m e r i z a t i o n ,  which i s  known t o  occur  

t o  a s l i g h t  e x t e n t  under  t h e s e  c o n d i t i o n s .  However, t h e  p re sence  

of I11 i n  t h e  p r o d u c t  from the .2- i somer  (11) and t h e  observed  

s i m i l a r  r e l a t i v e  h y d r o d e s u l f u r i z a t i o n  rates f o r  t h e s e  isomers 

(,see convers ion  d a t a  i n  Table  4 below) r e q u i r e  t h a t  a t  l ea s t  some 

of t h e  cumene comes v i a  t h e  h y d r o d e s u l f u r i z a t i o n  r o u t e  i n  equa t ion  

5. I t  seems l i k e l y  t h a t  t h e s e  r o u t e s  occur  c o n c u r r e n t l y ,  w i t h  t h e  

s u l f u r  e x t r u s i o n  r o u t e  probably  b e i n g  favored .  

C. Conversion - Hydrodesu l fu r i za t ion :  S t r u c t u r e  ,Ef fec ts  

Although i n  t h e s e  c a s e s  g r e a t  s i m i l a r i t y  i n  p r o d u c t  t ypes  

and d i s t r i b u t i o n s  e x i s t ,  a wide r ange  of conve r s ions  of t h e  

i n d i v i d u a l  benzoth iophenes  w a s  observed .  Conversion, w a s  n o t  

n e c e s s a r i l y  related t o  h y d r o d e s u l f u r i z a t i o n .  For example, of t h e  

47% 2,3,7-trimethylbenzothiophene t h a t  reacted (TabJe 4 )  I o n l y  

16% w a s  conve r t ed  t o  s u l f u r  f r e e ’ p r o d u c t s .  

Table  4 

Conversion and Hyd rodes  u l  f u r  i za t i o n  S e l e c t i v i t y  
of Methyl- and Polymethyl-benzo [b]  t h iophenes  

P o s i t i o n  ( M e  group) none 7 2 2 , 7  3 3,7 2 , 3  2 , 3 , 7  

91-99 60 7 4  54 43 47 39 47 Conversion 

Hydrodes u l  f uri z a t iona -2  91-99 57 66 43 32 2 4  15 16  

100 95 89 80 75 5 1  38 34 S e l e c t i v i t y  ( % )  

a-1 

b 

a. Reported a s  p e r c e n t  r e a c t a n t  (1) c o n v e r t e d  and ( 2 )  d e s u l f u r i z e d .  
b o  Hydrodesulfurization/conversion x’ 100. 



S e v e r a l  c h a r a c t e r i s t i c s  are r e a d i l y  apparenf  on examining 

t h e s e  d a t a .  Gene ra l ly  an i n c r e a s e  i n  t h e  nwnber of  a t t a c h e d  methyl 

groups  dec reased  bo th  convers ion  and h y d r o d e s u l f u r i z a t i o n  s e l e c t i v i t y .  

Secondly,  t h e  p re sence  o f  methyl s u b s t i t u e n t s  on t h e  th iophene  r i n g  

p o s i t i o n s  markedly lowered t h e  h y d r o d e s u l f u r i z a t i o n  a c t i v i t y .  

T h i r d l y ,  a 3-methyl group caused a l a r g e r  dec rease  i n  hydrodesul- 

f u r i z a t i o n  s e l e c t i v i t y  t h a n  a 2-methyl s u b s t i t u e n q .  

methyl  s u b s t i t u e n t  had a c o n s i s t e n t  b u t  less pronounced effect. 

The re fo re ,  t h e  h y d r o d e s u l f u r i z a t i o n  s e l e c t i v i t y  sequence fo l lows  

t h e  o rde r :  7-CH3 > 2-CH3) 3-CH3. The c o n s i s t e n t  e f f e c t  o f  

a n  aromatic methyl  group on t h e  h y d r o d e s u l f u r i z a t i o n  s e l e c t i v i t y  

is  shown by comparing t h e  fo l lowing  h y d r o d e s u l f u r i z a t i o n  y i e l d s :  

Benxo [b] th iophene  > 7-CH3 

An a romat i c  

2-CH3 >12,7-(CH312 
c 

W e  found t h a t  t h e  h y d r o d e s u l f u r i z a t i o n  s e l e c t i v i t y  o f  t h e  2,3,7-  

t r i m e t h y l  d e r i v a t i v e  i s  abou t  t h e  same as t h a t  o f  2,3-dimethyl- 

benzo [b] th iophene .  

D. U n i d e n t i f i e d  P roduc t s  

The 2,3-dimethyl  compounds y i e l d e d  m o r e  hydrocarbon and 

s u l f u r  c o n t a i n i n g  p roduc t s  than  any of  t h e  o t h e r  r e a c t a n t s  examined 

(see Table  3 ) .  They a l s o  gave more u n i d e n t i f i e d  p roduc t s  t han  any 

of t h e  o t h e r  r e a c t a n t s .  I f  s imple  1,q-rnethyl s h i f t s  w e r e  t h e  s o l e  

mechanism by which rearrangement  p roduc t s  arose, t h e n  t h e  abundance 

of o t h e r  u n i d e n t i f i e d  m a t e r i a l s  appears  i n c o n s i s t e n t  w i t h  t h e  r a t h e r  

- l i m i t e d  number of conce ivab le  p roduc t s  t h a t  could  form. The 
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m u l t i p l i c i t y  of u n i d e n t i f i e d  p roduc t s  may r e s u l t  from a r i n g  

expans ion  mechanism such  a s  t h e  one shown below i n v o l v i n g  

thiachromene type  i n t e r m e d i a t e s .  

th iophenes  and thiachromenes could  o r i g i n a t e  by t h i s  mechanism. 

P roduc t s  such  a s  e thy lbenzo[b ] -  

The m u l t i p l i c i t y  of u n i d e n t i f  Fed hydroczrbon p roduc t s  

from t h e s e  2,3-dimethyl  s u b s t i t u t e d  benzo[b] th iophenes  a p p e a r s  t o  

p a r a l l e l  t h e  u n i d e n t i f i e d , s u l f u r  c o n t a i n i n g  p roduc t s  i n  t h e  same 

way t h a t  m o s t  of t h e  hydrocarbon p roduc t s  a r e  r e l a t e d  to  s u l f u r  

c o n t a i n i n g  p roduc t s  f o r  s u b s t r a t e s  having  up t o  one  th iophene  

methyl  s u b s t i t u e n t .  

E.  I n t e r m e d i a t e s  

1. Dihydrobcnzo [b]  th iophenes  

Evidence of  dihydrobenzo[b]thiophenes i n  t h e s e  r e a c t i o n s  

a t  4 0 O o C  and one atmosphere pressure can be found both  a t  low 

temperatures and at v e r y  h igh  f l o w  r a t e s .  A t  400°C and 0.3 LHSV 

t h e  noble  meta l  c a t a l y s t s  gave 2,3-dihydrobenzo [b ]  th iophene  (IV) 

in r a t h e r ,  low y i e l d  w h i l e  c o b a l t  molybdena gave none. Only a t  

1 
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h i g h e r  space  v e l o c i t i e s  ( 4  hr.-’) d i d  any I V  appear ,  and t h e n  i n  

Only 2 %  y i e l d  (Table  2 ) .  A t  3OOOC o v e r  c o b a l t  molybdena t h e  amount 

of I V  i n  t h e  product  w a s  e q u a l  t o  t h e  e thylbenzene  formed. N o  o t h e r  

p r o d u c t s  w e r e  p r e s e n t  ( T a b l e  5 ) .  Therefore ,  t h e  presence  of I V  i n  

t h e  product  m i x t u r e s  i s  c o n s i s t e n t  w i t h  it b e i n g  an i n t e r m e d i a t e  

i n  this r e a c t i o n .  

Table  5 

H y d r o d e s u l f u r i z a t i o n  a t  Lower Temperature over  C o b a l t  Molybdenaa 

Temp. PhCH2CH3 2 PhCH,CH.,SH b -- Reactan t  

-- 9 80 

I V  290 8 -- 74 18 

-- I 300 l o  
-- 
-- 2-CH3CH2PhSH (V)  290 94 5 0 . 1  1 

9 PhCH2CH2SH ( V I )  30 0 g 1 c  -- -- -- 

a. H2/HC = 3-5/1; LHSV = 2.4. 

b. Reactan ts  charged as 25% by we igh t  i n  hexane. 

c. I n c l u d e s  6 %  s t y r e n e  i n  t h e  p r o d u c t .  

W e  a l s o  observed t h e  d i h y d r o  i n t e r m e d i a t e  from t h e  

t r i m e t h y l  s u b s t r a t e .  When 2 I 3,7- t r imethylbenzo  [bl th iophene  was 

passed  over  c o b a l t  molybdena a t  29OOC only  a b o u t  1% convers ion  w a s  

observed. I n  a d d i t i o n  t o  3-sec-buty l to luene ,  two o t h e r  peaks 

i d e n t i c a l  w i t h - t h e  r e t e n t i o n  t i m e s  o f  e r y t h r o -  and t h r e o -  2,3- 

dihydr0-2~3~7-trimethylbenzo [bl  th iophene  were found. These t w o  

i somers  shown below w e r e  p repared  s e p a r a t e l y  by t h e  method d e s c r i b e d  

-3 CH3 

S 

CH3 CH3 CH3 . CH3 
e r y t h r o  t h r e o  
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in the  experimental section and are, at present, indistinguishable 

as to stereochemistry. 1 
1 

When 1% of 2,3-dimethylbenzo [b] thiophene was converted in 

the same way as noted above, sec-butylbenzene was found along with 

two peaks in the chromatograph not detected in the 400°C run. The 

retention times of these 2 peaks were similqr to those observed I 

I 
above for the 2 , 3-dihydro-2 , 3,7-trimethylbenzo [b] thiophenes, which 
suggests 

benzo [b] thiophene. We have not, however, compared these retention 

1 

the presence of erythro- and threo-2,3-dihydro-2,3-dimethyl- 1 

1 times with authentic samples. 

When IV was passed over cobalt molybdena under the 

conditions of this reaction, I and ethylbenzene were the only main 1 

1 products. The product distributions from I (Table 1) and IV 

(Table 6 )  were almost identical at 400°C and 0.3 LHSV. Even at 1 
1 
I 

Table 6 
a Hydrodesulfurization of 2,3- Dihydrobenzo [bl thiophene (IV) 

Product Distribution 

IV I Ethylbenzene Other - -  Catalyst 

Cobalt molybdate 2 1  95 2 

1 8  89 a f 
b Cobalt mqlybdate 

Cobalt molybdate' 2 6 8  30 -- 
f -- -- . Non-acidic Alumina' 95  5 

Pt on non-acidic alumina' 27 61 12 -- 
-- lo C Rh on non-acidic alumina 24 66 
-- Chromia-alumina' 32 58 lo 

a. Conditions: A O O O C ;  LRSV 0.30; H2/II = 4; samples faken 
after one hour on stream; IV is charged'as a 50% (by weight) 
mixture in hexane. 

b. 35OOC. 
c. NO carrier gas. 
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~ 3 0 0 O C  t h e  conve r s ions  of  I and I V  and t h e  y i e l d  of  d e s u l f u r i z e d  

product  w e r e  abou t  t h e  same (Table  5 ) .  W e  d i d  obse rve  some 

d e p a r t u r e  from appa ren t  e q u i l i b r i u m  a t  4 O O O C  and 4 LHSV where t h e  

d i s t r i b u t i o n s  from r e a c t i o n s  of I and I V  d i f f e r e d  somewhat (Table  7 ) .  

Since  I V  i s  i t se l f  a sou rce  o f  hydrogen t h e  d i f f e r e n t  p a r t i a l  p r e s s u r e s  

of hydrogen i n  t h e s e  t w o  r e a c t i o n s  could a f f e c t  t h e  p r o d u c t  d i s t r i -  

b u t i o n ,  a l though  such a l a r g e  i n c r e a s e  i n  d e s u l f u r i z e d  p roduc t  

(18 t o  40%)would n o t  be  expec ted .  Without  a l a r g e  e x c e s s  of 

hydrogen a c o n s t a n t  r a t i o  of I and I V  canno t  be  a n t i c i p a t e d .  

Table 7 

Comparison o f , t h e  H y d r o d e s u l f u r i z a t i o n  o f  
I and I V  o v e r  Coba l t  Molybdenaa 

Charge ( %  w t )  5 0 %  i n  Hexane Reac tan t  Composition 

a .  Liqu 

alumina. 

and 76%, 

I 

100 

50 

--- 

I V  

-- 
50 

100  

PhCH 2CH I I V  -- 
1 8  80 2 

22 70 8 

40 56 3 

d flow r a t e :  4 cc /h r . ,  H 2 ,  25 cc/min; 400OC; LHSV 4 .  

A t  4OOOC I V  w i l l  dehydrogenate  t o  t h e  e x t e n t  o f  5% o v e r  

Addi t ion  of P t  o r  F# i n c r e a s e s  t h e  r e a c t i o n  o f  I V  t o  73  

r e s p e c t i v e l y  (Table  6)  . Although d e s u l f u r i z a t i o n  w a s  

s m a l l  it was s i m i l a r  t o  t h a t  observed f o r  I ove r  t h e s e  same 

c a t a l y s t s .  

The re fo re ,  i t  a p p e a r s  t h a t  e q u i l i b r i u m  o c c u r s  r a p i d l y  

between I and I V  ( a s  d e p i c t e d  i n  eq.  8 ) .  The d e s u l f u r i z a t i o n  

r e a c t i o n  t h a t  g i v e s  e thylbenzene  i s  a slow s t e p  t h a t  d r a i n s  t h i s  
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equ i l ib r iu in  s t a t e  i n  a non- reve r s ib l e  manner. 

I V  form e thylbenzene  a t  comparable r a t e s ,  t o  exc lude  e i t h e r  as a 

S i n c e  bo th  I and 

. I  

CH2CH3 + H2S 

@ 
s o u r c e  of d e s u l f u r i z e d  p roduc t  i s  n o t  p o s s i b l e  by our  d a t a .  I f  w e  

assume €or  the  p r e s e n t  t h a t  I V  i s  t h e  sou rce  of e thylbenzene ,  

d e s u l f u r i z a t i o n  may b e  a m u l t i s t e p  p rocess  invo lv ing  f i r s t  a 

c l eavage  of  one ca rbon- su l fu r  bond to  g i v e  a discrete mercaptan 

i n t e r m e d i a t e  fo l lowed by  a second ca rbon- su l fu r  bond c l eavage  t o  

g i v e  hydrocarbon p r o d u c t  and H2S. 

l o s t  i n  a one s t e p  p r o c e s s  invo lv ing  a synchronous b reak ing  o f  two 

ca rbon- su l fu r  bonds g i v i n g  rise t o  hydrocarbon p roduc t  d i r e c t l y  

w i t h o u t  i nvo lv ing  mercaptan i n t e r m e d i a t e s .  

A l t e r n a t i v e l y ,  s u l f u r  may be 

A 

2. 2-Ethyl th iophenol  I 

A stepwise ca rbon- su l fu r  bond c l eavage  i n  I V  could  r e s u l t  

i n  2 -e thy l th iopheno l  (V) 

broken  a s  shown i n  eq.  9 .  

(eq.  3)  i f  t h e  bond between C2 and S were 
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Such a n  i n t e r m e d i a t e  h a s  never  been d e t e c t e d  i n  o u r  product  mix- 

t u r e s .  When V w a s  passed  o v e r  c o b a l t  molybdena i n  hydrogen a t  

29O0C, 94% was c o n v e r t e d  t o  e thylbenzene  and 1% t o  I (Table  5). 

S i n c e  u n d e r ' s i m i l a r  c o n d i t i o n s  t h i o p h e n o l  i s  also c o m p l e t e l y  con- 

verted t o  benzene, it a p p e a r s  t h a t  t h e  rate o f  d e s u l f u r i z a t i o n  

of a r y l  mercaptans,  i n  p a r t i c u l a r  v, is about  30 t i m e s  f a s t e r  than  

t h a t  o f  I * excludes  any l i k e l y  p o s s i b i l i t y  o f  f i n d i n g  them in t h e  

p r o d u c t  mixture .  The presence  o f  1% of I i n  t h e  p r o d u c t  c a n  b e  I 
b e x p l a i n e d  by t h e  r e v e r s i b i l i t y  of eq.  9 as i s  w e l l  known (27,321. 

I 400°C. 

The reverse r e a c t i o n  i n  hydrogen a p p a r e n t l y  i s  n o t  favored  a t  

3.  -Phenyle thyl  mercaptan 

i Cleavage of  t h e  o t h e r  c a r b o n - s u l f u r  bond i s  a lso p o s s i b l e  

(eq. 1 0 ) .  

mediate a l though;  a g a i n ,  it could  not  b e  d e t e c t e d .  

1 - P h e n y l e t h y l  mercaptan (VI) might  be a l i k e l y  i n t e r -  

A t  300°C i n  I 
CH2CI12SH 

/ 
I V  V I  

(10) 

hydrogen it forms e thylbenzene  and s t y r e n e  i n  g r e a t e r  t h a n  90% 

y i e l d  w i t h o u t  any t r a c e  o f  I or I V .  V I  appears  t o  r e a c t  a t  a b o u t  

t h e  same rate  as V which i s  30 t i m e s  f a s t e r  t h a n  e i t h e r  t h a t  o f  

I or IV.* S ince  a l k y l  mercaptans are so e a s i l y  d e s u l f u r i z e d ,  even 

*This  can b e  deduced from t h e  d a t a  i n  Table  5. 
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i n  t h e  absence  o f  hydrogen, i t  is h i g h l y  u n l i k e l y  t h a t  V I  can be 

found. Indeed,  it must  be a t  most on ly  a ve ry  s h o r t - l i v e d  i n t e r -  ' 

media te .  
il 

The r e v e r s i b i l i t y  o f  t h i s  r e a c t i o n  (eq .  1 0 )  a t  e i t h e r  

300° or 4 O O O C  is n o t  l i k e l y ,  a l though  under  s u i t a b l e  c o n d i t i o n s  

(6OOOC) I can  be formed (33 ,34 ) .  On examining t h e  r e a c t i o n  some- 

what f u r t h e r ,  i t  a p p e a r s  t h a t  even alumina w i l l  c a t a l y z e  i t s  

decomposi t ion ,  g i v i n g  s t y r e n e  p r i m a r i l y .  I n  t h e  p re sence  of  a 

hydrogenat ion  f u n c t i o n ,  however, e thy lbenzene  i s  t h e  main product  

(Table  8 ) .  A s o l i d  (mp 133-135OC) was observed  from t h e  r e a c t i o n  

i 
1 

1 
Table 8 

/ -Phenylethyl  Mercaptan ( V I )  Hydrogenolysisa 

C a t a l y s t  Gas S t y r e n e  Ethylbenzene 

-- 
1 

1 
1 

N2 I 

84 1 4  

1 96 

22 74 

-- 1 0 0  

A1203 H 2  

Pt/A1203 HZ 

H2 

Pt/A1 203 

CoMo 

a. 400OC; LHSV 0 .30;  Conversion 1 0 0 % ;  non-ac id ic  
a lumina  (13) was used. 

i n  hydrogen over a lumina .  I t s  mass spectrum had a p a r e n t  i on  t h a t  

w a s  a l s o  t h e  b a s e  peak a t  m / e  236. This  is s u g g e s t i v e  of diphenyl-  

t h iophene  i s o l a t e d  p r e v i o u s l y  i n  s i m i l a r  systems ( 3 3 ) .  

OTHER INTERMEDIATES 

There a r e  o t h e r  a l t e r n a t i v e  r o u t e s  b e s i d e s  t h o s e  t h a t  

a r i se  by i n i t i a l  ca rbon- su l fu r  bond c leavage .  We have examined 

t h e  p c s s i b i l i t y  of  an i n i t i a l  C-C c leavage .  I f  d ihydro  X I 1  were 
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fragmented a s  shown here;methyl 2-ethylphenyl  s u l f i d e  would be, 

formed (eq. 11). I n  order for t h i s  s u l f i d e  t o  f i t  t h e  p r o d u c t  

d ihydro - I11  

@cH2cH3 

d i s t r i b u t i o n ,  it must d e s u l f u r i z e  t o  g i v e  cumene. Under t h e s e  

c o n d i t i o n s  2-ethylphenyl  methyl  s u l f i d e  gave no cumene. 

p r o d u c t s  found w e r e  a s m a l l  a m o u n t  of I and e thylbenzene  (Table 9 ) .  

O v e r  Pt/A1203 somewhat m o r e  I w a s  formed, b u t  no cumene. 

r u l e s  o u t  t h e  p o s s i b i l i t y  of a n  i m p o r t a n t  %-C3 bond-breaking sequence. 

The o n l y  

This 

Table  9 

g d r o g e n a t i o n  of Alkyl  Aryl  S u l f i d e s  a t  4OOOC 

P r o d u c t s  
R R’ C a t a l y s t  Gas e. Benzene PhCH,CH3 2 -- 

-- -- 99 99 

41a 

9gb -- 89 8 .  

-- -- -- H C2H5 Pt/A1203 H2 
C2H5 A1203 N2 

H2 
H2 

-- 99 -- loob C2H5 CH3 CoMo 

C2H5 “3 Pt/Al 2O 

a. Thiophenol .was t h e  o n l y  p r o d u c t .  
b. No 2-e thyl th iophenol ,  cumene or 111 w a s  

d e t e c t e d .  

. . .  

. .  

. .  
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Other  p a r t i a l l y  hydrogenated  s t r u c t u r e s  b e s i d e s  I V  a r e  

a l s o  p o s s i b l e  intermediates. Complete o r  p a r t i a l  hydrogenat ion  of 

The p o s s i b i l i t y  of c l eavage  of t h e  Caryl - Calkyl 

bond ( eq .  1 2 )  was also e l i m i n a t e d  s i n c e  e t h y l  phenyl  s u l f i d e  

S-CH 2-CH3 CH2CH3 

I V  
v I ( 1 2 )  

Teacts i n  hydrogen o v e r  Pt/A1203 (Table  9 )  to  g i v e  benzene i n  99% 

y i e l d .  N o  e thylbenzene  was d e t e c t e d ,  no r  were I and I V  found. 

Presumably c o b a l t  molybdena, would act  s i m i l a r l y .  

e t h y l  phenyl  s u l f i d e  or 2-e thylphenyl  methyl  s u l f i d e  g i v e s  p roduc t s  

S ince  n e i t h e r  

c o n s i s t e n t  w i th  t h o s e  observed  from t h e  r e s p e c t i v e  benzo[b l th io -  

phenes  

. t he  r i n g  system h a s  been  proposed b e f o r e  d e s u l f u r i z a t i o n  r e a c t i o n s  

(11). Hydrodeni t rogenat ion  r e a c t i o n s  are a l s o  t h o u g h t t o  proceed by 

t h i s  r o u t e  (35 ,36 ) .  The re fo re ,  4,5,6,7-tetrahydrobenzothiophene I 

(VII), a p a r t i a l l y  hydrogenated  benzqthiophene and t h u s  a p o s s i b l e  
,A 

i n t e r m e d i a t e ,  was examined under t h e s e  c o n d i t i o n s  a t  4 O O O C  ove r  
i 

I 

V I  I 



c o b a l t  molybdena. I t  r e a c t e d  a lmost  comple te ly ,  g i v i n g  I ,  I V  and 

e thylbenzene  (Table  8) which i s  c o n s i s t e n t  w i th  t h e  p r o d u c t s  from 

I. However, even i n  t h e  absence o f  hydrogen, V I 1  was conve r t ed  

e a s i l y ,  a l though n o t  w i t h o u t  a hydrogenat ion  f u n c t i o n  p r e s e n t .  A t  

Table  1 0  

React ion o f  4,5,6,7-Tetrahydrobenzothiophene ( 1 7 1 1 )  

C a t a l y s t  Temp. OC Conv. PhC11,CH3 _L E Other  

Coba l t  molybdenaa 400° 92 36 58 3 

290° 12 22 3 9 (63% o t h e r  Cobal t  molybdena b 

non-ac id ic  alumina" 400° 0 m a t e r i a  1 ) 

Coba l t  molybdena 

a . .  LHSV 4 . 0 ;  H2/HC = 4 ;  5 0 %  V I 1  i n  hexane 

b. LHSV 2 . 4 ;  H2/HC = 4 ;  2 5 %  V I 1  i n  hexane 

c. LHSV 0.30; N as c a r r i e r  gas ;  50% V I 1  i n  hexane 

a. 

hydrogenated 

400° 100  30 67 -- d 

2 
LHSV 0.30;,.N2 as c a r r i e r  gas  N /HC = 4 ,  t o l u e n e  and I V  less 2 

t han  1%. 50% V I 1  i n  hexane 

2 9 O o C ,  however, V I 1  was o n l y  1 2 %  conve r t ed ,  63% be ing  hydrogenated 

m a t e r i a l s  n o t  p rev ious ly  observed from I or I V .  The behav io r  

a t  low tempera ture  p r e c l u d e s  any p o s s i b i l i t y  of V I 1  b e i n g  an 

i n t e r m e d i a t e  i n  t h i s  r e a c t i o n .  

Therefore ,  i n  summary o u r  r e s u l t s  show t h a t  d e s u l f u r i z a -  

. t i o n  may occur  by a sequence invo lv ing  c l eavage  of  one C-S bond t o  

g i v e  a mercaptan,  fo l lowed by c leavage  of t h e  second bond t o  g i v e  

e thylbenzene .  The r e l a t i v e  e a s e  of ,  hydrogeno lys i s  o f  t h e  C-S bonds 

of  e i t h e r  t h e  a r y l  mercaptans o r  a l k y l  mercaptans a p p e a r s  t o  be about  

t h e  same under t h e s e  c o n d i t i o n s .  I n  t h e  absence o f  hydrogen, 
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however, t h e  a l k y l  ca rbon- su l fu r  bond i s  broken p r e f e r e n t i a l l y  

s i n c e  e t h y l  pheny l  s u l f i d e  over  a lumina i n  N2 g i v e s  phenyl m e r -  

c a p t a n  i n  4 0 %  y i e l d  as t h e  only  p roduc t  (Table  9 ) .  Our d a t a  can 

o n l y  conclude t h a t  i f  a s t epwise  p rocess  does occur ,  t hen  carbon-  

s u l f u r  bond c l e a v a g e  would n o t  b e  s e l e c t i v e .  

CONCLUSIONS 

1. The p r o d u c t s  from h y d r o d e s u l f u r i z a t i o n  of  methyl- 

s u b s t i t u t e d  benzo[b ] th iophenes  a t  a tmospher ic  p r e s s u r e  and 4 0 0 ° C  

s t e m  from c e r t a i n  common p a t h s ,  as po in ted  o u t  and schemat i ca l ly  

i ' l l u s t r a t e d  f o r  3,7-dimethylbenzo [b]  th iophene  below. 

A. D i r e c t  s u l f u r  e x t r u s i o n  from t h e  pr imary r e a c t a n t .  

€3. Alky l  group migra t icnon t h e  th iophene  r ing .  

C. D e a l k y l a t i o n  from t h e  th iophene  r i n g .  

D. S u l f u r  e x t r u s i o n  from r e a r r a n g e d  o r  demethylated 

secondary  p roduc t s .  

E. Relat ive i n e r t n e s s  o f  benzene r i n g  methyl  groups 

t o  d e a l k y l a t i o n  or mig ra t ion .  

A 

0" I 0" I 
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t 

2 .  Conversions,  p roduc t  d i s t r i b u t i o n  and- h y d r o d e s u I f u r i z a t i o n  

s e l e c t i v i t i e s  w e r e  h i g h l y  dependent upon t h e  number and p o s i t i o n s  

of t h e  methyl groups.  The g r e a t e r -  t h e  number of methyl  groups; 

t h e  lower t h e  convers ion .  

v e r s i o n  and h y d r o d e s u l f u r i z a t i o n  s e l e c t r v i t i e s .  more than  a. methyl 

s u b s t i t u e n t  on t h e  benzene r ing;  

Thiophene methyl. groups- l o w e r  the Con- 

3. Dihydrobenzo [b] thiophenes-  appea-r t o  be  intermed'kates- i n  

t h e s e  r e a c t i o n s .  The i r  d e t e c t i o n  under  c e r t a i n  r e a c t i o n  c o n d i t i o n s  

and  t h e i r  behav io r  under  similar r e a c t i o n  c o n d i t i o n s  s u p p o r t s  t h i s  

conc lus ion .  

4 .  The d e s u l f u r i z a t i o n  s t e p  invo lves  C+S.bond breaking .  NO 
c 

evidence  w a s  found f o r  C-C. bond' breaking. .  
b 

5 .  Aromatic r i n g  s a t u r a t i o n  i s  n o t  necessary,  b e f o r e  Caryr-S 
I 

bond breaking  occur s .  

I 
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